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FOREWORD 

A D V A N C E S I N C H E M I S T R Y S E R I E S was founded i n 1 9 4 9 b y the 
A m e r i c a n C h e m i c a l Socie ty as an outlet for symposia a n d c o l ­
lections of da ta i n specia l areas of top ica l interest that c o u l d 
not be accommodated i n the Society's journals. I t provides a 
m e d i u m for symposia that w o u l d otherwise be fragmented, 
their papers d is t r ibu ted among several journals or not pub­
l i shed at a l l . Papers are refereed c r i t i ca l ly acco rd ing to A C S 
edi tor ia l standards a n d receive the careful at tention a n d proc­
essing characterist ic of A C S publ ica t ions . Papers p u b l i s h e d 
i n A D V A N C E S I N C H E M I S T R Y S E R I E S are o r ig ina l contr ibut ions 
not p u b l i s h e d elsewhere i n w h o l e or major par t a n d i n c l u d e 
reports of research as w e l l as reviews since symposia may em­
brace bo th types of presentation. 
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PREFACE 

zeot ropic a n d extractive dis t i l la t ions have been used th rough the years 
i n the c h e m i c a l indus t ry to separate mixtures where the relat ive 

vo la t i l i ty o f the key components is ve ry close, o r equa l , to uni ty . A p p l i ­
cations f rom the class ical dehydra t ion of a l coho l w i t h benzene ( J ) to 
more recent ones such as the p ropy lene -p ropane separat ion (2) a n d 
aromatics recovery f rom hydroca rbon mixtures w i t h N- me th y lp y r r o l i d o n e 
( 3 ) , indica te a continuous interest th rough the years i n this area. 

These separation modes have not been used as frequently as they 
shou ld i n industry, a n d the often used reasons of h i g h investment a n d 
h i g h opera t ing costs are often weak w h e n one does an in -depth study. T h e 
rea l reason lies w i t h the t ime a n d money r equ i r ed to ob ta in a satisfactory 
des ign (4). Because of the h i g h nonidea l i ty of the systems i n v o l v e d , 
solvent selection, descr ip t ion of the nonidea l i ty of the phases, a n d tray-
to-tray calculat ions are rather difficult. Recent developments i n this area, 
however , shou ld great ly faci l i tate this task, especial ly for extractive dis­
t i l l a t ion . Solvent selection for azeotropic d i s t i l l a t ion is based o n rather 
qual i ta t ive cr i ter ia discussed b y B e r g ( 5 ) , bu t for extractive d i s t i l ­
la t ion the qual i ta t ive approach of Prausni tz a n d A n d e r s o n (6) a n d the 
e m p i r i c a l correlations of P ie ro t t i et ah (7), W e i m e r a n d Prausni tz (8), 
H e l p i n s t i l l a n d V a n W i n k l e ( 9 ) , a long w i t h the technique us ing g a s -
l i q u i d chromatography b y Tassios (10, 11) g ive re l iable , r a p i d methods 
for solvent selection. F o r example, four to five solvents can be screened 
i n one day b y us ing g a s - l i q u i d chromatography. A l s o use of salts as 
extractive agents (12) provides a n e w d imens ion i n extractive d is t i l l a t ion 
separations. 

T h e development of equations that successfully p red ic t m u l t i c o m -
ponent phase e q u i l i b r i u m data f rom b ina ry data w i t h remarkable accu­
racy for engineering purposes not on ly improves the accuracy of tray-to-
tray calculat ions bu t also lessens the amount of exper imentat ion r equ i r ed 
to establish the phase e q u i l i b r i u m data. S u c h equations are: the W i l s o n 
equat ion ( 1 3 ) , the non- random t w o - l i q u i d ( N R T L ) equat ion (14), a n d 
the l oca l effective mole fractions ( L E M F ) equat ion (15, 16), a t w o -
parameter vers ion of the bas ica l ly three-parameter N R T L equat ion. 
L a r s o n a n d Tassios (17) showed that the W i l s o n a n d N R T L equations 
p red ic t accurate ly ternary ac t iv i ty coefficients f rom b i n a r y data; H a n k i n -
son et al (18) demonstrated that the W i l s o n equat ion predicts accurately 
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mul t i componen t vapor composi t ions—up to five components—from b i ­
na ry data. T h e same s tudy indicates that w h e n l i m i t e d b ina ry data are 
avai lable , the one parameter T a s s i o s - W i l s o n equat ion (19) predicts m u l ­
t i component—up to five components—data w i t h general ly good accuracy. 
T h e W i l s o n equat ion can also be used successfully to correlate phase 
e q u i l i b r i u m data i n the presence of salts (20). T h e N R T L a n d L E M F 
equations can also p red ic t successfully ternary l i q u i d - l i q u i d e q u i l i b r i u m 
data f rom the b ina ry data w i t h the latter p r o v i d i n g better results (21). 
R e g a r d i n g vapor phase nonideal i t ies , the e m p i r i c a l corre la t ion of O ' C o n -
n e l l a n d Prausni tz (22) p rov ide fugaci ty coefficients o f sufficient accuracy 
for engineer ing purposes. D e s i g n considerations of azeotropic d is t i l l a t ion 
schemes are discussed b y R o b i n s o n a n d G i l l i l a n d ( 2 3 ) , Hof fman (24), 
a n d recent ly b y B l a c k et al. (25), w h o present a computer or iented 
approach . 

F o r extractive d i s t i l l a t ion the presence of the second feed (so lvent ) 
presents some computa t iona l compl ica t ions i n ma in t a in ing stable con­
vergence i n the solut ion b y computers of the appropr ia te system of equa­
tions—i.e., ma te r ia l a n d en tha lpy balances a n d e q u i l i b r i u m rela t ionship. 
T h e a lgor i thms that can inheren t ly cope w i t h m u l t i p l e feeds are mat r ix 
or iented, a n d the N e w t o n - R a m p h s o n procedure of so lv ing these equa­
tions shows the m a x i m u m degree of s tabi l i ty (4). Severa l papers discuss 
computa t iona l approaches for extract ive d i s t i l l a t ion calculat ions ( A m u d -
son a n d Pon t inen (26), N a p h t h a l i (27), R o c h e (4), B r u n o et al. (28), 
B l a c k a n d D i t s l e r ( 2 9 ) , a n d o thers) . 

I n conclus ion , recent developments i n solvent selection, phase non-
idea l i ty descr ip t ion , a n d tray-to-tray ca lcu la t ion schemes have greatly 
fac i l i ta ted the design of extract ive a n d azeotropic d is t i l la t ion schemes, 
a n d use of salts g ive n e w methods for extractive d i s t i l l a t ion separations. 
F i n a l l y , the w o r k of Gers ter ( 3 0 ) , B l a c k a n d D i t s l e r ( 2 9 ) , a n d B l a c k 
et al. (25) compare these two schemes. 

DIMITRIOS P. TASSIOS 

Newark College of Engineering 
Newark, N . J. 07102 
July, 1972 
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1 

Dehydration of Aqueous Ethanol Mixtures 
by Extractive Distillation 

C. BLACK and D. E. DITSLER 

Shell Development Co., Emeryville, Calif. 94608 

Although nonidealities in vapor and liquid phases complicate 
the separation of components from mixtures, a knowledge of 
these nonidealities can be applied to design an extractive 
distillation step. Ethylene glycol is added to an aqueous 
ethanol mixture to produce the overhead separation of eth­
anol from water. Methods published earlier by one of the 
authors are applied to calculate phase equilibria in a com­
puter calculation of the separation. The extractive distilla­
tion results are tabulated, represented graphically, and 
discussed to illustrate extractive distillation as a method for 
dehydrating aqueous ethanol mixtures. The results are com­
pared with corresponding results obtained by azeotropic 
distillation with n-pentane as entrainer. They show extrac­
tive distillation with ethylene glycol is more expensive than 
azeotropic distillation with n-pentane. 

C e p a r a t i n g components f rom mixtures is compl i ca t ed b y nonideal i t ies i n 
^ the l i q u i d a n d vapor phases. Nevertheless, a knowledge of the factors 
con t r ibu t ing to the nonidea l i ty of the mixtures helps to p roduce a judic ious 
des ign for the separation step. Sometimes components are a d d e d to the 
mixture to alter the nonidea l i ty b y chang ing the molecu la r environment . 

Ex t rac t ive d is t i l l a t ion is used because the components are d i s t r ibu ted 
differently be tween contac t ing l i q u i d a n d vapor phases i n e q u i l i b r i u m 
w h e n a h igh-bo i l ing non idea l component is added to the mixture . T h e 
added component is in t roduced i n the upper par t of a d i s t i l l a t ion c o l u m n 
above the feed a n d remains i n apprec iab le concentra t ion i n the l i q u i d o n 
a l l of the lower trays. It is r emoved f rom the c o l u m n w i t h one of the 
components be ing separated as the bottoms product . A l t h o u g h a non idea l 
component is also in t roduced for azeotropic d is t i l la t ion , the added c o m -
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2 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

Table I. Constants for Calculating Imperfection-Pressure Coefficients 

E t h a n o l 
E thy l ene g l yco l 
Wa t e r 

516.3 
761.11 
647.00 

Pc,Atm. 

63.1 
84.04 

218.0 

E ' 

0.089 
0.089 
0.026 

m X 

4.75 75.9 
4.75 79.2 
4.75 24.7 

βΑ11 δα coefficients have been taken equal to zero. 

ponent is, i n that case, more easi ly vo la t i l i z ed f rom the mixture than one 
of the components be ing separated. Consequent ly i t is removed overhead 
f rom the co lumn. 

I n either case the re lat ive d is tr ibut ions between the separable l i q u i d 
a n d vapor phases are p red i c t ed f rom the pure component vapor pressures 
Pi°, l i q u i d phase act iv i ty coefficients, γ/s, and imperfect ion-pressure co­
efficients 0/s. U s i n g these three quantit ies, the re lat ive d i s t r ibut ion is 
expressed as 

y*Pi°fl,° m 

Ext rac t i ve d is t i l la t ion has been extensively used for near ly three 
decades i n laboratory, p i lo t p lant , and commerc ia l p lant operations. C a l ­
cu la t i on or p red i c t i on of phase equ i l i b r i a for such separations has often 
been discussed ( I , 2, 3 ) . Some have discussed the select ion of solvents 
for extract ive d is t i l l a t ion (4, 5 ) . Others have discussed its recent app l i ­
cat ion to par t i cu lar separations (6, 7, 8 ) . A compar ison of extractive 
d is t i l la t ion , as a separat ion method , w i t h azeotropic d is t i l la t ion a n d w i t h 
l i q u i d - l i q u i d extract ion has recent ly been discussed brief ly b y Gerster ( 9 ) . 

T h e use of d i g i t a l computers to carry out complete calculat ions i n 
the des ign of separat ion processes has been the goal of many. T o do this 
effectively, sui tab le methods for phase equ i l i b r i a a n d tray-to-tray dis­
t i l l a t i on calculat ions are requ i red . Results ca lcu la ted b y the app l i ca t i on 
of such methods to dehydrate aqueous e thanol mixtures us ing e thy l ­
ene g l y co l as the extractive d is t i l l a t ion solvent is discussed be low. A 
br ie f rev iew of the methods used for phase equ i l i b r i a a n d enthalpies is 
f o l l owed b y a d iscussion of the results f r om d is t i l la t ion calculat ions. These 
are compared for extractive d is t i l la t ion w i t h corresponding results ob­
ta ined b y azeotropic d is t i l l a t ion w i t h n-pentane. 

Phase Equilibria 

T h e impor tant quantit ies needed to represent the non idea l phase 
equ i l i b r i a for extractive d is t i l l a t ion are vapor pressures Ρ*°, l i qu id-phase 
act iv i ty coefficients y% a n d imperfect ion-pressure coefficients ft. T h e 
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1. B L A C K A N D D I T S L E R Dehydration of Ethanol Mixtures 3 

Table II. Constants for Vapor Pressure Equations 0 

A B C 

E t h a n o l 8.16280 1623.22 228.98 
E thy l ene g lyco l 7.71147 1816.34 178.603 
Wa t e r 20.844* 2817.4* 4.04859* 

a Antoine equations. 
5 Log Ρ = A - BIT - C log Τ ; P, mm Hg, T , °K. 

c r i t i ca l constants and other coefficients for ca l cu la t ing the imper fect ion-
pressure coefficients (1) are g i ven i n Tab l e I. Equa t i ons and coefficients 
for ca lcu la t ing vapor pressures are g i ven i n T a b l e II. A s b inary vapor 
interact ions have been neglected, the values for the δ*, coefficients have 
a l l been taken equa l to zero as shown i n T a b l e I. 

T h e Mod i f i ed v an L a a r equations ( I ) have been used to ca lculate 
the l i q u i d phase act iv i ty coefficients. Coefficients at three temperatures 
are g i ven i n Tab l e III. These are used b y the computer to calculate ac­
t i v i t y coefficients at any compos i t ion a n d temperature i n the d is t i l la t ion 
co lumn. 

Entha lp i es for saturated l i qu ids and vapors are g iven i n Tab l e I V 
for the pure components referred to zero for the l i qu ids at 32 °F. V a p o r 
mixtures are ca lcu la ted assuming zero heat of mix ing . L i q u i d enthalpies 
for the mixtures are ca lcu la ted to inc lude the integra l heat of m ix ing , 
g iven accord ing to 

H^^^iU), (2) 

where the di f ferential heat of m ix ing (Li)x is g i ven as 

( L « ) . = 2.303#(Δ log γ< ) ./Δ (1/Τ) (3) 

Table III. Modified van Laar Coefficients for the System 
Ethanol-Ethylene Glycol-Water 

Binary % A i , A » c « t,°C 

Ethano l - e thy l ene g lyco l 0.276000 0.259279 0.000000 75.0 
E t h a n o l - w a t e r 0.728000 0.407000 0.000000 75.0 
E t h y l e n e g ly co l -wate r 0.001680 0.001000 0.000000 75.0 
E thano l - e thy l ene g lyco l 0.251000 0.23579 0.000000 87.8 
E t h a n o l - w a t e r 0.74600 0.40080 0.000000 87.8 
E thy l ene glycol—water 0.00142 0.00081 0.000000 87.8 
E thano l - e thy l ene g lyco l 0.23000 0.21607 0.000000 100.0 
E t h a n o l - w a t e r 0.76050 0.39250 0.000000 100.0 
E thy l ene g l yco l -wa te r 0.00130 0.000714 0.000000 100.0 
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4 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

Table IV. Enthalpies for Liquid and Vapor 

h (liquid) H ( vapor) 
t °F Btu/lb. mole Btu/lb. mole 

E t h a n o l 32 0.00 19800.0 
100 2506.1 20937.9 
200 6034.9 22573.3 
300 10365.3 23969.2 

E thy l ene g lyco l 100 3637.0 30724.0 
200 7535.0 32828.0 
300 11600.0 35193.0 
400 15889.0 37700.0 

W a t e r 100 1225.0 19916.0 
200 3027.0 20649.0 
300 4820.0 21290.0 

Distillation Calculations 

Calcu la t i ons for the extractive d is t i l l a t ion of aqueous ethanol mix ­
tures conta in ing 85 .64% m ethanol have been carr ied out w i t h the a i d of 
a U N I V A C 1108 computer . T h e computer p rogram calculates a l l phase 
equ i l i b r i a a n d tray-to-tray mater ia l and heat balances for each component 

I 
Ο 
ζ 
< 
χ 
ι— 
LU 
Ζ 
eg 
LU 

250 

200 

150 

100 h-

50 

-
,71.43% 

S/F = 2.5 (MOLE) 

y 75% 

• 

^^77.78% 

- i — — — — 80% 
: 1 r ι , 1 

.0 1.8 2.6 
R/F (MOLE BASIS) 

3.4 

Figure I. Effects on product purity of changing solvent-feed and reflux-
feea ratios 

99% recovery of ethanol in the extractive distilfotion with ethylene glycol at 
14.7 psia 
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1. B L A C K A N D D I T S L E R Dehydration of Ethanol Mixtures 5 

2 3 4 5 
ETHYLENE GLYCOL/ΕΤΗANOL (MOLE BASIS) 

Figure 2. Effect of solvent-feed ratio on product purity in the extractive 
distillation of aqueous ethanol with ethylene glycol 

i n the feed. F o r fixed e thy l ene -g l yco l feed ratios calculat ions were made 
for a n e thanol recovery of 9 9 % m i n the overhead at four different r e f lux -
feed ratios i n the range 1-θ+ mo le basis. E a c h series of calculat ions was 
made at the constant so lvent- feed ratios of 2.5, 3.0, 3.5, a n d 4.0 mo le 
basis. T h e pressure drop per tray was assumed to be 0.1 p s i w i t h the 
reboi ler pressure set at 14.7 ps ia . A drop of two ps i f rom top tray t o 
condenser was assumed for the ca lcu lat ion. T h e reflux temperature was 
set at 104.0°F. A tota l of 46 trays w i t h solvent added on 43 a n d feed at 
t ray 22 was used for the calculat ions. T h e feed and the solvent were 
in t roduced as l i q u i d at 110° and 173°F, respectively. 

These results have been used to show the effects of chang ing r e f lux -
feed rat io at fixed values of the so lvent- feed rat io. I n F i g u r e 1 the water 
i n the e thanol p roduc t is p lo t ted vs. the re f lux- feed rat io , bo th expressed 
on a mole basis. F o u r curves are shown, each represent ing a different 
so lvent- feed ratio. E a c h curve goes through a m i n i m u m as the r e f lux -
feed rat io changes. A t l ow so lvent- feed ratios the m i n i m u m is more 
pronounced . A t h i g h so lvent- feed ratios i t is shal low, show ing on ly 
sma l l changes as the re f lux- feed varies f rom 1.4-1.8, mole basis. 

A t the re f lux- feed rat io of 1.5545 the water content of the top 
product , ethanol , is near the m i n i m u m for each so lvent- feed rat io shown. 
F o r this re f lux- feed rat io, the water content of the top product has been 
p lo t ted vs. the ethylene g l yco l - e thano l ratios i n F i g u r e 2. Th i s curve 
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6 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

24 

20 

16 

12 

2 8 

REBOILER 

CONDENSER 

1 

Figure 3. 

3 4 
ETHYLENE GLYCOL/ETHANOL RATIO, MOLES 

Reboiler and condenser heat loads vs. solvent-feed ratio 

99% recovery of ethanol, feed rate 242.02 moles ethanol/hour reflux/feed = 1.5545 
mole basis 

defines the water content o f the e thanol p roduc t as a funct ion of the 

so lvent -e thano l rat io . 
I f the feed rate is fixed at 242.02 moles of ethanol per hour a n d the 

heat loads for reboi ler a n d condenser are ca lculated, the effect of chang ing 
so lvent -e thano l rat io can be obta ined. These results are shown i n F i g u r e 
3. S ince e thanol is recovered at 9 9 % mole i n each case a n d the top 

Table V . Extractive Distillation Column 
Ethanol-Ethylene Glycol-Water at 14.7 Psia e 

Material Balanceb 

Components 

E t h a n o l 
E thy l ene g lyco l 
Wa t e r 

To ta l s 

Feed/Moles Solvent/Moles 

0.8564 
0.0000 
0.1436 

1.000 

3.5000 

3.5000 

Top 
Product 
Moles 

0.856315 
0.000001 
0.000014 

Bottom 
Product 
Moles 

0.000085 
3.499999 
0.143586 

0.856330 3.643670 

"Reboiler load 73,969 Btu/unit time, top load 46,433 Btu/unit time. 
* Liquid feed at 110°F on tray 22, liquid solvent at 173°F on tray 43. 
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1. B L A C K A N D D I T S L E R Dehydration of Ethanol Mixtures 7 

Table VI. Extractive Distillation Column 
Ethanol-Ethylene Glycol-Water 

Temperature, Composition, and Volatility Profiles 

Ethanol in Water in 
Vapor, Mole Liquid, Mole Ρ a 

Tray No. t, °F Fraction Fraction psia W / E 

Condenser 104.0 0.999983 0.000016 8.20 — 
46 156.9 0.999984 0.000015 10.20 1.11 

44 158.7 0.999793 0.000013 10.4 1.09 
43 195.3 0.987189 0.000011 10.5 0.485 
42 195.8 0.987120 0.000019 10.6 0.486 
40 196.6 0.98696 0.00005 10.8 0.488 
38 197.5 0.98677 0.00011 11.0 0.489 
36 198.4 0.98648 0.00024 11.2 0.490 
34 199.2 0.98601 0.00051 11.4 0.492 
32 200.0 0.98517 0.00107 11.6 0.493 
30 200.9 0.98356 0.00220 11.8 0.493 
28 201.7 0.98037 0.00454 12.0 0.492 
26 202.7 0.97395 0.00934 12.2 0.489 
24 203.7 0.96087 0.01926 12.4 0.482 
22 194.8 0.93873 0.04539 12.6 0.532 

20 195.5 0.93854 0.04546 12.8 0.533 
18 196.3 0.93827 0.04561 13.0 0.534 

16 197.0 0.93772 0.04600 13.2 0.535 

14 197.7 0.93615 0.04731 13.4 0.535 

12 198.5 0.93079 0.05201 13.6 0.532 

10 199.5 0.91132 0.06951 13.8 0.516 

8 202.0 0.83701 0.13805 14.0 0.452 
6 218.5 0.53735 0.35352 14.2 0.274 
4 246.2 0.07283 0.46407 14.4 0.208 
2 297.9 0.00349 0.19499 14.6 0.311 
1 362.1 0.00054 0.03941 14.6 0.428 

produc t is a lways h i g h pur i t y ethanol , the top l oad for the condenser 
remains near ly constant. T h e reboi ler load, however, reflects the change 
as the so lvent -e thano l rat io varies. 

C h a n g i n g the recovery of e thanol f rom 99 -99 .99% m produces on ly 
m inor increases i n the heat loads. A summary of the c o l u m n mater ia l 
ba lance for one mole of feed is shown i n Tab l e V w h e n the so lvent- feed 
rat io is 3.5 mole basis. Th i s ca lcu la t ion was made for a recovery o f 
99 .99% m ethanol us ing 46 e q u i l i b r i u m trays w i t h the solvent on 43 a n d 
the feed on 22. T h e re f lux- feed rat io was 1.5537 mole basis. T h e corre­
spond ing data for temperature, composi t ion, a n d vo la t i l i ty profiles are 
summar i zed i n T a b l e V I . 
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8 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

Figure 4. Temperature profile in extractive distillation of aqueous ethanol 

99.99% recovery of ethanol, ethylene glycol/ethanol ratio = 4.08688 moles, reflux-
feed 1.5537 moles 

NUMBER OF TRAYS (EQUIL.) 

Figure 5. Volatility profiles in the extractive distillation of aqueous 
ethanol with ethylene glycol 

EG/Ε = 4.08688, R/F = 1.5537 moles, 99.99% recovery, ethanol 
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1. B L A C K A N D D I T S L E R Dehydration of Ethanol Mixtures 9 

T h e temperature profi le for the extractive d is t i l la t ion results of T a b l e 
V I has been p lo t ted i n F i g u r e 4. T h e h i g h solvent i n p u t temperature 
a n d the l ow feed input temperature cause s l ight ly h igher temperatures 
i n m u c h more of the rect i fy ing section than i n the uppe r par t of the 
s t r ipp ing section. T h e corresponding vo la t i l i ty profi le for the c o l u m n is 
shown i n F i g u r e 5. T h e i n d i v i d u a l Κ values are also shown there. A s the 
temperature increases upon approach ing the reboi ler, the re lat ive vo la ­
t i l i t y for water w i t h respect to ethanol w o u l d decrease i f the solvent 
concentrat ion remained fixed. H o w e v e r the ethylene g l yco l concentrat ion 
i n the l i q u i d increases, t end ing to make the relat ive vo la t i l i t y increase. 
These two oppos ing influences make the re lat ive vo la t i l i t y curve go 
through a m i n i m u m near tray number four, as seen i n F i g u r e 5. 

MOLE FRACTION 
Figure 6. Composition profiles in the extractive distillation of 

aqueous ethanol with ethylene glycol 

EG/Ε = 4.08688 moles, R/F = 1.5537 moles, 99.99% recovery 
ethanol 

Compos i t i on profiles for the same extractive d is t i l la t ion c o l u m n are 
shown i n F i g u r e 6. T h e water concentrat ion i n the l i q u i d goes through 
a p ronounced m a x i m u m at about tray number four (see Tab l e V I ) , cor­
responding to the m i n i m u m i n the relat ive vo la t i l i ty of water w i t h respect 
to ethanol . I n this reg ion the ethanol concentrat ion i n the vapor increases 
rap id ly , chang ing f rom less than 2 % at tray number three to more than 
5 0 % at tray number six. Th i s r a p i d increase continues to about t ray 
number ten where the concentrat ion of e thanol i n the vapor is about 
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10 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

91 %m. W a t e r drops out of the vapor i n the rect i fy ing section between 
the feed tray and the solvent input tray wh i l e ethanol continues to 
concentrate. 

A b o v e the solvent in let the ethylene g lyco l drops out rap id l y , so i n 
three e qu i l i b r i um trays i t is r educed f rom about 1.3% m to less than 2 
p p m . T h e water content of the top product , ethanol , is about 16 p p m on 
a mole basis, as ca lcu lated f r om the results of T a b l e V . 

T h e bo t tom product f rom the extractive d is t i l la t ion c o lumn is aqueous 
ethylene g l y co l w i t h 3 .94% m water. Th i s is fed to a solvent recovery 
c o l u m n where water is s t r ipped f rom the ethylene g l yco l w h i c h is then 
recyc led as solvent to the extractive d is t i l la t ion co lumn. 

Ca l cu l a t ed results for the solvent recovery c o l u m n w i t h n ine total 
trays hav ing the feed inlet on tray five are g iven i n Tab l e V I I . The re­
bo i ler pressure has been taken as 14.7 psia. T h e pressure d rop per tray 
has been set at 0.09 ps i . A drop of 1.7 ps i f rom the top tray to the con-

Table VII. Solvent Recovery Column 
Ethanol-Ethylene Glycol-Water 

Temperature and Composition Profiles 

Water in Ethylene Glycol 
Vapor, Mole in Liquid, Ρ a 

Tray No. t, °F Fraction Mole Fraction psia E G / W 

10 C o n d . 104.0 0.99936 .00004 12.28 — 
9 T o p 209.5 0.99936 .00176 13.98 .0216 
8 213.3 0.99830 .06686 14.07 .0224 
7 264.6 0.93928 .64743 14.16 .0352 
6 356.8 0.42680 .95536 14.25 .0627 
5 Feed 379.6 0.15285 .98755 14.34 .0699 
4 387.6 0.04343 .99763 14.43 .0723 
3 390.2 0.01103 .99919 14.52 .0731 
2 391.1 0.00265 .99981 14.61 .0734 
1 Rebo i l e r 391.7 0.00056 .99996 14.70 .0736 

Material Balance 

Components 

E t h a n o l 
E thy l ene g lyco l 
W a t e r 

To ta l s 

FeedMolesa Top Product Moles Bottom Product Moles 

.000085 .000000 

.000006 3.499993 

.143442 0.000144 

.143533 3.500137 

0.000085 
3.499999 
0.143586 

3.643670 

Rebo i l e r l oad 3,3015 B t u / U n i t T i m e 
T o p load 2,8709 B t u / U n i t T i m e 

a Based on one mole of feed to the extractive distillation column which precedes 
the solvent recovery column. 
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1. B L A C K A N D D I T S L E R Dehydration of Ethanol Mixtures 11 

Figure 7. Temperature profile for solvent recovery column 

Stripping water from aqueous ethylene glycol 

denser has been assumed. T h e reflux temperature was set at 104° F and 
the re f lux- feed rat io at 1.33491, mole basis. T h e feed temperature was 
358 °F, a few degrees less than the bot tom temperature of the extractive 
d is t i l la t ion co lumn. M a t e r i a l ba lance and c o lumn profiles are g iven i n 
Tab l e V I I for the recovery co lumn. 

T h e temperature profile for this c o l u m n is shown i n F i g u r e 7. T h e 
compos i t ion profiles are p lo t ted i n F i gu r e 8. These show the expected 
trends, water i n the vapor increas ing and ethylene g l yco l i n the l i q u i d 
decreasing as one proceeds f rom the reboi ler to the top of the co lumn. 
W i t h the number of trays shown and the re f lux- feed rat io g iven, ethylene 
g l yco l i n the top p roduc t (water ) is reduced to about 42 p p m , mole basis. 
E t h a n o l i n the water p roduc t is about 0 .06% m. 

R e d u c i n g ethylene g l yco l i n the water p roduc t to a signi f icantly l ower 
va lue requires on ly the add i t i on of one or more rect i fy ing trays i n the 
recovery co lumn. A n increase i n the re f lux- feed rat io w i l l do as an 
alternate method, bu t to change the ethanol i n the water product , the 
extractive d is t i l la t ion co lumn w o u l d have to be operated for h igher or 
lower e thanol recovery than the 99 .99% m value. Th i s can be done w i t h ­
out dif f iculty. 

T h e bot tom product f r om the solvent recovery c o l u m n is ethylene 
g l yco l w i t h about 41 p p m of water, mole basis. B y chang ing the number 
of s t r ipp ing trays i n the solvent recovery co lumn, this water content can 
read i ly be decreased or increased. 
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12 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

I f the top product (water ) f rom the solvent recovery c o l u m n is to 
be d iscarded, the two d is t i l la t ion co lumns w o u l d be operated to reduce 
ethanol and ethylene g l yco l to l ow concentrations, as i l lustrated i n the 
calculat ions shown here. Howeve r , where the overa l l p lant scheme is 
such that the water p roduc t m igh t be recyc led and used—e.g>, as solvent 
to a n aqueous extractive d is t i l la t ion, i t m igh t under some condit ions be 
more economica l to leave more ethanol i n the water product . T h e ethanol 
w o u l d be recovered i n the series of separat ion steps w h i c h fo l low i n the 
flow scheme. W a t e r might be rejected at a more suitable po in t i n the 
flow scheme than f rom the top of the solvent recovery co lumn. T h e best 
operat ing condit ions can be de termined on ly w h e n the entire p lant flow 
scheme is known . 

Comparison of Extractive with Azeotropic Distillation 

A l t h o u g h ethanol is obta ined as a top product f rom an extractive 
d is t i l l a t ion w i t h ethylene g lyco l , it is obta ined as a bot tom produc t f rom 
a n azeotropic d is t i l la t ion c o l u m n us ing an entraîner such as n-pentane. 
Based on an ethanol rate of 242.02 moles per hour , a rough compar ison 
w i l l be made of the two separat ion methods. 

CONDENSER 10τ 1 

MOLE FRACTION 

Figure 8. Composition profiles for solvent recovery column 

Stripping water from aqueous ethylene glycol 
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1. B L A C K A N D D I T S L E R Dehydration of Ethanol Mixtures 13 

Table VIII. Comparing Extractive and Azeotropic Distillation 

Feed: Aqueous Ethanol (85.64%m Ethanol) 

Extractive Distillation, 14.7 psia 

Solvent = ethylene g lyco l 
Mo l e s so lvent -e thano l = 4.08688 
Ref lux- feed rat io = 1.55369 
46 T r a y s t o ta l i n extract ive dist . co l . 

Solvent on t r ay 43 
Feed on t r ay 22 
Rebo i l e r load = 20.9 m i l l i o n 

B t u / h o u r e 

T o p load = 13.12 m i l l i o n 
B t u / h o u r 

Tower diameter = 5.3 feet 
E t h a n o l product : 

Wa t e r 16 p p m (mole basis) 
Solvent 1.2 p p m (mole basis) 

E t h a n o l recovery f rom feed = 
99 .99% 

Solvent recovery co lumn 
9 T r a y s , R / F = 1.33491 (mole) 

Ref lux on t r ay 9 
Feed on t r ay 5 

Rebo i l e r load = 9.33 m i l l i o n 
B t u / h o u r e 

T o p load = 8.11 m i l l i o n 
B t u / h o u r 

Tower diameter = 4.1 feet 

T o t a l heat to reboilers = 30.23 
m i l l i o n B t u / h o u r 
T o t a l top loads = 21.23 m i l l i o n 
B t u / h o u r 

Azeotropic Distillation, 50 psia 

Entraîner = n-pentane 
M o l e s n-pentane-e thanol = 3.214 

18 T r a y s to ta l i n azeotropic dist . col . 
Entraîner on t r a y 18 
Feed on t r ay 16 
Rebo i l e r load = 10.7 m i l l i o n 

B t u / h o u r β 

Condenser l oad — 11.33 m i l l i o n 
B t u / h o u r 

Tower diameter < 5 feet 
E t h a n o l p roduct : 

W a t e r < 3 p p m (mole basis) 
n-Pentane < 1 p p m (mole basis) 

E t h a n o l recovery f rom feed 
>99 .99% 

S t r i pp ing co lumn 

Rebo i l e r load <2 . m i l l i o n 
B t u / h o u r α 

T o p l oad < 2 . m i l l i o n B t u / h o u r 

Tower diameter < 2 . feet 

T o t a l heat to reboilers < 13 m i l l i on 
B t u / h o u r 
T o t a l top loads < 14 m i l l i o n 
B t u / h o u r 

"Based on 242.02 moles/hour of ethanol in feed to plant. 

F o r the extractive d is t i l la t ion results of Tab les V a n d V I , the reboi ler 
l oad for the above ethanol rate w o u l d be about 20.9 m i l l i o n B t u per hour . 
T h e ethanol product contains about 16 p p m of water a n d about 1.2 p p m 
of ethylene g lyco l . F o r an ethanol recovery of 99 .99% ra, 46 tota l equ i ­
l i b r i u m trays are r equ i r ed w i t h a re f lux- feed rat io of 1.55+ a n d a so l v en t -
ethanol rat io of 4.09' mole basis. T h e condenser l oad is about 13.1 m i l l i o n 
B tu/hour , and the tower d iameter is about 5.3 feet, based on a G l i t s c h 
s i z ing technique. 
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14 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

I f n-pentane is selected as the entraîner for an azeotropic d is t i l la t ion 
scheme, a n ethanol product conta in ing less water than that obta ined i n 
the extractive d is t i l la t ion method is easi ly obta ined w i t h entra iner-e tha-
n o l ratios of 2.5-3.5, mole basis (10). F o r a rat io of 3.214, the water 
content of the ethanol is less than 3 p p m . O n l y 18 e qu i l i b r i um trays are 
r equ i red i n a c o lumn of less than 5 feet diameter. T h e heat loads i n 
mi l l i ons B t u / h o u r are about 10.7 for the reboi ler and 11.3 for the con­
denser. A str ipper is used to recover n-pentane and ethanol f rom the 
aqueous phase. T h e recovered n-pentane and ethanol can be recyc led 
either to the feed or to the reflux stream of the azeotropic d is t i l la t ion 
co lumn. 

T h e str ipper r equ i red to process the aqueous phase for recover ing 
n-pentane and ethanol requires a few more trays, but i t has a c o lumn 
diameter less than hal f that of the solvent recovery c o lumn for the extrac­
t ive d is t i l la t ion scheme. T h e heat loads are also m u c h smaller. T h e top 
product , consist ing of n-pentane, ethanol , and some water, is recyc led 
to the reflux stream of the extractive d is t i l la t ion co lumn. 

T h e results of calculat ions for the two separat ion methods are sum­
mar i z ed i n Tab l e V I I I . F e w e r trays are r equ i red i n the azeotropic dis­
t i l l a t ion c o lumn than the extractive d is t i l la t ion co lumn. The heat loads 
are also smaller. T h e qua l i t y of the ethanol product is also s l ight ly better 
for the azeotropic d is t i l la t ion method. Inc lud ing the str ipper for process­
i ng the aqueous phase, the tota l heat l oad for reboi lers for the azeotropic 
d is t i l la t ion method is less than hal f that for the extractive d is t i l la t ion 
method. The tota l condenser l oad is rough ly two-thirds that for the 
extractive d is t i l la t ion method. 

A l t h o u g h the azeotropic d is t i l la t ion scheme, us ing n-pentane, oper­
ates at a h igher pressure, comparat ive calculat ions indicate this to be 
better than the extractive d is t i l la t ion scheme us ing d iethylene g l yco l to 
dehydrate aqueous ethanol. 

List of Symbols 

HX
M the integra l heat of m i x ing for mixture of compos i t ion χ 

(Li)a- the dif ferential heat of m i x ing for component i at compos i t ion χ 
Pi° vapor pressure for component i 
P,-° vapor pressure for component / 
αν vo lat i l i ty of component i re lat ive to component / 
γι l i q u i d phase act iv i ty coefficient for component i 
jj l i q u i d phase act iv i ty coefficient for component / 
Οι imperfect ion-pressure coefficient for component i 
6j imperfect ion-pressure coefficient for component / 
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2 

Process Design Considerations for Extractive 
Distillation: Separation of Propylene-Propane 

ROMESH KUMAR, JOHN M. PRAUSNITZ, and C. JUDSON KING 

Department of Chemical Engineering, University of California, 
Berkeley, Calif. 94720 

Extractive distillation is evaluated as an alternative to ordi­
nary distillation for the separation of propylene-propane 
mixtures. Varticular attention is given to the necessary com­
promises between different design factors: solvent concen­
tration within the primary column, solvent selectivity, solvent 
loss, etc. A major expense is associated with the sensible heat 
requirements of the circulating solvent; process modifications 
so as to minimize this expense are discussed. The process 
analysis explores combinations of solvent selectivity and 
other solvent properties which might make extractive dis­
tillation attractive. It appears that in almost all cases extrac­
tive distillation offers no advantage compared with ordinary 
distillation. Only in special cases may circumstances warrant 
extractive distillation. External factors favoring the use of 
extractive distillation are identified. 

' T p h i s w o r k explores the impor tant variables w h i c h must be considered 
•*· to design an extractive d i s t i l l a t ion process. T h e discussion identifies 

the economic effects of these variables a n d their possible interactions. 
Some of the des ign variables may have synergistic effects i n terms of 
separation cost w h i l e others m a y not. A s a result, the o p t i m u m design 
for an economic extractive d is t i l la t ion process must be a compromise set 
of values for the different process variables . These compromises are dis­
cussed a n d are i l lus t ra ted for a par t icu lar case—i.e., separation of pro-
pane -p ropy lene mixtures. F o r this commerc ia l ly impor tant separation 
fract ional d i s t i l l a t ion is most often used, regardless of the l o w relat ive 
vo la t i l i ty (about 1.13-1.19 at 200 p s i a ) . 

Ex t rac t ive d i s t i l l a t ion is sometimes used to separate mixtures for 
w h i c h fract ional d i s t i l l a t ion is difficult, such as for b ina ry systems of 

16 
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2. K U M A R , P R A U S N I T Z , A N D K I N G Process Design Considerations 17 

c lose-boi l ing components or for mul t i component systems where the order 
of component volat i l i t ies does not correspond to the des ired d i s t r ibut ion 
of components between products . I n extractive d is t i l la t ion, a separat ing 
agent, often ca l l ed the solvent, is added to the mixture to be separated. 
Th i s agent, or solvent, modifies the vo lat i l i ty of each component, one 
different f rom the other, by its effects on l iqu id-phase propert ies. S u c h 
effects can inc lude fo rming associat ion complexes, a l ter ing exist ing asso­
c ia t ion structures, etc. A s a result, the component re lat ive volat i l i t ies i n 
the presence of the solvent differ f rom those i n the solvent-free mixture . 

T h e fundamenta l flow d iag ram for a n extractive d is t i l l a t ion process 
is shown i n F i gu r e 1. T h e feed enters the extractive d is t i l la t ion c o l u m n 
(p r imary co lumn ) i n w h i c h the solvent is added near the top. T h e com­
ponent (or components ) whose vo lat i l i ty is the greatest i n the presence 
of the solvent is d r i v en overhead i n this co lumn. T h e bottoms consist of 
the solvent and the other component (or components ) ; these are f ed 
to the solvent recovery c o l u m n (secondary c o l u m n ) . T h e regenerated 
solvent is coo led and fed back to the p r imary co lumn. 

I n most cases, the solvent is m u c h less vo lat i le than the feed com­
ponents; i t is therefore present ma in l y i n the l i q u i d phase i n the p r imary 
co lumn. Th i s is desirable, as i t is the l iqu id-phase nonideal i t ies w h i c h 
g ive r ise to the greater separat ion factor between the feed components. 
However , there is a re lat ive ly sma l l amount of solvent i n the vapor phase, 
a n d to avo id excessive loss of this solvent w i t h the top produc t i n the 
p r imary co lumn, sufficient trays are p rov ided above the solvent add i t i on 
plate to reduce the solvent concentrat ion i n the top product to an accept­
able level . 

General Considerations 

F o r the process shown i n F i g u r e 1, the m a i n units are the two 
d is t i l la t ion co lumns ( w i t h their reboi lers a n d overhead condensers) and 
the solvent cooler. T h e major ut i l i t ies are the heat r equ i r ed i n the re­
boi lers and the coo l ing duties of the condensers and the solvent cooler. 
T h e des ign of the p r imary c o l u m n depends p r imar i l y on the re lat ive vo la­
t i l i ty of the key components; i t is therefore strongly dependent u p o n the 
act iv i ty coefficients of these components i n the solvent. 

T h e volat i l i t ies of the feed components re lat ive to the solvent are 
general ly h i gh ; therefore, the des ign of the secondary c o l u m n is p r imar i l y 
a funct ion of the solvent c i r cu la t i on rate. T h e condenser duties depend 
on the reflux ratios i n the two co lumns w h i c h are thus affected b y the 
relat ive volat i l i t ies. T h e solvent cooler du t y is a funct ion of the solvent 
c i rcu la t ion rate a n d the recovery c o lumn reboi ler temperature w h i c h is 
determined by the solvent vo lat i l i ty . T h e sum of the reboi ler duties i n 
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18 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

Solvent 

Feed 

£ • Propane 
Product 

Extractive Distillation 
Column 

Propylene 
Solvent Product 
Recovery 

Column 
Steam 

Solvent Cooler 

Figure 1. Extractive distillation process flowsheet 

the two co lumns is approx imate ly equa l to the sum of the heat removed 
i n the condensers and i n the solvent cooler. T h e thermodynamic prop­
erties of the solvent and the solvent rec i rcu la t ion rate are of major 
importance i n the des ign of the extractive d is t i l la t ion process. 

Solvent Selection Criteria 

Important solvent characterist ics are selectivity, m isc ib i l i t y w i t h the 
feed, a n d vo lat i l i ty . 

Selectivity. T h e select ivity, S 0 0, is def ined as the rat io of the act iv i ty 
coefficients of the key components w h e n each alone is present i n the 
solvent at inf inite d i lu t i on . Thus , for the p ropane -propy l ene system 

S°° = y - o s H e / y o e H e ( D 

T h e act iv i ty coefficients of the components at other than trace con­
centrations i n the solvent depend on the mix ture compos i t ion and , for 
systems w i t h posi t ive dev ia t ion f rom Raoult 's L a w , decrease t o w a r d un i ty 
as the component mole f ract ion tends t oward one. I n a s imple , symmetr ic 
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2. K U M A R , P R A U S N I T Z , A N D K I N G Process Design Considerations 19 

b inary system, the logar i thm of the act iv i ty coefficient of the hydrocarbon 
( A ) or ( B ) is propor t iona l to the square of the solvent mo le f ract ion ( I ) 

\nyA = (lny«>A)x8
2 

l n y B = = (In y°°B)xs2 

E q u a t i o n 2, a l though not h i gh l y accurate for many prac t i ca l systems, 
was used i n this wo rk as i t is convenient to imp lement and general ly 
provides a good first-order approx imat ion. 

Neg lec t ing vapor-phase corrections a n d the Poyn t ing effect, the re la­
t ive vo lat i l i ty between the key components i n the presence of the solvent is 

(ΎΑ) (P°A) RT) 

" A B = (yB) (P%) ( 3 ) 

where P° is the pure-component saturat ion ( vapor ) pressure. E q u a t i o n 3 
may be wr i t t en as 

<*AB - ( f t ) (4) 

where S = y A/y Β 

= S œ · î(xs) 

such that f (x8) - » 1 when x8 1 
and f (x8) < 1 for x8 < 1 

A h i g h select iv ity gives a h i g h relat ive vo lat i l i ty , m a k i n g an easier 
separat ion possible. S increases w i t h increasing solvent concentrat ion ( 2 ) , 
becoming a m a x i m u m at 1 0 0 % solvent, and usua l ly falls w i t h r i s ing t em­
perature. A n example is g iven i n F i g u r e 2, w h i c h shows the select iv i ty 
of the solvents fur fura l and acetonitr i le for propane-propy lene , as esti­
mated b y the procedures of W e i m e r and Prausn i t z ( 3 ) . S is largest at 
h i gh solvent concentrations a n d at l ow temperatures; therefore, the sepa­
ra t ion w o u l d be easiest under these condit ions. 

T h e search for a suitable solvent for a par t i cu lar separat ion w o u l d 
be greatly a ided i f the feed component act iv i ty coefficients c ou ld be 
pred i c t ed f rom the pure-component propert ies alone. Tassios (2 ) de­
scribes a five-step procedure for eva luat ing solvents for extractive d i s t i l l a ­
t i on of hydrocarbons. T w o of the more useful correlat ions for p red i c t ing 
act iv i ty coefficients are those proposed by W e i m e r and Prausni t z (3 ) 
and b y P ierot t i , D e a l , and D e r r (4). T h e former is useful where the feed 
components are saturated hydrocarbons, olefins, or aromatics. F o r other 
classes of hydrocarbons, the latter is useful. 

F o r a paraff in-olef in system of the same number of ca rbon atoms i n 
the absence of a solvent, the olefin is more volat i le and is d r i v en overhead 
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20 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

Temperature, °C 

Figure 2. Effect of temperature on solvent selectivity and 
propane activity coefficient in furfural and in acetonitrile 

(calculated) 

i n o rd inary d is t i l la t ion ; for propane-propy lene , Ρ°ΟΛΉΛ/Ρ°€*ΉΒ is greater 
than uni ty . A po lar solvent is used i n extractive d is t i l l a t ion of para f f in -
olefin mixtures since the olefin, because of the large po la r i zab i l i t y of the 
doub le bond , forms a less non idea l system w i t h the solvent than does the 
paraffin. I n these systems the paraffin act iv i ty coefficient is greater than 
that of the olefin, thereby t end ing to reverse the na tura l re lat ive vo la t i l i ty 
of the paraf f in-olef in system; for p ropane-propy l ene , γο3Ηβ/7ο3Η8 is less 
than uni ty . T o be useful , a solvent must reverse the re lat ive vo la t i l i t y to 

such a n extent that (aAe) w i t h solvent > ( — — j w i thou t solvent. 
\<*AB ) 

O n l y a few exper imenta l investigations have been reported w h i c h 
evaluate solvents for paraff in-olef in separations. Perhaps the most com-
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2. K U M A R , P R A U S N I T Z , A N D K I N G Process Design Considerations 21 

prehensive exper imenta l data on paraf f in-olef in-solvent mixtures have 
been reported by Gerster, Gor ton , a n d E k l u n d (5 ) . These authors report 
act iv i ty coefficient data for n-pentane a n d 1-pentene i n b inary systems 
w i t h 33 different solvents at four temperatures. T h e data for non-hydrogen 
bond ing solvents were corre lated i n a plot of select ivity vs. In y°°c5Hi2> **s 
shown i n F i gu r e 3. T h e curve for hydrogen bond ing solvents falls lower ; 
i.e., the same γ°°θ5Ηΐ2 corresponds to a lower selectivity. F i g u r e 3 shows 
that for a pa i r of hydrocarbon solutes conta in ing the same number of 
carbon atoms, the act iv i ty coefficient of one hydrocarbon i n b inary so lu­
t ion w i t h a po lar solvent is, to a first approx imat ion , a funct ion of the 
act iv i ty coefficient of the other i n that solvent. Ac t i v i t y coefficients for 
propane-propy lene , as est imated b y the me thod of W e i m e r and Prausn i t z 
( 3 ) , exhib i t behav ior s imi lar to that noted for act iv i ty coefficients of the 
n-pentane- l -pentene system w i t h i n the accuracy of the est imation pro­
cedure. 

However , H a f s l u n d (6 ) has quoted solvent select ivity data for the 
p ropane -propy l ene system w h i c h deviate cons iderably f r om the p lo t 
g iven i n F i g u r e 3. Some of these data are also shown i n that figure. It 
appears that a l though most solvents m a y be expected to fa l l a long the 
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Figure 3. Solvent selectivity as a function of activity coefficient of paraffin 
in the solvent 
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22 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

plot i n F i gu r e 3, there are some solvents w h i c h show substant ia l ly differ­
ent selectivity. I n this work , two sets o f calculat ions were made for the 
effect of select iv ity on the process des ign : 

( 1 ) 7°°C3H8 va r i ed w i t h S 0 0 accord ing to the p lo t i n F i gu r e 3. 
(2 ) y°°c3H8 was he l d constant w i t h va ry ing values of S 0 0 . 

Miscibility with the Feed Components. In a so lute-solvent system 
exh ib i t ing strong posi t ive deviat ions f rom Raoult 's L a w , the solute has 
on ly l im i t ed so lub i l i ty i n the solvent. A b o v e a cer ta in solute concentra­
t ion, two l i q u i d phases are formed. T h e presence of two l i q u i d phases 
o n the plates of a d is t i l l a t ion c o l u m n leads to instab i l i ty a n d operat iona l 
problems. It is therefore necessary to ensure that the solute concentrat ion 
i n the l i q u i d phase never exceeds its so lub i l i ty l imi t . Th i s so lub i l i t y l im i t 
gives a m i n i m u m feasible solvent concentrat ion i n the section be l ow the 
solvent add i t i on plate of the p r imary co lumn. 

A n approx imat ion to the m isc ib i l i t y l im i t i n a b inary system is ob­
ta ined b y assuming that the po lar solvent is essential ly inso luble i n the 
hydrocarbon . S ince the act iv i ty of the hydrocarbon i n the hydroca rbon 
phase is near un i ty , at e q u i l i b r i u m i t must be the same as that i n the 
solvent-r ich phase. 

I f w e further assume that E q u a t i o n 2 holds for the b inary system, w e have 

K n o w i n g In γ 0 0 ^, E q u a t i o n 6 y ie lds xAm, the mole f ract ion of A at the 
l i m i t of its m i sc ib i l i t y i n the solvent. 

Volatility. F o r a fixed tower pressure, the vo lat i l i ty of the solvent 
determines the reboi ler temperature. It also influences the number of 
e q u i l i b r i u m stages r equ i red i n the solvent-recovery co lumn, as w e l l as 
the number of stages r equ i r ed i n the solvent knock-out section of the 
p r imary co lumn. F o r process economics, the more important of these 
factors is general ly the temperature of the bottoms f rom the solvent-
recovery c o lumn since this is the highest solvent temperature i n the 
process. T h e lowest solvent temperature is where the solvent is fed into 
the p r imary co lumn. The change i n solvent temperature is p r oduced b y 
the solvent cooler, and the greater the temperature sw ing between the 
hottest a n d the coolest points i n the solvent c i rcui t , the h igher is the heat-
transfer du t y of the solvent cooler. 

T h e sum of the heat duties i n the reboilers is approx imate ly equa l 
to the sum of the heat duties of the overhead condensers and the solvent 
cooler. Since the solvent vo la t i l i ty influences the temperature leve l i n 

yAxAm « 1 (5) 

0 = ( 1 η γ ^ ) ( 1 - ζ ^ ) 2 + 1ηα^ (6) 

Pu
bl

is
he

d 
on

 A
ug

us
t 1

, 1
97

4 
on

 h
ttp

://
pu

bs
.a

cs
.o

rg
 | 

do
i: 

10
.1

02
1/

ba
-1

97
2-

01
15

.c
h0

02



2. K U M A R , P R A U S N I T Z , A N D K I N G Process Design Considerations 23 

the reboi lers, i t affects the heat i npu t to the reboi lers as w e l l as the heat 
du ty of the solvent cooler. 

A secondary effect of the solvent vo la t i l i t y is on the operat ing tem­
perature of the extractive d is t i l l a t ion co lumn. A more vo lat i le solvent 
results i n a lower average p late temperature. A t the lower temperature, 
the separat ion factor is general ly h igher because of h igher selectivity. 

Table I. Design Basis 

Feed R a t e = 415 lb moles/hr 
Compos i t i on = 50 mole % C 3 H 8 , 50 mole % C 3 H , 
C o n d i t i o n = saturated vapor at the tower 

pressure" 

Propylene P u r i t y = 99 .0% 
Recovery = 95 .0% 
C a p a c i t y = 75 m i l l i o n l bs/y r 

Solvent A m o u n t i n each hyd ro ­
carbon product = ^ 0 . 0 1 mole % 

N o r m a l bo i l ing po in t = 140°F 
Other phys i ca l properties = those of acetone 
Concentra t ion at solvent 

feed plate = 0.85 to 0.90 mole f ract ion 
S œ = 1.7 to 3.1 
y°°C3H8 = 6.0 to 16.0 

Coolant Coo lant = water 
In let temperature = 70 °F 
Temperature rise i n 

condensers = 20°F 
M i n i m u m approach 

temperature = 10°F 

Cooler/Process Heat Exchangers 
M i n i m u m approach 

temperature = 20°F 

"For binary distillation without solvent, the feed condition was taken as satu­
rated liquid at the tower pressure. 

Process Design 

Process calculat ions were made for the separat ion of a p ropane -p ro ­
py lene mix ture w i t h the des ign basis shown i n Tab l e I. F o r the present 
calculat ions, the solvent phys i ca l propert ies were taken as those of acetone. 
The solvent select iv i ty and the hydrocarbon act iv i ty coefficients were 
var i ed over the ranges g iven i n Tab l e I. A stage-to-stage ( L e w i s - M a t h e -
son) me thod (7 ) was used to ca lculate the number of e q u i l i b r i u m stages 
requ i red i n the two towers, a l l ow ing for var iat ions i n <XAB and interstage 
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24 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

molar flows f rom stage to stage. T h e stage-to-stage, mater ia l - a n d en­
tha lpy-ba lance procedure was also used for the f ract iona l d is t i l la t ion alter­
nat ive, us ing the v a p o r - l i q u i d e qu i l i b r i um data of Reamer a n d Sage (8 ) 
for the p ropane -propy l ene b inary system. 

T h e basis and various parameters for the economic analysis are g iven 
i n Tab l e II . T h e overa l l c o l u m n efficiency used was obta ined f rom a p lot 
of efficiency vs. the produc t of relat ive vo lat i l i ty and l i q u i d viscosity ( 9 ) , 
corrected to ma t ch pred ic ted (10) data for the p ropane -propy l ene sys­
tem. T h e va lue f rom the p lo t (9 ) was increased b y a factor r equ i r ed to 
make the efficiency of the p ropane-propy l ene b inary d is t i l la t ion equa l 
to 1 0 0 % . Costs were ca lcu lated by the Venture Ana lys is me thod (11), 
because this me thod yie lds the appropr iate we ight ing factors for the fixed 
a n d operat ing costs i n order to calculate the tota l costs. Results are ex­
pressed as annua l costs, before taxes. T h e important process variables 
are discussed be low. 

Operating Temperature. The important temperatures for economic 
analysis are the overhead condenser temperatures at w h i c h heat is re­
moved f rom the process and the reboi ler temperatures at w h i c h heat is 
supp l i ed to the process. O f s imi lar importance is the temperature of the 
so lvent-addit ion plate of the p r imary c o lumn since this temperature, 
together w i t h that of the recovery co lumn, establishes the temperature 
sw ing i n the solvent c i rcui t . 

O n e method for fixing the various temperatures is to specify the 
overhead condenser temperatures i n the two co lumns. In these ca l cu­
lations, it was dec ided to use coo l ing water i n the two condensers, thereby 
setting the reflux temperature at 100°F for bo th co lumns. T h e condenser 
temperature w o u l d norma l l y b e set b y the ava i lab i l i t y of a n adequate 
heat sink, i f other than water. F o r b inary d is t i l la t ion, the reflux tempera­
ture was also set at 100 °F. 

T h e condenser temperature of 100° F corresponds to a pressure of 187 
ps ia i n the p r imary c o l u m n a n d 222 ps ia i n the secondary tower. T h e 
recovery c o lumn reboi ler temperature then comes to 495°F, wh i l e the 
extractive d is t i l l a t ion c o l u m n reboi ler temperature varies f rom about 300° 
to 425°F. T h e temperature of the so lvent-addit ion plate i n the m a i n 
tower var i ed f rom 100° to 220°F. 

Solvent Loading. T h e solvent c i rcu la t ion rate is a funct ion of the 
reflux rat io i n the p r imary tower a n d the l iqu id-phase concentrat ion of 
the solvent. F o r a g i ven solvent select ivity, as the solvent concentrat ion 
rises, the p ropane-propy l ene relat ive vo la t i l i ty increases and hence the 
r equ i red reflux rate falls. T h e increased relat ive vo la t i l i ty results i n a 
decreased number of e q u i l i b r i u m stages r equ i red for the des ired separa­
t ion. F i gu r e 4 shows the effect of solvent concentrat ion on the number 
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2. K U M A R , P R A U S N I T Z , A N D K I N G Process Design Considerations 25 

Table II. Cost Calculation Basis 

M a t e r i a l s = a l l steel construct ion 

Tower plates = sieve t rays 
costs = Peters and T immerhaus {12), F i gu r e 15-26, p. 659 

H e a t exchangers = floating-head, % - i n c h tubes, 20- f t - long bundle 
costs = Peters and T immerhaus , F i gure 14-15, p. 566 

U t i l i t i e s 

H i g h pressure steam (500 psig) = $1.00/10 6 B T U 

L o w pressure steam (100 psig) = S0.40/10 6 B T U 

Coo l ing water — $0.02/1000 gal 

So lvent = $5 to 15/lb mole 

Tower and heat exchanger s i z ing procedures = Peters and T immerhaus 
Venture Ana l y s i s (11): 

V = Ρ — imlf - Hw 
Ρ = R - (R - dl,)t -

R = S - C 
V = S - C - (S - c • 

where V = venture prof it 
Ρ = net prof i t 
im = rate of re turn on high r i sk investment, 2 0 % 
If = fixed cap i ta l investment 
i = average rate of re turn on investment, 1 2 % 

Iw = wo rk ing cap i ta l , 1 5 % of fixed cap i ta l investment 
R = gross prof i t 
d = straight l ine depreciat ion factor, 0.1 
t = corporate income tax, 5 0 % 

ld = s ink ing fund depreciat ion rate, 0.05 
S = sales revenue 

C = manufac tur ing cost, ut i l i t i es + maintenance 

maintenance = 6 % of fixed cap i ta l investment 

V = 0.5 S - 0.5 C + 0.22 J ; 

therefore adjusted venture cost 

= C + 0.44 — Cu + 0.50 // 

where Cu = cost of ut i l i t i es 
If = 4.83 Ip (Peters and T immerhaus , Tab l e 17, p. 118) 
Ip = purchased equipment cost 

therefore the adjusted venture cost, before taxes, is g iven by 

Cu + 2.42 Ip 
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0.84 0B6 0B8 0.90 

Solvent Mole Fraction on Solvent Addition Plate, xs 

Figure 4. Effect of solvent concentration on the number of equi­
librium stages and the solvent-to-feed ratio in primary column 

of stages r equ i r ed and on the solvent-to-hydrocarbon feed rat io needed 
for a solvent select iv i ty S œ = 1.7. 

A rise i n solvent concentrat ion decreases the reflux rat io i n the p r i ­
mary co lumn, thereby l ower ing the vapor flow rate i n the co lumn. C o n ­
sequently, the tower diameter falls. A l so , the increased cooler du ty is 
accompan ied b y enhanced reboi ler duties, resul t ing i n larger u t i l i t y costs. 

W i t h rising solvent concentrat ion, the m a i n tower cost decl ines, bu t 
the so lvent-coo ler cost a n d the u t i l i t y cost increase. T h e net result is 
shown b y the so l id Unes i n F i gu r e 5 where the costs are represented as 
fixed, operat ing, and total costs. A compromise must be made between the 
tower costs and the cooler and ut i l i t y costs to determine the o p t i m u m 
solvent concentrat ion. 
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2. K U M A R , P R A U S N I T Z , A N D K I N G Process Design Considerations 27 

Selectivity and Activity Coefficients. T h e solvent select iv ity deter­
mines the relat ive vo lat i l i ty of the propane-propy l ene system, w i t h a 
h igher select iv i ty y i e l d ing a higher relat ive vo lat i l i ty of propane to pro­
pylene. A n increas ing select iv i ty therefore results i n a smaller reflux 
rat io and fewer e qu i l i b r i um stages requ i red for the separat ion. T h e lower 
reflux rate 'corresponds to a lower vapor-f low rate i n the tower and hence 
to a thinner tower. T h e lower reflux rate also results i n a smal ler solvent-
flow rate w i t h a consequent decrease i n the so lvent-coo ler size and du ty 
and i n the reboi ler duties. 

However , as shown b y the p lot i n F i g u r e 3, the propane act iv i ty 
coefficient increases w i t h r i s ing selectivity. T h e propane act iv i ty coeffi­
c ient p r imar i l y establishes the number of e q u i l i b r i u m stages i n the top­
most section of the m a i n tower. T h e h igher the act iv i ty coefficient, the 
higher the vapor-phase concentrat ion of the solvent and consequent ly 
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•Sf 1600 ο ο 
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«t 
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With Heat Exchange System 

- L _ L 
0.84 0B6 0B8 0.90 
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Figure 5. Effect of solvent concentration on annual costs 
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28 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

the greater the number of stages above the solvent add i t i on plate. F o r 
instance, w h e n y°°c3H8 = 6-0, six stages are r equ i r ed i n the topmost sec­
t ion, whereas w h e n γ°°ο3Η8 = 160 , 24 stages are needed. Moreover , re­
verse f ract ionat ion occurs i n the topmost section of the m a i n c o l u m n 
because, i n the absence of the solvent, propy lene is more volat i le than 
propane and therefore tends to go overhead. T h e greater the number 
of stages i n the top section, the greater is the extent o f this reverse 
f ract ionat ion; the rect i fy ing section must fractionate to a higher propane 
pur i t y , and thus i t needs more stages. A h i g h propane act iv i ty coefficient 
tends to increase the e q u i l i b r i u m stage requirements. 

Changes i n re lat ive vo la t i l i ty and act iv i ty coefficients w i t h chang ing 
select iv ity act against each other i n affecting the equi l ibr ium-stage re­
quirements of the m a i n co lumn. T h e net result is shown i n F i g u r e 6 
where the tota l number of e q u i l i b r i u m stages i n the m a i n c o l u m n is 

Selectivity, χ Λ / 
V e 

Figure 6. Variation of the number of equilibrium stages and solvent/ 
feed ratio in the primary column with selectivity 
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2. K U M A R , P R A U S N I T Z , A N D K I N G Process Design Considerations 29 

Without Heat Exchange System 

Selectivity, χω / χ · 

Figure 7. Effect of solvent selectivity on annual costs 

plot ted against solvent selectivity. T h e effect of select iv ity o n the solvent-
to-hydrocarbon rat io is also shown i n F i gu r e 6. 

A h igher select iv i ty requires a th inner but tal ler tower. It also re­
quires a smaller solvent cooler because of the lower solvent c i r cu la t i on 
rate and smaller cooler and reboi ler heat duties. T h e net result is shown 
i n F i g u r e 7 where the so l id l ines indicate the annua l costs as a funct ion 
of select ivity; they show a fa l l ing annua l cost w i t h increas ing selectivity. 

Process Modifications 

Figures 5 and 7 show that the operat ing costs constitute a large 
f ract ion of the total annua l cost of the extractive d is t i l la t ion process. It is 
therefore desirable to modi fy the basic process to reduce these costs. 
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Solvent 

Feed 

Solvent 
Cooler 

Extractive 
Distillation 
Column 

Bottoms 
Preheater 

Steam - « · - -- ( ρ ) 

Waste Heàf 
Boiler 

Propane Product 

..Steam 
-Main 
Column 

Reboiler 

- 0 
E 3 

w 

Solvent 
Recovery 
Column 

Propylene 
Product 

Steam 
Recovery Column 

Reboiler 

Figure 8. Extractive distillation with heat recovery 

O n e process modi f icat ion is shown i n F i gure 8. I n this modi f icat ion, 
a heat recovery system uses the heat of the recovery c o l u m n bottoms i n 
the m a i n c o l u m n reboi ler and i n a bottoms preheater. I f add i t i ona l heat 
is needed i n the m a i n c o l u m n reboi ler , auxi l iary heat ing is p rov ided as 
shown by the (dot ted) steam co i l i n F i g u r e 8. However , a waste heat 
bo i ler is sometimes needed ( shown dotted ) to remove the excess heat i n 
the recovery c o lumn bottoms. 

Cos t calculat ions were made for this modi f ied extractive d is t i l la t ion 
process; they are shown b y the dashed curves on F igures 5 a n d 7. T h e 
proposed heat exchange system provides considerable reduct ion i n the 
annua l costs of the extractive d is t i l la t ion process. However , the extractive 
d is t i l la t ion costs are st i l l greater than those for a b inary propane-propy l ene 
d is t i l la t ion process as ind ica ted on F igures 5 and 7. 

T h e design calculat ions descr ibed i n the preced ing paragraphs have 
been made us ing the funct iona l re lat ion between select iv ity and act iv i ty 
coefficient f ound b y Gerster et al. ( 5 ) . Howeve r , the data f rom H a f s l u n d 
(6 ) , shown i n F i gu r e 3, ind icate that this re lat ion may not necessari ly 
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2. K U M A R , P R A U S N I T Z , A N D K I N G Process Design Considerations 31 

h o l d for a l l solvents. T o invest igate the effects of increas ing select iv i ty 
w i thout a corresponding increase i n the propane act iv i ty coefficient, proc­
ess calculat ions were made for var ious selectivit ies at a constant propane 
act iv i ty coefficient. Costs were ca lcu la ted for the process i l lustrated i n 
F i g u r e 8; they are shown i n F i g u r e 9. T h e costs decrease w i t h increas ing 
selectivity, and the tota l extractive d is t i l l a t ion process cost is approx i ­
mate ly the same as that for b inary d is t i l la t ion for p ropane-propy l ene at 
a select ivity of 2.6. 

1100 r-

1000 -

200 h 

1 0 0 -

0I I I I I I I ι » 
2.0 2.4 2.8 3.2 3.4 

Selectivity, ν · / γ . 
C 3 H 8 C 3 H 6 

Figure 9. Effect of solvent selectivity on annual costs at con­
stant propane activity coefficient (process with heat exchange 

system) 

Other process modif icat ions may also be invest igated. F o r example, 
F i g u r e 10 shows an extractive d is t i l la t ion process w i t h an alternate me thod 
for solvent recovery. Here , the m a i n c o l u m n bottoms are flashed to a 
pressure l ow enough for the solvent to coo l to the solvent-feed tempera­
ture i n the m a i n co lumn. Besides decreasing the heat du ty of the solvent 
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Solvent 

Feed 

η E 3 
Propane 
Product 

Extractive 
Distillation 
Column 

Steam r^C^^ 

1 » κ >i ^ fFlosh \ 
H ^ T ^ D r u m 

Solvent Propylene 
Recovery Product 

Column 

Steam 

Solvent Cooler 
Figure 10. Extractive distilhtion with alternate solvent recovery 

cooler, this modi f icat ion also lowers the amount o f feed to the recovery 
c o l u m n and hence leads to a smaller secondary tower. However , such a 
modi f icat ion requires vapor compression or refr igeration to prov ide reflux 
for the recovery co lumn. 

Conclusions 

T h e costs of separat ing paraff in-olef in mixtures b y extractive d is t i l l a ­
t i on are greatly affected by the solvent selectivity, the paraffin act iv i ty 
coefficient, a n d the solvent vo lat i l i ty ; they depend most ly upon sol­
vent characteristics. F o r a solvent to be effective to separate key com­
ponents A and B , the solvent must have a h i gh value of y™A/y™Β wh i l e i t 
must also have a l o w y°°A- Fur ther , the solvent vapor pressure shou ld be 
lower, but not several orders of magni tude lower, than that of the less 
volat i le hydrocarbon . 

F o r the propane—propylene—solvent system, for the solvents exhibi t ­
i n g the funct iona l re lat ionship between S 0 0 and y°°c3H8 shown i n F i g u r e 3, 
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2. K U M A R , P R A U S N I T Z , A N D K I N G Process Design Considerations 33 

i t does not seem l i ke l y that extractive d is t i l la t ion costs can be r educed 
be low those of b inary f ract ional d is t i l la t ion. F i g u r e 7 shows decreasing 
costs w i t h increas ing select iv i ty bu t the slope of the curve of cost vs. S 0 0 

seems to be flattening out at S 0 0 of about 2, where extract ive d is t i l la t ion 
costs are s t i l l about 6 5 % greater than the costs for b ina ry d is t i l la t ion. 
However , for solvents w h i c h give a h i gh select ivity at re lat ive ly lower 
y°°C3H8> F i g u r e 9 shows a cost vs. S œ curve w h i c h indicates a lower cost 
for the extractive d is t i l la t ion process at a solvent select iv i ty higher than 
about 2.6. 

It is ev ident therefore that the thermodynamic characterist ics ( S 0 0 , 
γ°°θ3Η8> S, yc3H8> etc. ) of the p ropane-propy l ene -so l ven t system are most 
important i n de te rmin ing the economics of extractive d is t i l la t ion for this 
separation. Accura te pred ic t i on (or exper imenta l determinat ion) of these 
factors is essential for economic analysis of an extractive d is t i l la t ion 
process. 

H a f s l u n d (6) reports that extractive d is t i l la t ion has been used com­
merc ia l l y i n one par t icu lar case to separate propane-propy lene . T h e feed 
to the separation process was the off-gas f rom a reactor i n a new process 
for m a k i n g acry loni tr i le and consisted of 40 w t % inerts, 39 w t % C 3 H e , 
8 w t % C 3 H 8 , 7 w t % acry loni tr i le , 5 w t % water, a n d 1 w t % by-product 
impur i t ies . T h e propy lene was to be recovered for recycle to the reactor, 
and the propane and inerts were to be purged f rom the system. Ac r y l o ­
ni tr i le was chosen as the solvent for extractive d is t i l la t ion. T h e topmost 
section of the p r imary c o lumn was rep laced b y a water scrubber to recover 
the acry loni t r i l e i n the vent gas. T h e process reported b y H a f s l u n d (6 ) is 
therefore somewhat different f rom the processes i l lustrated i n F igures 
1, 8, and 10. 

Ext rac t i ve d is t i l la t ion is commerc ia l l y used for separat ing mixtures 
of butanes, butènes, butadienes, a n d various acetylenes w i t h four carbon 
atoms (13). Separat ing these mul t i component mixtures b y f ract ional 
d is t i l la t ion is very diff icult because the na tura l volat i l i t ies p f the var ious 
components, paraffinic as w e l l as olefinic, over lap considerably. F o r i n ­
stance, η-butane is less volat i le than 1-butene but more volat i le than cis-
and imrw-2-butenes. Thus , separat ion of butanes f rom butènes is more 
diff icult b y f ract ional d is t i l la t ion than by extractive d is t i l la t ion where the 
solvent increases the volat i l i t ies of a l l the butanes to make them greater 
than the butene volati l i t ies. F o r 1,3-butadiene recovery extractive dis­
t i l la t ion is also more attractive than ord inary d is t i l la t ion because the large 
po lar i zab i l i t y of the conjugated double bonds interacts strongly w i t h the 
po lar solvent. A l so , i n C 4 hydrocarbon separations the solvent often on ly 
enhances and does not reverse the natura l re lat ive vo lat i l i ty for many of 
the components; however, even for those components for w h i c h the re la-
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t ive vo la t i l i ty is reversed b y the solvent, the solvent-free relat ive vo la t i l i ty 
is closer to un i ty than is that o f p ropylene to propane i n the absence of 
solvent. A l l these factors combine to exp la in w h y extractive d i s t i l l a t ion 
is re la t ive ly more at tractive for C 4 hydroca rbon mixtures than for C 3 

hydroca rbon mixtures. 
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3 

Extractive Distillation by Salt Effect 

WILLIAM F. FURTER 
Department of Chemical Engineering, Royal Military College of Canada, 
Kingston, Ontario 

A salt dissolved in a mixed solvent is capable, through such 
effects on the structure of the liquid phase as preferential 
association and others, of altering the composition of the 
equilibrium vapor. Hence salt effect on vapor-liquid equi­
librium relationships provides a potential technique of 
extractive distillation. A review is presented of the use of 
dissolved salts, rather than liquid solvents, as separating 
agents for extractive distillation. 

V l T T h e n a salt is d issolved i n a b o i l i n g solut ion of two l i q u i d c o m -
ponents, there are several salt effects that m a y occur . These inc lude 

a l ter ing of the b o i l i n g point , the m u t u a l solubi l i t ies of the two l i q u i d 
components i n each other, and the compos i t ion of the e q u i l i b r i u m vapor 
phase. T h i s paper discusses the latter effect. 

T h e technique of us ing a salt rather than a l i q u i d as a separat ing 
agent for extractive d is t i l la t ion is not new, bu t such processes have not 
been w i d e l y used. T h e technology has tended to be propr ie tary, and 
the chemis t ry i n v o l v e d has not been w e l l understood. A l s o the systems 
where a d issolved so l id separat ing agent can be a p p l i e d are l i m i t e d i n 
number b y so lub i l i ty restrictions. L i t e ra tu re re la t ing to this technique a n d 
its chemistry has tended to be fragmentary rather than interrelated, a n d 
m u c h of i t has not been w i d e l y c i rcu la ted . T h e r e is n o w good evidence 
to show that this technique shou ld receive more attention. 

F o r such a process the flowsheet is bas ica l ly the same as that for a 
no rma l extractive d is t i l la t ion . T h e on ly rea l difference is that the sepa­
ra t ing agent is a salt instead of a l i q u i d . Since a d isso lved salt is non­
volat i le , a l l of i t is conta ined i n the l i q u i d phase, and a l l of i t w i l l flow 
d o w n w a r d i n the co lumn. Hence , for i t to occur throughout the co lumn , 
i t must be fed at or near the top. T h e n o r m a l p lace is i n the reenter ing 
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EXTRACTIVE 
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SALT 
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DISSOLVER 

SALT 
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BOTTOMS 
PRODUCT 

Figure 1. Flowsheet for extractive distillation using a dissolved salt 
as the separating agent 

reflux stream, as shown i n F i g u r e 1. T h e salt, w h i c h must be soluble to 
some extent i n bo th l i q u i d components, is fed b y d isso lv ing i t at a steady 
rate into the hot reflux just before reenter ing the co lumn. It is then 
removed f rom the bottoms produc t for reuse, as is a l i q u i d separat ing 
agent, but here i t is recovered by evaporat ing or d r y ing instead of b y a 
subsequent rect i f icat ion step. T h e in t roduct ion , use, recovery, and recycle 
of the separat ing agent otherwise is the same for a dissolved salt as i t is 
for a l i q u i d solvent. 

In the simplest case the chemica l system invo l ved w o u l d be a feed 
solut ion consist ing of two volat i le components ( the key components ) , 
w h i c h are to be separated f rom each other, and an added separat ing 
agent ( the t h i r d component ) , w h i c h circulates interna l ly w i t h i n the 
process. U s i n g the rect i f ication of e thy l a l coho l -wate r mixtures as an 
example, current indus t r ia l processes use separat ing agents such as ben­
zene, toluene, or 1-pentane i n azeotropic d is t i l la t ion or ethylene g l yco l i n 
extract ive d is t i l la t ion. I n the technique descr ibed here, one of several 
effective salts capable of e l im ina t ing the e thano l -water azeotrope, w o u l d 
be used as the separat ing agent i n an extractive d is t i l la t ion to concentrate 
e thano l -water solutions to absolute a lcohol . A n example of a par t i cu lar l y 
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3. F U R T E R Salt Effect 37 

effective salt w i t h this system is potass ium acetate; there are several 
others. 

Besides us ing a single d issolved salt as the separat ing agent, there 
are other ways and combinat ions i n w h i c h salt is used. F o r example, the 
separat ing agent cou ld consist of a mixture of two or more salts, or one 
or more salts added to a l i q u i d separat ing agent to make i t more effective 
and to reduce the amount of the l i q u i d needed, or one or more salts 
d issolved i n an inert l i q u i d solvent w h i c h acts on ly as a carr ier for the 
salt. A l l possibi l i t ies have either been used or cons idered i n var ious 
appl icat ions of this technique. However , on ly the s implest case, that i n 
w h i c h the separat ing agent consists on ly of one component, a single salt, 
is discussed here. 

Advantages and Disadvantages 

W h y use a dissolved salt instead of a l i q u i d as a separating agent 
for extractive d ist i l la t ion? F i r s t we w i l l consider the disadvantages. A 
l i q u i d is superior to a so l id w h e n cons ider ing ease of transport about the 
system, degree of so lub i l i ty i n the feed components, and rate of m i x ing 
at its feedpoint. L i q u i d s m ix qu i ck l y , bu t a salt has to dissolve first. There 
are also mechan ica l problems to be overcome i n meter ing a finely-divided 
so l id at a constant rate to a bo i l i ng or near bo i l i ng l i q u i d mixture, and 
i t may also be diff icult to achieve r a p i d d isso lv ing of the salt after i t has 
been fed. Because of so lub i l i t y l imitat ions restr ict ing the choice of a salt, 
i t is also more probab le that a l i q u i d agent, rather than a so l id , w h i c h is 
effective and so luble w i l l exist for a g iven system. 

However , i n the re lat ive ly l im i t ed number of systems for w h i c h there 
is a salt w h i c h is soluble a n d effective, some major advantages over a 
l i q u i d separat ing agent exist. T h e salt, be ing complete ly nonvolat i le , 
exists only i n the l i q u i d phase, and a l l of i t flows d o w n the c o l u m n and 
out i n the bottoms product . A p r i n c i pa l advantage is that the overhead 
product , p rov ided norma l precautions are taken against entrainment, w i l l 
be complete ly free of separat ing agent. H e n c e there is no need for another 
section of c o lumn ( a solvent knockback section ) to be located above the 
feed po int of the separat ing agent to str ip separat ing agent f rom d ie 
overhead produc t stream, as there is for a l i q u i d agent. A lso , less energy 
is r equ i red for the operat ion since not even part of the separat ing agent is 
vapor i zed a n d condensed i n its cyc le through the extractive d is t i l la t ion 
co lumn, as it w o u l d be i f i t were a l i q u i d . 

Another p r in c i pa l advantage is that the effect can be large, some­
times m u c h larger than is possible w i t h l i q u i d separat ing agents. Th i s 
is because m u c h stronger forces of association w i t h feed component 
molecules can be exerted b y salt ions than by molecules of a l i q u i d agent. 
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38 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

T h e result is that m u c h less separat ing agent w o u l d norma l l y be needed; 
perhaps on ly a few percent as compared w i t h the t yp i ca l 5 0 - 9 0 % of the 
l i q u i d phase w h i c h is common for separat ing agent concentrat ion i n 
extractive d is t i l la t ion operations us ing l i q u i d t h i r d components. A re­
d u c e d requirement i n separat ing agent concentrat ion a l lows savings to 
be made i n r educed co lumn diameter, r educed recovery and recyc le 
capac i ty for the separat ing agent, a n d r educed energy requ i red for the 
recovery and recyc le step. 

LIQUID COMPOSITION , MOLE % ETHANOL 
Figure 2. Vapor-liquid equilibrium data at atmospheric pressure for 
the boiling ethanol-water system containing potassium acetate at satu­

ration and at various constant concentrations 

T o i l lustrate h o w large the effect of a dissolved salt can be, F i g u r e 2, 
ca lcu la ted f rom the data of M e r a n d a and Fur t e r ( J ) , is i n c luded to 
demonstrate b y h o w m u c h potass ium acetate alters the v a p o r - l i q u i d equ i ­
l i b r i u m re lat ionship of the system, bo i l i n g e thano l -water at atmospher ic 
pressure. T h e dot ted curve represents the e thano l -water system alone, 
where the azeotrope occurs at about 87 mole % ethanol . T h e other 
curves are for various concentrations of potass ium acetate, and a l l are 
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3. F U R T E R Salt Effect 39 

ca lcu la ted on a salt-free basis to p rov ide a c o m m o n basis for compar ison. 
T h e upper curve, labe l l ed # 5 i n the figure, is for saturated potass ium 
acetate d isso lved i n the l i q u i d phase. Its saturat ion concentration—i.e., 
its so lub i l i ty—ranges from 49 mole % i n pure bo i l i n g water d o w n to 
10 mole % i n pure bo i l i n g ethanol , and i t increases re lat ive vo la t i l i ty 
over m u c h of the range shown b y a factor of four or five times. T h e 
intermediate curves, l abe l l ed # 2 , 3, and 4, are for salt concentrations 
he ld constant at 5, 10, and 20 mole % respectively. E v e n sma l l concen­
trations of this par t i cu lar salt complete ly e l iminate the azeotrope. 

F i g u r e 3, taken from the data of Dobroserdov ( 2 ) , gives another 
example of the substant ia l effect that a salt, even at reasonably moderate 
concentrat ion, can have i n cer ta in systems. T h e key components are 
aga in ethanol and water, bu t here the salt is c a l c ium chlor ide , present 
at a constant concentrat ion of 10 grams/100 m l of a l coho l -wate r solut ion. 
T h e azeotrope has been complete ly e l iminated , and re lat ive vo lat i l i ty 
increased substantial ly . 

LIQUID COMPOSITION , MOLE % ETHANOL 
Figure 3. Vapor-liquid equilibrium data at atmospheric pressure for 
the boiling ethanol-water system containing calcium chloride at con­

stant concentration 

Pu
bl

is
he

d 
on

 A
ug

us
t 1

, 1
97

4 
on

 h
ttp

://
pu

bs
.a

cs
.o

rg
 | 

do
i: 

10
.1

02
1/

ba
-1

97
2-

01
15

.c
h0

03



40 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

A l t h o u g h most prev ious investigators of salt effect i n v a p o r - l i q u i d 
e q u i l i b r i u m have used saturated rather than constant salt concentrations 
to measure the largest salt effect possible at each va lue of l i q u i d compo­
s i t ion for a g iven salt i n a g i ven system, this cond i t i on is not representa­
t ive o f salt concentrat ion i n an extractive d is t i l la t ion c o l u m n us ing dis­
so lved salt as the separat ing agent. M o l a l salt concentrat ion i n the l i q u i d 
phase w o u l d r ema in essential ly constant f rom tray to tray w i t h i n each 
of the rect i fy ing and s t r ipp ing sections just as constant as the assumpt ion 
of constant mo l a l overf low is va l i d . F r o m a knowledge of salt effect at 
saturation, however, its effect at a constant concentrat ion be low saturat ion 
is ca l cu la ted us ing the. salt effect equat ion {3,4). 

Chemistry of the Salt Effect 

I n extractive d is t i l la t ion an added separat ing agent can modi fy the 
v a p o r - l i q u i d e q u i l i b r i u m re lat ionship of the components to be separated 
i f it can achieve selective molecular association w i t h one of the key 
components over the other i n the l i q u i d phase. T h e molecules of a l i q u i d 
separat ing agent or the ions of a salt t end to f o rm association complexes 
more w i t h the molecules of one of the feed components to be separated 
than w i t h the molecules of the other feed component. It can alter the 
va lue of re lat ive vo la t i l i ty a n d the ease of separat ion of the system and 
shift or even e l iminate an azeotrope i f p roper ly chosen. Since the added 
agent p robab l y complexes to some extent w i t h bo th key components, the 
volat i l i t ies of bo th w i l l most l i ke l y t end to be lowered , bu t b y di f fer ing 
amounts depend ing on h o w selective the agent is i n its preference for 
complex ing w i t h one key component over the other. Since a separat ing 
agent for extractive d is t i l la t ion norma l l y is chosen so that i t prefers the less 
volat i le of the feed components, the va lue of re lat ive vo la t i l i ty is actual ly 
increased b y the agent even though the i n d i v i d u a l volat i l i t ies of bo th 
feed components may have been r educed i n value. 

T h e earliest references to the phenomenon of a salt i n the l i q u i d 
in f luencing vapor compos i t ion go back to the 13th century A D w h e n 
chemists exper iment ing w i t h the d is t i l la t ion of a l coho l f rom fermented 
mash recorded that the presence of potass ium carbonate i n the s t i l l pot 
enr i ched the a lcoho l content of the vapor (5 ) . M o s t of the wo rk done i n 
the field of salt effect i n d is t i l la t ion is g rouped into three general cate­
gories: salt effect on v a p o r - l i q u i d equ i l i b r ium, extractive d ist i l la t ion 
us ing dissolved salts as separat ing agents, and so lut ion theory of electro­
lytes—e.g., d isso lved sa l t s— in m ixed solvents of two or more components. 
T h e first two categories have tended to interest chemica l engineers and 
chemists, w h i l e the th i rd , general ly neglect ing the effect on vapor com-
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3. F U R T E R Salt Effect 41 

posi t ion, has p r imar i l y interested phys i ca l chemists. A l l three categories, 
however, are interre lated. 

K a b l u k o v (6, 7, 8 ) i n 1891 and M i l l e r (9 ) i n 1897 observed the 
effects of various salts, d isso lved i n the l i q u i d phase, on the v a p o r - l i q u i d 
e q u i l i b r i u m re lat ionship of the system ethanol -water . M o s t of the salts 
they invest igated were more soluble i n water than i n ethanol , and these 
were observed to enr i ch the e q u i l i b r i u m vapor i n ethanol . Howeve r , one 
salt, mercur i c ch lor ide , w h i c h is more so luble i n e thanol than i n water, 
has the reverse effect. B o t h investigators conc luded that a salt t ended 
to enr i ch the vapor phase i n that component of the l i q u i d i n w h i c h i t was 
less soluble. T h e y also observed that the magn i tude of the selective effect 
of a salt— i .e., the amount b y w h i c h i t alters vapor compos i t i on—is 
re lated to the degree of difference i n its solubi l i t ies i n pure water a n d 
pure a lcoho l . M a g n i t u d e of salt effect is also a funct ion of the amount of 
salt present and is l im i t ed b y the degree of so lub i l i t y of the salt i n the 
l i q u i d phase. These bas ic observations, made o n this par t i cu lar system, 
have tended to be conf irmed as general i n other systems b y more recent 
investigators. 

T h e most popu la r system i n w h i c h the effects of var ious salts have 
been invest igated over the years has been that of e thanol -water . O ther 
systems w h i c h have been s tud ied are ethylene g l yco l -water , acetic a c i d -
water, methano l -water , 1- a n d 2-propanol -water , n i t r i c ac id -wate r , 
acetone-methanol , 1-octane-propionic ac id , pheno l -wate r , and fo rmic 
ac id -wate r . Aqueous systems have been choices for such studies because 
of salt so lub i l i t y considerations. 

L i t e ra ture per ta in ing to salt effect i n v a p o r - l i q u i d e q u i l i b r i u m and 
to extractive d is t i l la t ion us ing salt effect was recent ly r ev i ewed b y F u r t e r 
and C o o k (10 ) , a n d the theory and technica l aspects were rev i ewed b y 
Fu r t e r (11). V a p o r - l i q u i d e q u i l i b r i u m data for 188 systems conta in ing 
salt were prev ious ly c omp i l ed b y C i pa r i s (12), w h o has also pub l i shed a 
recent book w i t h Dobroserdov and K o g a n on the theory a n d pract ice of 
extractive d is t i l l a t ion b y salt effect (13). 

T h e chemistry re la t ing to the use of d isso lved salts as separat ing 
agents has not yet been fu l l y understood. A p r i n c i p a l reason for this is 
the complex i ty of effects that the salt can have, and h o w these c an vary 
not on ly f rom system to system but , more signif icantly, w i t h i n a g iven 
system as the concentrations of any or a l l of the system components are 
var ied . F o r the apparent ly s imple system defined earl ier, consist ing of 
two volat i le components p lus a d isso lved salt, the salt c ou ld theoret ical ly 
range f rom fu l l y dissociated into two types of ions to tota l ly associated. 
I f its dissociat ion is anywhere between these two extremes as i t p robab l y 
is, it exists as three species: two types of ions, p lus undissoc iated salt 
molecules. A l l three species contr ibute to the salt effect on the ac-
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42 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

t i v i t y of each vo lat i le component , a n d their parts are p r obab l y a l l 
different bu t are interre lated. Hence , the effect of a salt even i n a g iven 
system is a funct ion of its degree of d issociat ion, w h i c h i n tu rn is a 
funct ion of l i q u i d phase compos i t ion, w h i c h varies f r om po in t to po int 
w i t h i n the rect i f icat ion co lumn. 

T h e forces w h i c h cause association complexes w i t h i n the l i q u i d phase 
to f o rm m a y also differ f r om system to system and f rom salt to salt, and 
can inc lude , for example, forces such as v an der W a a l forces, electrostatic 
interact ions of attract ion and repuls ion , hydrogen bond ing , or comb ina­
tions of such forces. 

T o compl icate matters more, the associat ion tendencies of salt ions 
i n f o rming association complexes w i t h molecules of the feed components, 
besides a l ter ing their volat i l i t ies, t end to reduce the so lub i l i t y of one 
volat i le component i n the other. U s i n g the o l d m a x i m of phys i ca l chemis­
t ry that " l i k e dissolves l i k e , " the selective complex ing of the salt w i t h the 
molecules of one volat i le component over those of the other can be 
v i sua l i zed as m a k i n g the molecules of the two volat i le components chemi ­
ca l l y more d iss imi lar to each other i n so lut ion. T h e effect can be so great 
i n extreme cases that two l i q u i d phases can be made to f o rm even i n 
bo i l i ng solutions of wha t are no rma l l y h i gh l y misc ib l e l i qu ids . O n e 
example of a system where this has been observed is e thano l -water con­
ta in ing a m m o n i u m sulfate d isso lved to saturat ion. 

There are other compl icat ions. T h e salt, besides f o rming association 
complexes w i t h so lut ion molecules, poss ib ly c o u l d also alter or even 
destroy already-exist ing self-interactions of the molecules of a volat i le 
component e i ther w i t h themselves or w i t h those of the other feed com­
ponent. A n example is the associated structure i n w h i c h l i q u i d water and 
to a lesser extent some alcohols exist. T h e effects of salt ions on w a t e r -
water , wa te r -a l coho l , and a l coho l - a l coho l complex ing , for example, must 
be p ro f ound at h igher salt concentrations, a n d w i l l va ry i n a g iven system 
w i t h salt concentrat ion a n d w i t h a l coho l -wa te r proport iona l i ty i n the 
l i q u i d . A l so , associations of several, rather than just pairs , of l i q u i d - p h a s e 
species may form. T h e f u l l complex i ty of wha t in i t i a l l y seems to be a 
rather s imple system finally becomes ev ident w h e n i t is considered that the 
sum of i n d i v i d u a l effects w h i c h make u p the overa l l effect of the salt on 
the compos i t ion o f the e q u i l i b r i u m vapor even i n a g i ven system are func­
tions of the re lat ive proport ions of a l l components present a n d vary w i t h 
l i q u i d phase compos i t ion over the entire range invo l ved i n the separat ion. 

Var ious theories have been proposed a n d tested to exp la in salt effect 
i n v a p o r - l i q u i d e q u i h b r i u m , i n c l u d i n g models based o n hydra t i on , inter­
n a l pressure, electrostatic interact ion, a n d van der W a a l forces. A l t h o u g h 
the electrostatic theory of D e b y e as modi f i ed for m i x e d solvents has h a d 
l im i t ed success, no single theory has yet been able to account for or to 
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3. F U R T E R Salt Effect 43 

pred ic t salt effect on v a p o r - l i q u i d e q u i l i b r i u m f rom pure-component 
propert ies alone. Prev ious investigators have general ly agreed that such 
effects are caused b y a complex i ty of forces a n d interact ions, no one of 
w h i c h has been f ound signif icant enough i n re lat ion to a l l of the others 
to correlate w e l l other than i n extremely l im i t ed c ircumstances. 

Nevertheless, this ab i l i t y of a salt, w h i c h is not present i n the vapor 
phase, to alter vapor composi t ion, has not w h o l l y escaped indus t r i a l 
at tent ion a l though its appl icat ions have been re lat ive ly l im i t ed . 

Some Applications 

D o n a l d F . O thmer wh i l e at Eas tman K o d a k d u r i n g the 1920's experi­
mented us ing salts to concentrate acet ic a c i d (14 ) . H e also deve loped an 
indus t r ia l process for d i s t i l l ing acetone f rom its azeotrope w i t h methano l 
b y pass ing a concentrated ca l c ium ch lor ide br ine d o w n the rect i f icat ion 
co lumn ( J 5 ) . Pure acetone was condensed overhead, and acetone-free 
methano l was recovered i n a separate s t i l l f r om the b r ine w h i c h was then 
recyc led . T h e i m p r o v e d O t h m e r rec i rcu la t ion s t i l l (16) has been the 
apparatus general ly favored b y investigators w h o have s tud ied the effects 
of salts on v a p o r - l i q u i d e qu i l i b r ium . 

C o o k and F u r t e r (17, 18) repor ted the results of a semiworks study 
i n w h i c h aqueous ethanol feedstocks were fract ionated i n a 12-tray bubb l e 
cap c o l u m n i n an extractive d is t i l la t ion us ing potass ium acetate as the 
separat ing agent. A me thod was deve loped i n w h i c h the salt was f ed as 
a granular so l id b y posi t ive-displacement meter ing screw to the hot reflux, 
a l l ow ing salt to be fed successfully at a steady rate w i thout back f low 
or loss of vapor and avo id ing any c logg ing of salt b y condensed vapor 
du r ing feeding. R a p i d d isso lv ing of the salt i n the reflux was achieved 
b y establ ishing a fluidized b e d of d isso lv ing salt at the salt feedpoint. N o 
entra inment of salt into the overhead p roduc t was encountered. T h e 
azeotrope was e l im ina ted complete ly b y as l i t t le as 5 mole % salt present 
i n the l i q u i d phase, a l l ow ing 9 9 . 9 % + anhydrous a lcohol , complete ly 
salt-free, to be p roduced f r om even re lat ive ly d i lu te feedstocks i n the 
12-tray co lumn. T h e l o w salt concentrat ion r equ i r ed is i n s t r ik ing con­
trast to the 1:1 to 4:1 range of t yp i ca l so lvent- feed rat io r equ i r ed for this 
system us ing l i q u i d separat ing agents even w i t h h i gh l y concentrated 
ethanol feedstocks. 

F o r many years D E G U S S A i n G e r m a n y l icensed a technique k n o w n 
as the H I A G process (19, 20) for d i s t i l l i ng absolute ethanol , us ing m i x ed 
acetate salts as the separat ing agent, i n the days w h e n ethanol was used 
as a fue l upg rad ing add i t i ve i n automot ive gasolines p roduced i n cer ta in 
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countries. Ove r 100 such plants were bu i l t between 1930 a n d 1950. Users 
c l a imed lower cap i ta l costs and lower energy requirements i n compar ison 
w i t h convent ional processes w h i c h use benzene or ethylene g l yco l as the 
separat ing agent, a n d the 99 .8% ethanol p roduced r equ i r ed no further 
pur i f y ing or solvent knockback to r i d i t of traces of separat ing agent. 

A n example of a commerc ia l extractive d is t i l la t ion operat ion i n cur­
rent major use us ing a salt is the concentrat ion of aqueous n i t r i c a c id us ing 
magnes ium nitrate as the separat ing agent instead of the earl ier process 
w h i c h h a d used a l i q u i d separat ing agent, sul fur ic ac id . P r i n c i p a l 
developers of this process have been Hercu les and Tennessee Eas tman 
i n the U n i t e d States and Imper i a l C h e m i c a l Industr ies i n B r i t a in . H e r ­
cules, w h i c h insta l led the process at Pa r l i n , N . J . , 13 years ago, c la ims 
several strong advantages for us ing magnes ium nitrate, a salt, as the 
separat ing agent instead of sul fur ic a c id (21). T h e y report operat ing 
costs r educed by ha l f large ly through savings i n r educed energy require­
ments, cap i ta l costs r educed 30 to 4 0 % , a h igher y i e l d of p roduct at 
h igher qua l i ty , and less po l lu t i on of the atmosphere. 

O the r indus t r ia l appl icat ions have existed, and these are r ev i ewed 
elsewhere (10). 

Conclusions 

Extrac t i ve d is t i l la t ion us ing a d isso lved salt i n p lace of a l i q u i d 
solvent as the separat ing agent is an unusua l un i t operat ion for app l i ca ­
t ion i n certa in specific systems where re lat ive ly sma l l concentrations of 
salt are capable of a l ter ing cons iderably the v a p o r - l i q u i d e q u i l i b r i u m re la­
t ionship. T h e systems to w h i c h the technique is app l i cab le are re lat ive ly 
l im i t ed i n number b y the ava i lab i l i t y of an effective salt for a g iven system 
w h i c h is adequate ly so luble i n the system over the compos i t ion range i n ­
vo l ved and is selective. W h e r e app l i cab le , however, the effect can some­
times be very large and as a result c an great ly reduce the amount of 
separat ing agent r equ i red , a long w i t h y i e l d ing an overhead product com­
plete ly free of separat ing agent d i rec t ly f rom the top of the c o lumn 
w i thout the requirement for a knockback section. Th i s t echn ique is 
deserv ing of more attent ion than the relat ive obscur i ty to w h i c h i t has 
been relegated to date. 
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Rapid Screening of Extractive Distillation 
Solvents 

Predictive and Experimental Techniques 

DIMITRIOS P. TASSIOS 

Newark College of Engineering, Newark, N. J. 07102 

Rapid predictive and experimental techniques for screen-
ing extractive distillation solvents are reviewed. In pre­
paring a list of potential solvents the method of Scheibel 
is recommended for non-hydrocarbon systems; for hydro­
carbon systems solvents of high polar cohesive density 
should be considered. For screening the potential sol­
vents the method of Pierotti, Deal, and Derr is recom­
mended. If it is not applicable, the method of Helpinstill 
and Van Winkle should be considered next. Finally, re­
liable screening is accomplished through a simple, rapid 
technique recently developed that uses gas-liquid chro­
matography. 

" E x t r a c t i v e and azeotropic d is t i l la t ion i n different types of chemica l 
indus t ry has become more impor tant as more separations of c lose-boi l ­

i n g mixtures and azeotropic ones are encountered. Ex t rac t ive d is t i l la t ion 
is used more because i t is general ly less expensive, s impler , a n d can use 
more solvents than azeotropic d is t i l la t ion . Solvent selection for azeotropic 
d is t i l la t ion has recent ly been discussed b y B e r g ( I ) . Therefore, solvent 
screening for extractive dis t i l la t ion is discussed here. 

T h e ease of separation of a g iven mixture w i t h key components i 
a n d / is g iven b y the relat ive vo la t i l i ty : 

where χ is the l i q u i d phase mole fract ion, y is the vapor phase mole 
fract ion, y is the ac t iv i ty coefficient, a n d P ° is the pure component vapor 
pressure. 
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T h e solvent is in t roduced to change the re lat ive vo la t i l i t y (α# ) as far 
away f rom one as possible. S ince the rat io (P°i/P° ;) is constant for sma l l 
temperature changes, the on ly way that the re lat ive vo la t i l i t y is affected 
is b y in t r oduc ing a solvent w h i c h changes the rat io ( y i/γ, ) . Th i s rat io , i n 
the presence of the solvent, is ca l l ed select iv i ty (S^) : 

Sii— [yi/r;] solvent (2) 

I n some cases a signif icant change i n operat ing pressure, and hence 
temperature, changes enough to e l iminate an azeotrope ( 2 ) . 

Besides a l ter ing the relat ive vo lat i l i ty , the solvent shou ld also be 
easily separated f rom the dis t i l la t ion products . Other criteria—e.g., 
toxicity, cost, e tc .—discussed b y V a n W i n k l e (2 ) and others must be 
considered. Re lat ive vo la t i l i ty enhancement is discussed i n this paper. 

Select ing the proper solvent b y cons ider ing this cr i ter ion is s t i l l based 
on emp i r i ca l approaches because of the large non idea l i ty of the resul t ing 
mixtures. However , general selection patterns and r a p i d exper imenta l 
techniques have been made avai lable th rough the years. Th i s paper 
presents a rev i ew of some of these methods to faci l i tate the solvent 
selection process i n the chemica l industry . Qua l i ta t i ve aspects are first 
considered, fo l l owed b y emp i r i ca l correlations and r a p i d exper imenta l 
techniques. 

Qualitative Considerations 

Since the type of solutions encountered i n extractive d is t i l la t ion 
invo lve mixtures of po lar compounds or polar w i t h nonpo lar ones, the 
solutions are usual ly nonidea l , and pred i c t ing the phase e q u i l i b r i u m 
f rom pure component data on ly is pract i ca l l y impossible . Theore t i ca l and 
exper imenta l studies through the years, however , have establ ished certa in 
trends w h i c h are used to search for and screen potent ia l solvents. 

Non-Hydrocarbon Mixtures: The Scheibel Method. Sche ibe l (3 ) has 
suggested that the proper solvent can be f ound among the members of 
the homologous series of either key components, i or / close to one ) . 
A n example presented b y Sche ibe l . (3 ) best demonstrates this approach. 
Cons ide r ing the separation of the methanol -acetone azeotrope, the poten­
t i a l solvents accord ing to this method are presented i n Tab l e I. A n y 
member of either homologous series can be used. T h e reason b e h i n d this 
approach is that wh i l e the members of a homologous series fo rm essen­
t ia l ly i dea l solutions, they f o rm non idea l solutions w i t h the other com­
ponent. F o r example wh i l e methano l forms essential ly i dea l solutions 
w i t h ethanol , 1-propanol, a n d 1-butanol, acetone forms increasingly 
non idea l solutions w i t h them. W h i l e the par t i a l pressure of methano l 
decreases i n the presence of a h igher a lcoho l , that of acetone increases. 
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Table I. Potential Solvents for the Acetone "-Methanol 6 Separation 

Solvent B.P., °C Solvent B.P., °C 

M e t h y l e t h y l ketone 79.6 E t h a n o l 78.4 
M e t h y l η-propyl ketone 102.0 P ropano l 97.8 
M e t h y l i sobuty l ketone 115.9 Wa t e r 100.0 
M e t h y l n - a m y l ketone, etc. 150.6 B u t a n o l 117.0 

A m y l a lcohol 137.8 
E thy l ene g lyco l 197.4 

"Boiling point: 54.6°C. 
bBoiling point: 64.7°C. 

So that an azeotrope w i t h acetone does not fo rm, the a lcoho l used must 
have a h i g h enough bo i l i n g point. Th i s requirement is re l iab ly estab­
l i shed on ly i f v a p o r - l i q u i d e q u i l i b r i u m data for at least two, pre ferably 
three, of the members of the series w i t h acetone are known . T h e P i e r o t t i -
D e a l - D e r r method (4) (d iscussed later) or the Tas s i o s -Van W i n k l e 
me thod (5 ) can be used i n this case. I n the latter me thod a l o g - l o g p lot of 
y°i vs. P°i shou ld y i e l d a straight l ine. F i g u r e 1 presents results for n-alco-
hols and benzene f rom the isobar ic (760 m m H g ) data of W e h e and 
Coates (6 ) . Re l i ab l e inf inite d i lu t i on act iv i ty coefficients are establ ished 
for the other η-alcohols f rom data for at least two, a n d preferably three, of 
them. These y° values are used w i t h equations l ike those of V a n L a a r 
or W i l s o n (7 ) to generate act iv i ty coefficients at intermediate composi ­
tions and to check for an exist ing azeotrope or a dif f icult separation (x-t/ 
curve close to the 45° l i n e ) . 

F r o m the two series the one of the alcohols is preferred because here 
acetone is the overhead product and us ing a ketone causes the relat ive 
vo la t i l i ty to invert. Sche ibe l (3 ) recommends that the lowest bo i l i ng 
homolog , w h i c h does not f o rm an azeotrope, is chosen. A n alternative 
approach suggests the homolog w h i c h bare ly meets the m isc ib i l i t y re­
quirement , for this results i n h i gh select iv i ty (8). T h e choice between 
these conf l ict ing suggestions must be made on the basis of economica l 
considerations. 

Hydrocarbon Mixtures. He r e i t is usual ly not the existence of an 
azeotrope but rather the close vapor pressure of the key components 
that often necessitates us ing extractive d is t i l la t ion. 

T h e qual i tat ive cr i ter ia for solvent selection for hydrocarbon mix­
tures have been discussed by Prausni t z and Anderson (9 ) and W e i m e r 
and Prausn i t z (10). S ince a rev i ew was presented recent ly b y Tassios 
( I I ) , on ly the conclusions are discussed here. 

T h e types of possible interactions between a mix ture of hydrocarbons 
and a po lar solvent are: 

Pu
bl

is
he

d 
on

 A
ug

us
t 1

, 1
97

4 
on

 h
ttp

://
pu

bs
.a

cs
.o

rg
 | 

do
i: 

10
.1

02
1/

ba
-1

97
2-

01
15

.c
h0

04



4. T A S S I O S Extractive Distillation Solvents 49 

1. phys i ca l (d ispers ion a n d d ipo l e - induced d ipo le ) 
2. chemica l ( resul t ing f rom the format ion of loosely b o u n d aggre­

gates) 
U s i n g phys i ca l interact ion alone, Prausn i t z and Ande rson (9 ) a n d 

W e i m e r and Prausni t z (10) have deve loped this s impl i f i ed expression 
for hydrocarbon selectivity, S° 23, at inf inite d i lu t i on i n a solvent: 

lnS°2s oc ( r x W e - V a ) (3) 

where η is the po lar cohesive energy density of the solvent, w h i c h is re-
re lated to the po lar i ty and the molar vo lume of the solvent. References 10 
a n d 11 exp la in h o w to ca lculate τ. T h e select iv i ty is higher, the larger the 
difference i n molar vo lume between the hydrocarbons and the larger the 
po lar cohesive energy densi ty ( τ ) of the solvent. Prausni t z a n d coworkers 
(9, 10), Gerster and his coworkers (12 ) , P ier ro t i , D e a l , and D e r r (13), 
and D e a l and D e r r (14) g ive exper imenta l ev idence to support the above 
conclusions. F o r example, the selectivities of the pa i r hexane-benzene 
at 25°C w i t h various solvents (14) are presented a long w i t h the values 
for τ χ i n Tab l e I I and p lo t ted against each other i n F i g u r e 2. He r e 

3.0L. 

l.ol I I I I I ι ι I I I I I L 
5.0 6.0 7.0 

lnP° 
Figure 1. Prediction of infinite dilution activity coefficients for numbers of a 

homologous series m a common solvent: n-Alcohols in Benzene at 1 atm 

A 7°B vs. P°B · 7°A vs. P°A 
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50 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

( V 3 - V 2 ) is constant, and the select iv i ty tends to increase w i t h τχ
2, i n d i ­

cated b y E q u a t i o n 3. 
Loose ly b o u n d aggregates ( chemica l effects) are f o rmed w i t h the 

hydrocarbons ac t ing as e lectron donors ( L e w i s base) a n d the solvents 
act ing as e lectron acceptors ( L e w i s a c i d ) . T h e hydrocarbon that 
forms the most stable complex w i t h the solvent experiences a decrease 
i n volat i l i ty . E l e c t r on donors are ra ted b y ion i za t ion potent ia l , and 
electron acceptors are ra ted b y the ir e lectron affinities. The select iv ity 
w i l l be higher , the larger the difference i n ion iza t ion potent ia l between the 
hydrocarbons and the larger the e lectron affinity of the solvent (9 ) . 
W h i l e data on ion i za t ion potentials of hydrocarbons can be f ound 
(15, 16), e lectron affinities da ta are rare because of difficulties i n their 
exper imenta l determinat ion. Prausn i t z a n d Anderson (8) r e commend 
that the s i gma scale, proposed b y H a m m e t t (17), be used to determine 
approx imate ly the so lvents re lat ive ab i l i t y to f o rm complexes w i t h the 
two hydrocarbons. At tempts b y this author, however , to use this scale 
were not conclusive. Prausn i t z and Anderson (8) shou ld be consulted to 
unders tand better the phys i ca l and chemica l effects. 

The Effect of Solvent and Solute Concentration. T h e effect of solvent 
concentrat ion on select iv ity is qua l i ta t i ve ly descr ibed b y three types (2, 
11 ) shown i n F i g u r e 3. 

I n the first type the select iv i ty increases almost l inear ly w i t h solvent 
concentrat ion, and this seems to represent the predominant pat tern (18, 
19). I n the second type the select iv i ty increases more than l inear ly w i t h 
solvent concentrat ion, bu t it is ha l t ed b y immisc i b i l i t y at h i g h solvent 
concentrat ions (20). T h e t h i r d type shows a m a x i m u m a n d is an unusua l 
pattern. O n e such case was observed b y Hess et al. (21) i n s tudy ing the 
separat ion of 1-butane f rom butenes-2 w i t h the fur fura l solvent ( 96 .5% 

Table II. Selectivities and Polar Cohesive Energy Densities for the 
Hexane (l)-Benzene (2) System at 25°C (12) 

Solvent S°2J Tt(cal/cc)m 

M E K 3.6 5.33 
Acetone 3.8 6.14 
P y r i d i n e 5.2 3.71 
A n i l i n e 12.2 6.37 
Ace ton i t r i l e 9.4 8.98 
Prop ion i t r i l e 6.5 7.17 
N i t romethane 15.0 9.44 
Ni t robenzene 5.8 4.89 
Pheno l 6.0 9.84 
F u r f u r a l 10.9 7.62 
D ime thy l - su l f ox ide 22.0 9.47 
D i m e t h y l formamide 12.5 8.07 
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Figure 2. Variation of selectivity with solvent's polar cohesive density; 
system: hexane (l)-benzene (2) at 25°C (12) 

we ight fur fura l and 3 . 5 % wa te r ) . Howeve r , Gerster et al (22) report 
that select iv i ty increased w i t h solvent concentrat ion for the system 
butane-butene-1 w i t h pure fur fura l as solvent. Cons ide r ing the extensive 
exper imenta l wo rk of the second study, the results shou ld be considered 
more re l iable . Ano the r case involves the separat ion of e thy l benzene f rom 
e thy l cyclohexane w i t h hexylene g l yco l as solvent (23 ) . T h e m a x i m u m 
appears i n this case i f definite, and the data are reproduced . Th i s decrease 
i n select iv i ty at h igher solvent concentrat ion results f r om the h igher 
temperatures resul t ing f rom larger solvent concentrat ion, for as tem­
perature increases, select iv i ty decreases. 

Select iv i ty is also affected b y the relat ive concentrations of the key 
components. I f component ( 1 ) forms a more non idea l so lut ion w i t h the 
solvent than component ( 2 ) , a decrease i n Xi w i l l affect y χ m u c h more 
than a decrease of x2 w i l l affect y2. Hence , as X i decreases, οi2 increases 
more r ap id l y than w h e n x2 decreases. Expe r imen ta l ev idence (19, 20) 
clear ly shows this. F o r example, consider h o w propano l affects the re la­
t ive vo la t i l i ty of the n-hexane ( l ) - b e n z e n e (2 ) system. Hexane forms a 
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Solvent Mole Fraction 
0 0 0.2 04 06 08 1 0 

0.0 0 2 0.4 0.6 0 8 1.0 
Solvent V o l u m ^ y d r e e V o | 

Figure 3. Variation of refotive volatility with solvent amount. 
Hydrocarbon ratio is 1:1. P: Constant. 

• ethylcyclohexane (l)-ethyl benzene (2)/hexylene glycol (22) 
A n-hexane (l)-~benzene (2)/l-propanol (18) 
φ 2-4 dimethylpentane (l)-benzene (2)/aniline (19) 

more non idea l system w i t h p ropano l than benzene (19 ) . A s the rat io 
(xi/xo) decreases, Si 2 increases. Th i s was observed exper imental ly (19) 
(see F i g u r e 4 ) . 

Mixed Solvents Effect. U s i n g m ixed solvents can improve selectivity. 
F o r example, add ing sma l l amounts of water has improved the selectivity 
of fur fura l i n separat ing C 4 hydrocarbons (24). Baumgar ten and Gerster 
(25) have s tud ied h o w various solvents affect the select ivity of fur fura l 
for the pentane-pentene pair . They conc luded that for on ly a f ew solvents 
some improvement was observed. T h e resul t ing select iv i ty lies between 
the select iv i ty of the pure solvents ( see Tab l e III ). T o avo id immisc i b i l i t y 
at h i gh solvent concentrations, a second solvent is sometimes added (25 ) . 

The Effect of Temperature. T h e temperature effect on select iv i ty is 
g iven by : 
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4. T A S S I O S Extractive Distilfotion Solvents 53 

d(logS°12) _ L \ - L \ 
tf(l/T) ~ 2.303R v ' 

where L°k is par t i a l mo lar heat of so lut ion, component k at infinite d i l u ­
t i on i n the solvent. 

F o r hydrocarbon pairs i n different solvents and over moderate tem­
perature ranges (to 100°C) , a l inear dependency of l og S ° i 2 on (1/T ) 
can be assumed (12, 14, 26). A n example is shown i n F i g u r e 5, where 
log S° for the hexane-benzene pa i r i n five different solvents is p lo t t ed 
against the rec iproca l absolute temperature. T h e re lat ionship can be 
considered l inear for engineer ing appl icat ions. Select iv i ty decreases w i t h 
increas ing temperature, and this explains the unusua l m a x i m u m i n the 
var ia t ion of select ivity w i t h solvent concentrat ion shown b y the system 
e thy lbenzene-e thy l cyclohexane w i t h hexy leneg lyco l as solvent ( F i g ­
ure 3 ) . 

30 

i.ol ι I I I ι I 1 1 1— 
0.0 0 2 0 4 0.6 0 8 1.0 

M. Van Winkle, "Distillation," McGraw-Hill 
Figure 4. Variation of relative volatility with composition (2) . Sys­

tem: hexane (l)-benzene (2)/l-propanol (3) at 760 mm (18). 

x,/x2: · 1:3, A 1:1, • 3:1 
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Table III. Selectivity of Pure and Mixed Solvents 

Solute 

n-Pentane(3 ) 

1-Pentene(2) 

Mixed Solvents 
B ; Vol% sa 

A Β 
B ; Vol% sa 

M e t h y l Cel loso lve N i t romethane 0 1.69 
M e t h y l Cel loso lve N i t romethane 5 1.70 
M e t h y l Cel loso lve N i t romethane 100 2.49 

P y r i d i n e -Buty ro lac tone 0 1.60 
P y r i d i n e -Buty ro lac tone 32.1 1.79 
P y r i d i n e -Buty ro lac tone 100 2.17 

E t h y l me thy l ketone -Butyro lac tone 100 2.17 
E t h y l me thy l ketone -Buty ro lac tone 50 1.79 
E t h y l me thy l ketone -Buty ro lac tone 0 1.62 

Ace ton i t r i l e W a t e r 0 1.64 
Ace ton i t r i l e W a t e r 50 1.34 
Ace ton i t r i l e Wa t e r 100 .98 

Propane (3) 
Propy lene (2) 

α Acetonitrile-water data from Reference 41, all others from Reference 

Quantitative Methods 

Infinite d i lu t i on act iv i ty coefficients are pred ic ted by several methods 
(4,5,10, 27,28, 29, 30, 31). T h e most general are the P i e r o t t i - D e a l - D e r r 
method (4 ) , the parachor method (27 ) , and the W e i m e r - P r a u s n i t z 
me thod (10), modi f ied b y H e l l p i n s t i l l and V a n W i n k l e (28). Since 
accuracy is l im i t ed i n these methods and noninf inite d i lu t i on cond i ­
tions preva i l i n ac tua l operations, the infinite d i lu t i on act iv i ty coefficients 
obta ined should only be used for screening purposes. 

Pierotti-Deal-Derr Method (4). Infinite d i lu t i on act iv i ty coefficients 
( γ ° ) of s t ructura l ly re lated systems are corre lated i n this method to the 
number of carbon atoms of the solute a n d solvent (nx and n^). F o r the 
members of the homologous series H ( C H 2 ) w l X i (solute) i n the members 
of the homologous series H ( C H 2 ) „ 2 Y 2 : 

log yox _ A + l l + B 2 ^ + ^ + Dofa-n*)* (5) 
n2 no U\ 

where the constants are functions of temperature, B 2 and F 2 are functions 
of the solvent series, Cx is a funct ion of the solute series, Alt2 is a funct ion 
of both, and DQ is independent of both. 

F o r zero members of a series—e.g., water for a l coho ls—no infinite 
va lue for y° is obta ined. Instead, b y convent ion, any terms conta in ing 
an η for the zero member are incorporated i n the corresponding coeffi­
cient. So for η-alcohols i n water : 
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4. T A S S I O S Extractive Distilhtion Solvents 55 

log y\ = Κ + B 2 % + CJnx (6) 

No t i ce that the term D0 ( % - n 2 ) 2 was incorporated into the Κ 
constant because D G is smal ler than the other coefficients b y a factor of 
10 3 ; therefore, this te rm is insignif icant. I n E q u a t i o n 6 on ly Κ is a func­
t ion of the solute and solvent, as stated before. B 2 is a lways the same 
w h e n water is the solvent and C i is the same for η-alcohol solutes. Th i s 
is shown better f rom the f o l l ow ing homologous series i n water at 100°C: 

η-Alcohols: log y\ = - 0 . 4 2 0 + (0.517)% + (0.230)/% 

η-Aldehydes: l o g y ° 1 = - 0 . 6 5 0 + ( 0 . 5 1 7 ) % + (0.32)/% 

T h e coefficient Β is the same i n bo th cases. 
E q u a t i o n 6 assumes a different fo rm for cyc l i c compounds i n a fixed 

solvent. F o r una lky la ted cyc l i c (aromat ic and/or naphthen ic ) hydro ­
carbons i n fixed solvents: 

log y\ = Κ + Bana + Bnnn + C r [ l / r - 1] (8) 

where Ba and Bn are solvent dependent constants, Cr is constant, 
depend ing on the type of ring ( d ipheny l l i ke or naphtha lene l ike ) , r is the 
number of r ings, and na and η% are aromatic and napthen ic carbon n u m ­
bers, respectively. F o r example for d ipheny l l i ke hydrocarbons i n pheno l 
at 25°C: 

l o g y \ = 0.383 + 0.1421 na + 0 .2406n n + 1.845[ l/r - 1] (9) 

3 0 I ~ 1 

1.0 I 
I.JU 

Figure 5. Dependence of selectivity on temperature. System: hexane (1}-
benzene (2). φ nitrobenzene, A acetonitrile, + furfural, ψ dimethyl sulfolane, 

Ο diethylene glycol 
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Corre lat ions for various systems, deve loped b y us ing exper imenta l 
data on 265 systems, are avai lable ( I I , 26 ) . T h e relat ionships used, the 
numer i ca l values of the constants, and the ca lcu lated and exper imenta l 
values for y° are avai lable (13) and shou ld be used to study solvent 
selection. 

The Parachor Method (27 ) . Infinite d i lu t i on act iv i ty coefficients are 
obta ined accord ing to this method f rom the fo l l ow ing re lat ionship ( 27 ) : 

10^-^άκτ^1/2-€υ^2 (10) 

where 17* is potent ia l energy of component i ca lcu lated f r om: C7< · = 
(AH V ap ) i — R T , ΔΗ ν Λ ρ is entha lpy of vapor izat ion, ca l/gram mole, C is a 
constant, a funct ion of temperature, the parachor rat io of the two com­
ponents, and the number of carbon atoms i n the solute and solvent 
molecules; R is the gas constant. 

E q u a t i o n 10 generalizes the expression of Erdos (31) app l i cab le to 
components invo l v ing the same funct ional group. Re turn ing to the con­
stant C i n E q u a t i o n 10, usua l ly the number of carbon atoms does not 
d i rect ly affect the constant. Apparen t l y this effect is corrected by the 
parachor w h i c h changes w i t h the number of carbon atoms. F o r example, 
for aromatics i n fur fura l : 

C — (0.5632 + 0.03 X 10"4*) (Pi/P2)02222 (11) 

and for naphthenes i n fur fura l : 

log C = (0.2658 + 14.53 X 10"4£) (log P i / P 2 - 0.5982) - 0.2679 (12) 

where P i is parachor of component i and t is temperature, °C. A b o u t the 
same var iety of systems, covered i n the P D D method , is covered i n this 
approach, and the expressions for C are g iven elsewhere (27 ) . 

A compar ison between the P D D and the parachor method seems to 
suggest that the latter is no worse than the former, a n d often better (27 ) . 
F o r the systems considered, the parachor method gives lower m a x i m u m 
deviat ions i n 11 cases, the P D D i n 7. A lso , the authors of the parachor 
method c l a im better accuracy w h e n extrapolat ion w i t h respect to tempera­
ture is required . F o r example, the case of n-heptane (1 ) i n 1-butanol (2 ) 
is c i ted. Va lues for y° ca lcu lated b y extrapolat ing the P D D constants 
to temperatures rang ing f rom 114.5°C-171.9°C y i e ld error rang ing f rom 
1 0 0 - 2 0 0 % ; the errors for the parachor method range between 0 .5 -3 .6% . 
However , this is the on ly compar ison avai lable (27) and may not always 
be va l i d . T h e parachor values are est imated for different compounds by 
a group contr ibut ion method (32, 33). 

The Weimer-Prausnitz (WP) Method (10). Start ing w i t h the H i l d e -
b r a n d - S c h a t c h a r d mode l for nonpolar mixtures (34), W e i m e r and Praus-
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4. T A S S I O S Extractive DistiUation Solvents 57 

n i t z deve loped an expression for eva luat ing values of hydrocarbons i n 
po lar solvents: 

R T lny°2 - ν 2 [ ( λ χ - λ 2 ) 2 + η 2 - 2ψ12] + 

R T [ In V 2 / V i + 1 - V 2 / V 1 ] (13) 

where V * is the molar vo lume of pure i, cc/gram mole, λ* is the nonpolar 
so lub i l i ty parameter, component i , and r{ is the po lar so lubihty parameter, 
component i . T h e subscr ipt 1 represents the polar solvent and subscr ipt 
2 is the hydrocarbon solute w i t h 

f 1 2 — f c ' n 2 (14) 

La t e r H e l p i n s t i l l and V a n W i n k l e (28) suggested that E q u a t i o n 13 
is improved by cons ider ing the smal l po lar so lub i l i ty parameter of the 
hydrocarbon (olefins a n d aromat i cs ) : 

R T Z n y o 2 - V 2 [ ( A i - λ 2 ) 2 + ( η - τ * ) 2 - 2ψ 1 2 ] + 

R T [ l n V 2 / V 1 + 1 - V 2 / V 1 ] (13a) 

A l so E q u a t i o n 14 becomes: 

ψ12 = 1ϊ(τ1 - τ 2 ) 2 (14a) 

T h e value of k was obta ined b y curve-f i t t ing exper imental infinite 
d i lu t i on act iv i ty coefficients of paraffins, olefins, and aromatics i n several 
po lar solvents. T h e value of k for each hydrocarbon group is g iven i n 
Tab l e IV . The values for λ { are taken f rom plots (28 ) . T h e method for 
ca lcu la t ing ^ is also ava i lab le (28 ) . 

T h e term ψ12 corresponds to the induc t i on energy between the po lar 
and nonpolar , or s l ight ly polar, species. Since no chemica l effects are 
inc luded , the corre lat ion shou ld not be used for solvents showing strong 
hydrogen bond ing . 

Rapid Experimental Techniques 

The safest method used to choose extractive d is t i l la t ion solvents is 
to measure d i rect ly mul t i component v a p o r - l i q u i d e qu i l i b r i um data of 
the components invo l ved w i t h the solvents be ing considered. Th i s , how­
ever, is a tedious, t ime consuming approach. There are r a p i d exper imental 
techniques w h i c h can at least be used i n the screening stage of selecting 
the solvent. T w o methods are discussed here; bo th use g a s - l i q u i d chro­
matography, and they are s imple and rap id . The first (35) is on ly used 
to screen; the second (36), besides screening, gives infinite d i lu t i on re la­
t ive volat i l i t ies. B o t h methods require a solvent w i t h a lower vapor 
pressure than the solutes as i n extractive d is t i l la t ion. 
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Table IV. Values for k in Equation (14a) 

System k 
% Average Absolute 

Error in γ° 

Paraffins 
Olef ins 
A romat i c s 

0.399 
0.388 
0.447 

11.6 
8.5 

13.5 

Screening Solvents through G L C . I n g a s - l i q u i d chromatography 
( G L C ) separat ing mixture components is based on the par t i t i on ing 
l i q u i d be ing able to interact w i t h different strengths w i t h them, a long 
w i t h the vapor pressure differences. T h e same is true for an extractive 
d is t i l la t ion solvent. It seems log ica l , therefore, that extractive d is t i l la t ion 
solvents c ou ld be rated on their per formance as par t i t i on ing l i qu ids w i t h 
the mix ture under considerat ion. 

W a r r e n et al. (37) and Sheets and Marche l l o (38) have suggested 
us ing g a s - l i q u i d chromatography to s tudy extractive d is t i l la t ion solvents. 
I n the first s tudy (37) an i n d i v i d u a l c o l u m n was prepared for each solvent 
b y us ing this solvent as a par t i t i on ing l i q u i d . It is a tedious, t ime-
consuming method and was restr icted to solvents of h i g h bo i l i ng point . 
F i n a l l y the exper imenta l ev idence based on l im i t ed data is not conclusive. 
Sheets and Marche l l o (38) s ignif icantly s impl i f ied it b y rep lac ing the 
prepar ing of i n d i v i d u a l co lumns for each solvent w i t h d i rect ly in ject ing 
the solvent i n a chromatograph conta in ing a general purpose co lumn. 
N o exper imenta l ev idence was g iven to support app l y i ng G L C to rate 
extractive d is t i l la t ion solvents. Recent ly Tassios (35) has p roved that 
the method is effective for screening. 

T h e technique consists of inject ing a certa in amount (e.g., 3 cc ) of 
the solvent be ing considered into the chromatograph conta in ing a general 
purpose c o lumn or a co lumn conta in ing an inert support . Next , four or 
five 5-ml samples of a mixture of the key components are injected, and 
the separat ion factor, F12, is measured for each sample : 

where D{ is distance between air peak and peak for component i as shown 
i n F i g u r e 6. 

T h e obta ined values of F12 for these samples are p lo t ted against 
t ime f rom solvent inject ion to establ ish the m a x i m u m value for the sepa­
rat ion factor, F12 (max ) . F u r t h e r detai ls about the exper imenta l tech­
n ique are i n the or i g ina l paper (35 ) . T h e larger the va lue of F12 (max ) , 
the better the solvent can separate the mixture , ind i ca t ing a better ex­
tract ive d is t i l la t ion solvent. Th i s was veri f ied b y compar ing values for 
F12 (max ) a n d infinite d i lu t i on relat ive volat i l i t ies ( « ° i 2 ) for the system 
n-hexane—benzene w i t h six different solvents. T h e results presented i n 

F12 = D 2/£>i (15) Pu
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4. T A S S I O S Extractive Distilhtion Solvents 59 

1 
Figure 6. Evaluation of the separation factor 

Fjg 

Table V and p lo t ted i n F i g u r e 7 suggest that the larger the va lue of 
a°i2, the larger the va lue of F12 (max ) . T h e deviat ions observed w i t h 
diethylene g l yco l must result f r om the l im i t ed so lub i l i t y of n-hexane a n d 
benzene i n this solvent (35 ) . C o m p a r i n g the solvents based on the same 
vo lume is r ecommended because i t is easier and seems more conclusive. 

Infinite Dilution Relative Volatilities through G L C . I f the solvent 
amount injected i n the c o lumn is h i gh enough so that inf inite d i l u t i on 
condit ions for the injected solute preva i l , it is r ead i l y shown (38) that 
the separat ion factor becomes equa l to the infinite d i lu t i on re lat ive 
vo la t i l i t y : 

<x ij = (16) 

D o r i n g (39) has shown that infinite d i lu t i on re lat ive volat i l i t ies can 
be eva luated through G L C . H e prepared a spec ia l c o lumn for each 
solvent under considerat ion, a tedious project. A year later Sheets and 
Mar che l l o (38) showed that separat ion factors increase w i t h increased 
amounts of injected solvent. La t e r Tassios (35) f ound out the same to 

Table V. Separation Factors and Infinite Dilution Relative Volatilities 
for the System w-Hexane (l)-Benzene (2) at 67°C (35) 

Fj2° 

Solvent ο 
« 12 

0.03 gram moles Sec 

P y r i d i n e 3.70 5.85 5.40 
Prop ion i t r i l e 4.80 6.10 6.40 
F u r f u r a l 6.55 6.40 7.50 
N i t romethane 7.00 6.95 7.95 
N -me thy lpy r ro l i done 8.20 8.40 8.40 
D ie thy l eneg lyco l 9.10 4.70 4.50 

a Calculated for two solvent amounts. 

Pu
bl

is
he

d 
on

 A
ug

us
t 1

, 1
97

4 
on

 h
ttp

://
pu

bs
.a

cs
.o

rg
 | 

do
i: 

10
.1

02
1/

ba
-1

97
2-

01
15

.c
h0

04



60 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

be true bu t observed that at h igher solvent amounts, 5 -6 cc for the co l ­
u m n used i n that study, the separat ion factor seems to l eve l off approach­
i n g the infinite d i lu t i on va lue w h i c h was f ound f rom static measurements. 
I n a later s tudy Tassios (36) used a 6 ft c o lumn conta in ing only chromo-
sorb G and a 10 ft c o lumn conta in ing glass beads and f ound that constant 
values for the separat ion factor were obta ined at solvent levels equa l or 
above 2.0 cc. F o r four solvents w i t h two hydrocarbon b inary mixtures, 
the separation factor measured at 2 cc of solvent agree w e l l w i t h experi­
menta l infinite d i lu t i on relat ive volat i l i t ies. T h e m a x i m u m dev iat ion was 
2 3 . 8 % , the m i n i m u m 3 . 1 % . Th i s approach of d i rect solvent inject ion 
el iminates the tedious c o lumn preparat ion. 

4 

• 

1 3 5 7 9 C*Ï2 

^ Hydrocarbon Processing 
Figure 7. Relationship between maximum separation factors and 
infinite dilution rehtive volatilities for the system: n-hexane-benzene 

with various solvents at 67°C (35) 
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4. T A S S I O S Extractive Distilfotion Solvents 61 

Figure 8. Variation of selectivity with solvent's polar cohesive 
energy density 

φ propane (l)-propene (2) at 27°C (24) 
Δ pentane (l)-pentene (2) at 25°C (10) 

J . butyronitrile 2. acetone 3. propionitrile 
4. acetonitrile 5. furfural 6. DMF 

LHscussion 

T h e cr i ter ion of h i gh solvent po lar i ty should be caut iously app l i ed 
( E q u a t i o n 3 ) i n prepar ing a l ist of prospect ive solvents. There are 
exceptions among solvents show ing hydrogen bond ing w h i c h produces 
h igher values of po lar cohesive energy density than the phys i ca l interac­
tions alone. Th i s explains, for example, the re lat ive ly l ow selectivities ob­
served w i t h the two ketones a n d pheno l ( Tab l e I I and F i g u r e 2 ) . H a n s o n 
and V a n W i n k l e (40) made a s imi lar observat ion for 2-butanol w i t h the 
b inary hexane-hexene-1. A s a general ru le solvents showing strong 
hydrogen bond ing affect l ow selectivities. Ano the r exception to the above 
cr i ter ion is presented i n F i g u r e 8 where In S° for the propy l ene -propane 
pa i r w i t h six different solvents at 27°C (41) is p lo t ted against τ 2 . D e ­
creasing select ivity tends to occur w i t h increas ing solvent po lar cohesive 
energy density. I n the same figure the data on pentane-pentene (12) 
w i t h the same solvents are also p lot ted. H e r e a clear t rend of increas ing 
selectivity w i t h increasing solvent po lar cohesive energy density is ob-
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62 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

served. Because of the s imi lar i ty be tween the two hydrocarbon pairs 
and because the data on the C 5 pa i r are suppor ted b y further exper imenta l 
ev idence (39 ) , the C 3 data are of quest ionable accuracy. 

T h e pred ic t ive techniques are rather accurate. However , signif icant 
errors have been observed i n f ew cases (4, 13, 27, 40). N o direct com­
par ison between the three pred ic t ive methods is avai lable . T h e authors 
of the parachor method (27) c l a i m that their method y ie lds equa l or better 
results than the P D D method for the cases considered i n their study; i t is 
be l i eved (42), however, that the latter is more re l iab le and i t is recom­
mended . T h e W e i m e r - P r a u s n i t z method probab ly gives less accuracy 
than the P D D method, but i t is more general. F o r example, H a n s o n a n d 
V a n W i n k l e (40) report that the ir data on the hexane-hexene pa i r were 
not successfully corre lated b y the W P method. T h e H e l p i n s t i l l - V a n 
W i n k l e modi f icat ion is recommended over the W P method. Recent ly , 
N u l l and Pa lmer (43) have presented a modi f icat ion of the W P method 
w h i c h provides better accuracy but it is less general. T h e P D D method 
shou ld be used caut iously w h e n extrapolat ion w i t h respect to tempera­
ture is used (27). W h e n the G L C method is used, re l iable results are 
expected. Eva lua t i on of inf inite d i lu t i on relat ive volat i l i t ies is recom­
mended (36). 
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Azeotropic Distillation Results from 
Automatic Computer Calculations 

CLINE BLACK, R. A. GOLDING, and D. E. DITSLER 

Shell Development Co., Emeryville, Calif. 94608 

In azeotropic distillation the added component, or entrainer, 
is taken overhead with one of two or more components 
being separated in a distillation column. If a second liquid 
phase forms upon condensing the overhead vapors, the 
entrainer-rich phase is refluxed or recycled back to the col­
umn. The other liquid phase is discarded, recycled to some 
suitable point in the plant, or processed further to recover 
dissolved components before being discarded. Methods pre­
sented earlier by one of the authors are applied to calculate 
two and three phase equilibria required in a computer pro­
gram for calculating azeotropic distillations. A brief descrip­
tion of the program is given; a sample output is listed and 
described. Calculated results for dehydrating aqueous etha­
nol mixtures are compared for the entrainers, n-pentane, 
benzene, and diethyl ether. Column flows, heat loads, and 
stage requirements are lowest for n-pentane. The entrain­
ers are rated in decreasing order of suitability: n-pentane, 
benzene, and diethyl ether. 

T^Vis t r i bu t i on of components be tween separable phases is the basis for 
**** most c o m m o n l y used separation methods. Regardless of the type of 
separation step, its design depends on accurate d is t r ibu t ion coefficients 
for the components be tween the contact ing phases. These are g iven i n 
composit ions or more fundamenta l properties of the e q u i l i b r i u m phases. 

In d is t i l la t ion the components are d is t r ibuted between separable 
vapor and l i q u i d phases. T h e d is t r ibu t ion coefficients or Κ values are 
the ratios of the v a p o r - l i q u i d composi t ions i n the e q u i l i b r i u m phases. 
T h e y are expressed as the l i q u i d phase ac t iv i ty coefficients, γ / s , the vapor 
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5. B L A C K , GOLDiNG, A N D D I T S L E R Computer Calcufotions 65 

pressures of the pure components Ρ*° s, the tota l pressure P, and the 
imperfect ion-pressure coefficients 0/s, as 

T h e relat ive d is t r ibut ion of components i and ; is 

an = KJKt - y iP 4 ° β , / τ Λ 0 * (2) 

Azeo t rop i c d is t i l la t ion is accompl i shed b y add ing to the l i q u i d phase 
a volat i le th i rd component w h i c h changes the vo la t i l i ty of one of the two 
components more than the other, so the components are separated b y 
dist i l la t ion. T h e two components to be separated often are close bo i l i n g 
components w h i c h do or do not azeotrope i n the b inary mixture , bu t 
sometimes they are components w h i c h do azeotrope a l though they are 
not close bo i l i ng components. 

T h e added th i r d component, sometimes ca l l ed the entraîner, may 
form a ternary azeotrope w i t h the two components be ing separated. 
However , i t must be sufficiently volat i le f r om the so lut ion so that i t is 
taken overhead w i t h one of the two components i n the dist i l lat ion. I f 
the entraîner and the component taken overhead separate into two l i q u i d 
phases w h e n the vapor overhead is condensed, the entraîner phase is 
ref luxed back to the co lumn. T h e other phase can be fract ionated to 
remove the disso lved entraîner and the res idua l amount of the other 
component before i t is d iscarded. A l ternat ive ly , this second l i q u i d phase 
is recyc led to some appropr iate p lace i n the m a i n process scheme. 

Azeo t rop ic d is t i l la t ion has often been discussed i n recent l i terature 
( J , 2, 3 ) . Me thods for p r o v i d ing phase equ i l i b r i a for azeotropic and 
extractive d is t i l la t ion have been s tud ied extensively ( J , 4, 5, 6, 7, 8,9). 
Some have discussed the des ign (JO) or ca lcu la t ion of azeotropic d is t i l l a ­
tions (2, 3 ) ; others on ly discussed choosing the entraîner for azeotropic 
d is t i l la t ion processes (11). 

A n unders tanding of the phase equ i l i b r i a invo l ved is also v i t a l i n 
choosing the entraîner. Th i s not on ly depends on k n o w i n g the pure 
component vapor pressures bu t also k n o w i n g nonideal i t ies of the com­
ponents i n the l i q u i d and vapor phases. 

T h e methods used here to give the phase equ i l i b r i a are rev iewed, and 
the Azeo t rop i c D i s t i l l a t i on P rog ram A D P / A D P L L E is descr ibed. A p p l i ­
cat ion of the p rog ram to calculate an azeotropic d is t i l la t ion p rob l em is 
shown and discussed, and a sample computer output is g iven and is 
briefly discussed. F ina l l y , ca lcu lated azeotropic d is t i l la t ion results are 
compared for dehydra t ing aqueous ethanol for the three entrainers, n -
pentane, benzene, and d i e thy l ether. 
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Phase Equilibria 

T o calculate phase equ i l i b r i a suitable for most azeotropic d is t i l la t ion 
problems, the methods shou ld be app l i cab le to three-phase equ i l i b r ia . 
V a p o r - l i q u i d and l i q u i d - l i q u i d equ i l i b r i a are usual ly requ i red . A suit­
able me thod for this purpose has a l ready been discussed (5 ) . It is app l i ed 
here to calculate complete ly a l l phase equ i l i b r i a invo l ved i n the usua l 
azeotropic d is t i l la t ion process. 

F r o m Equat i ons 1 and 2, the phase equ i l i b r i a depend upon k n o w i n g 
the pure component vapor pressures Pi°, l i q u i d phase act iv i ty coefficients 
ji a n d imperfect ion-pressure coefficients 04. T h e computer p rog ram w h i c h 
has been deve loped uses any of four different vapor pressure equations 
for p r o v i d ing Ρ 4 ° . It uses the modi f i ed van L a a r Equat i ons (5 ) to give 
l i q u i d phase act iv i ty coefficients a n d a Mod i f i ed v an der Waa l s E q u a t i o n 
of State (4, 6) to g ive imperfect ion-pressure coefficients 0<. 

T h e Mod i f i e d van L a a r Equat i ons can represent v a p o r - l i q u i d and 
l i q u i d - l i q u i d equ i l i b r ia . Acco rd ing l y , they can be used to pred ic t three-
phase equ i l i b r i a w h e n condit ions a l l ow two l i q u i d phases as w e l l as a 
vapor phase to exist. Th i s m igh t occur on the trays i n the d is t i l la t ion 
c o l u m n or at the condenser and accumulator for the overhead p roduc t 
f r om the azeotropic d is t i l la t ion co lumn. 

F o r e q u i l i b r i u m between phases the fugacit ies for each component 
must be equa l i n the several phases. I f the fugacity coefficient φι for any 
component i i n a mixture is def ined as the rat io of the fugacity fi over 
the vapor compos i t ion Y 4 and the tota l pressure P, then 

* i - / i V y j ? (3) 

I f Vi1 is the l i q u i d molar vo lume of pure component i and V} is the pa r t i a l 
mo lar vo lume of component i i n the l i q u i d mixture, e q u i l i b r i u m between 
the l i q u i d a n d vapor phases is g iven as 

ytxPf/Bi-Y? (4) 
and 

where P* is the reference pressure. 
F o r most azeotropic d is t i l la t ion problems, the reference pressure is 

taken equa l to the saturat ion pressure; accord ing ly , the second te rm on 
the r ight h a n d side of E q u a t i o n 5 disappears, to s impl i f y the equat ion to 
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5. B L A C K , GOLDiNG, A N D D I T S L E R Computer Calculations 67 

T h e fugaci ty coefficients are ca lcu la ted us ing a s impl i f i ed equat ion 
of state descr ibed earl ier (4,6). F o r this treatment the constants fc* a n d 
Oi are ca lcu la ted b y k n o w i n g the c r i t i ca l temperature and pressure. T h e 
attract ion coefficient &° is g iven b y general ized coefficients for nonpo lar 
substances and w i t h two other i n d i v i d u a l constants for po lar substances. 
I f Yi refers tp the vapor composi t ion and δ# refers to b inary vapor inter­
actions, the equat ion becomes 

log </>i = ( P/2 .3RT ) - o A V R T ] + ( P / 2 . 3 R 2 T 2 ) [SGW 2 -
(XGvY,)*-] + ( P / 2 . 3 R 2 T 2 ) [2δ„7 , (1 - 7,) - 0 . 5 3 * * 7 , 7 * ] ( ? ) 

jk 

W h e n the S's are zero, the fugaci ty coefficients i n the mixtures are ca l cu ­
la ted us ing the s imple combina t i on rules for comb in ing the coefficients 
(4,6). B y us ing b inary interactions, the equations are flexible enough to 
handle almost any case, even i f semi-chemica l interactions occur i n the 
vapor phase (4, 6). 

I n azeotropic d is t i l la t ion, the entraîner and the two components 
be ing separated can produce under some condit ions three-phase equ i ­
l i b r i a . T w o l i q u i d phases may be i n e q u i l i b r i u m w i t h a vapor phase. F o r 
the three-phase equ i l i b r i a the so lub i l i t y of the nonpo lar substance i n the 
po lar phase is denoted b y x, the so lub i l i ty of the po lar substance i n the 
nonpolar phase b y y, a n d the corresponding act iv i ty coefficients b y y a n d 
Γ, respectively. T h e relat ive vo la t i l i t y for components i and / is re lated 
to the tota l compos i t ion X f accord ing to 

_ (y^\ [(yi-Xi)Tj+ (Xj-xjyn /P , ° f lA ( R . 
"li \ W [to - Xi)T< + (Xi - xjyi] w 

Ove r the two - l i qu id phase reg ion E q u a t i o n 8 gives re lat ive volat i l i t ies 
for three-phase equ i l i b r i a ( 5 ) . I n the compos i t ion range where on ly a 
polar l i q u i d phase and a vapor phase exists, E q u a t i o n 8 reduces to 

— y A ° 0 i / y / ^ ° * « (9) 

and where on ly a nonpolar l i q u i d phase is i n e q u i l i b r i u m w i t h a vapor 

phase, E q u a t i o n 8 becomes 

^ - r w w (io) 
T h e isothermal l i q u i d - l i q u i d equ i l i b r i a are pred ic t ed f rom the M o d i ­

fied van L a a r Equa t i ons b y finding the composit ions for w h i c h the act i v i ­
ties are equa l i n the two phases for each i n d i v i d u a l component. Th i s is 
accompl i shed w i t h a subprogram ca l l ed S O L T E R . 

E i t h e r i sothermal or isobar ic v a p o r - l i q u i d equ i l i b r i a or bo th are 
ca lcu lated w i t h a subprogram ca l l ed V L E . F o r S O L T E R and V L E , 
Mod i f i ed van L a a r coefficients for two or three temperatures g ive the 
data b y w h i c h l i q u i d phase act iv i ty coefficients are ca lcu la ted for bo th 
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68 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

programs. F o r the v a p o r - l i q u i d equ i l i b r i a , vapor pressures of the pure 
components are ca lcu lated by one of four different vapor pressure equa­
tions. T h e imperfect ion-pressure coefficients θ are ca lcu la ted accord ing 
to Equat i ons 6 and 7, assuming 8s equa l to zero. Approx imate values for 
the pa r t i a l mo lar vo lumes of the l i q u i d are obta ined f rom E q u a t i o n 4 
g iven i n Reference (6 ) . 

Azeotropic Distillation Program ADP/ADPLLE 

Th is ternary azeotropic d is t i l la t ion p rog ram uses a spec ia l system of 
u t i l i t y subroutines w i t h p rog rammed in i t ia l i za t ion . E i g h t m a i n controls, 
K N T R L , are used w i t h various options on each. F o u r parameter options 
are bu i l t into the program, bu t the values are changed b y the user by 
us ing P R M T R cards. Twenty-one D A T A cards a l l ow the user to give 
the pert inent condit ions and specifications for the separation to be 
ca lculated. 

A p re l im inary pr intout , w h i c h prefaces the ca lcu lat ion, defines the 
controls K N T R L , the parameters P R M T R w h i c h are avai lable , and the 
D A T A w h i c h must be supp l i ed . Th i s is f o l l owed by a m a x i m u m of 
twenty-one V cards w h i c h describe quantit ies w h i c h are ca lcu lated imme­
diate ly f rom the input data. Th i s completes the p rog rammed in i t ia l i za t ion 
w h i c h describes and defines the controls, the parameters, the data, and 
certa in d i rec t ly ca lculatable quantit ies. 

A pr in tout then fo l lows, g i v ing the controls and parameters w h i c h 
have been set and the data w h i c h have been supp l i ed by the user on 
cards. A n opt ion provides for p r in t ing out the data, for ca lcu la t ing phase 
equ i l i b r i a and enthalpies, or for suppressing these. Some ca lcu lated re­
sults as V quantit ies are p r in t ed out next, and this is f o l l owed b y a stage-
by-stage pr intout of mater ia l flows, heat flows, and deta i led phase equ i ­
l i b r i u m quantit ies, Pi 9/0», xh Yh α, γ, 0*. T h e last pr in tout for the most 
r igorous calculat ions gives the composit ions of the two l i q u i d phases 
f rom the overhead condenser and accumulator and the f ract ion of the 
condensed overhead w h i c h separates as an aqueous phase. 

T h e p rog ram is operated i n three general ways. S impl i f i ed ca lcu la ­
tions are made w i t h the subprogram A D P , w h i c h calculates the azeotropic 
d is t i l la t ion c o lumn but does not calculate the l i q u i d - l i q u i d equ i l i b r i a i n 
the accumulator w h e n the overhead vapors are condensed. Howeve r , i t 
does try via a diagnost ic message to w a r n the user w h e n two l i q u i d 
phases are expected on the trays. T h e calculat ions are r igorous and 
re l iab le on ly w h e n a single l i q u i d phase exists. Howeve r , the subprogram 
A D P does not make re l iab le calculat ions w h e n a second l i q u i d phase 
appears. Th i s p rog ram is used for or ientat ion i n establ ishing operat ing 
condit ions for a design. 
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5. B L A C K , GOLDiNG, A N D D I T S L E R Computer Calculations 69 

T h e second way i n w h i c h the p rog ram is operated is to calculate 
r igorously w i t h the subprogram A D P L L E . These calculat ions are re­
l iable for either two- or three-phase equ i l i b r ia . T h e azeotropic d is t i l la t ion 
co lumns and the l i q u i d - l i q u i d equ i l i b r i a for the condensed overhead i n 
the accumulator is ca lcu la ted w i t h this program. 

T h e th i r d way that the computer p rog ram is operated is to use the 
automated feature. Th is involves c omb in ing calculat ions via A D P and 
A D P L L E . Start ing f rom a set of operat ing condit ions, w h i c h migh t have 
been f ound by us ing A D P earl ier, the p rog ram proceeds automat ica l ly 
to find a better set of condit ions. T h e p rog ram proceeds w i t h A D P , a n d 
after the condit ions are establ ished, a final ca lcu la t ion is made via 
A D P L L E . 

In these calculat ions the program tries to adjust condit ions so that 
on ly a single l i q u i d phase exists on a l l of the trays i n the co lumn. T h e 
p rog ram first finds the feed tray locat ion at a po int where the rat io of 
components 2 and 3 is the same as the feed w h e n ca lcu lated w i t h the 
i n i t i a l operat ing condit ions. T h e feed tray is automat ica l ly d i sp laced 
u p w a r d . T h e n the program determines the lowest water content obta in­
able i n the ethanol p roduc t i f a l l other condit ions except this and the 
number of s t r ipp ing trays are h e l d constant. U s i n g condit ions approach­
ing this l imi t , a final ca lcu la t ion is made w i t h A D P L L E . U s u a l l y 
when i t is completed, the top tray is near saturat ion, and only a single 
l i q u i d phase exists on the other trays. 

F i n a l calculat ions are made, va ry ing the specif ication for component 
2 i n the overhead u n t i l the cond i t ion is f ound where the water ba lance 
is satisfied w h e n the entire aqueous phase is removed. As the ca lcu la t ion 
proceeds i n steps of one f u l l tray, often a f ract ional tray is needed to 
satisfy this exactly, but the nearest fu l l tray to satisfying the va lue is an 
acceptable ca lculat ion. 

A users m a n u a l is not r equ i red w i t h this p rogram; the p rog ram is 
submi t ted wi thout any data, and the user obtains as output a descr ipt ion 
of the p r og rams features. Th i s prefaces the regular output. It inc ludes 
a t it le and identi f icat ion, a descr ipt ion of contro l options K N T R L , ident i ­
fication of parameters P R M T R , ident i f icat ion of data D A T A , and a 
descr ipt ion of d i rec t ly ca lculatable results, V quantit ies. 

O n a first r u n a l l options must be set; these are car r i ed f o rward as 
set or as reset by the user. T h e r u n output shows a contro l opt ion para­
g raph only w h e n options are reset and on ly those that are reset. 

Parameters are bu i l t i n and rema in fixed unless changed b y parame­
ter cards. The parameter paragraph appears on ly on runs where resett ing 
occurs and only on those that are reset. 

D a t a values are l oaded for a l l data on a first r u n ; these are carr i ed 
f o rward un t i l they are reset. T h e data p rag raph appears on a l l runs for 
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w h i c h at least one va lue was reset and shows a l l values whether reset 
or not. 

Bas i c data decks for phase equ i l i b r i a and enthalpies are i n c luded 
i n the prog ram itself for twenty different ternaries as shown i n K N T R L 2, 
options 1-20. F o r other systems the data are loaded as ind icated , K N T R L 
2, opt ion 21. 

T h e L e w i s and Matheson technique makes tray-to-tray calculat ions 
start ing at the bot tom and ca lcu la t ing u p the co lumn. M a t e r i a l and heat 
balances are made on each tray, the number of trays is determined i n the 
calculat ions. 

Application 

A sample ca lcu lat ion is g iven showing the use of the prog ram to 
calculate the azeotropic d is t i l la t ion of aqueous ethanol mixtures us ing 
the entraîner n-pentane ( K N T R L 2, O p t i o n 7 ) . 

T h e feed to the co lumn is 242.02 moles/hr of aqueous ethanol at a 
temperature of 110°F. T h e feed composi t ion is 85.64 mole % ethanol . 
T h e d is t i l la t ion is carr ied out at 50 ps ia at the reboi ler. The pressure 
d rop is assumed to be 0.14 ps i per tray. T h e vapor bo i l -up at the reboi ler 
is set at 800 moles/hr. T h e reflux temperature is 154.45°F. T h e aqueous 
phase is s t r ipped to remove disso lved entraîner and res idua l ethanol . T h e 
ca lcu lat ion contro l is set to reduce e thanol i n the overhead vapors to 
13.85 mole % . 

Another specif ication w h i c h is set at the beg inn ing is the mole 
f ract ion of entraîner w h i c h w i l l be a l l owed i n the bot tom product , 
e thanol ; this has been set at 0.62 Χ 10" 6 . A start ing a n d m a x i m u m 
a l lowable va lue for the f ract ion of water i n the final bo t tom produc t is 
set at 2.556 Χ 10" 4 . I f the program fails on the first A D P cyc le i n the 
automated ca lculat ion, the vapor bo i l -up is increased. 

I f a str ipper is used to remove entraîner and res idua l ethanol f rom 
the aqueous phase, the data input on D A T A cards 13, 14 and 15 must 
be appropr ia te ly specif ied. These data cards give the mole fractions of 
entraîner, ethanol , and water, respectively, i n the str ipper bottoms re­
ferred to as D I S T I L L A T E . I f no str ipper is inc luded , the data of cards 
13, 14 and 15 correspond to the compos i t ion of the aqueous phase be ing 
removed. H e r e the input is on ly a first approx imat ion, and the prog ram 
w i l l calculate a new value i n the second cycle , the number of w h i c h 
must be specif ied or the tolerance g iven i f no str ipper is inc luded . 

A l t h o u g h the rigorous str ipper ca lcu la t ion is made separately, a fa i r ly 
real ist ic bot tom product is assumed w h e n the str ipper is inc luded . F o r 
this ca lcu la t ion a trace of pentane 1 Χ 10" 5 and a sma l l f ract ion of ethanol 
9 Χ 10" 5 have been assumed i n the str ipper bottoms. T h e accumulator 
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temperature is assumed the same as the reflux, 154.45°F. F o r this sample 
ca lcu la t ion no values are specif ied on D A T A cards 7 , 1 2 , 1 8 , 1 9 , 20, a n d 21 
since the p rog ram does not use these for this ca lcu lat ion, but the D A T A 
cards shou ld be i n c luded i n the input deck. 

T h e sample ca lcu lat ion is shown as Tab l e I. T h e first four pages 
describe the features of the program. T h e first page of the computer 
output shows contro l options K N T R L 1-8; the three ways i n w h i c h the 
program is used are defined as options 1, 2, and 3 for K N T R L 1. D a t a 
for twenty different ternary systems invo l v ing an entraîner and two com­
ponents be ing separated are i n c luded i n the p rogram; these constitute 
options 1-20 of K N T R O L 2. O p t i o n 21 is used w h e n a l l data for a n ew 
system are used and are loaded as input . T h e two options 1 and 2 of 
K N T R L 3 determine w h e n the calculat ions are completed. T h e options 
1 and 2 of K N T R L 4 determines the feed tray locat ion; the K N T R L ' s 5-8 
a l l ow the user to choose reasonable r u n condit ions and output. 

T h e second page of computer output shows the options for parame­
ters w h i c h are wr i t t en into the p rog ram bu t can be changed b y parameter 
cards P 1 - P 4 . T h e t h i r d page of computer output shows the data input 
as D 1 - D 2 1 w h i c h the user suppl ies i n mak ing a run . T h e fourth page of 
output shows the twenty-one V quantit ies w h i c h are ca lcu lated i n the 
program f rom the input . T h e fifth page summarizes the options selected 
and the data in t roduced as input for the sample prob lem. T h e thermo­
dynamic data are g iven on computer output page 6; quantit ies ca lculated 
i n the program f rom the inpu t data are summar i z ed as V quantit ies on 
output page 7. Shown on output pages 8 and 9 is the final A D P r u n i n 
the automated ca lcu la t ion ; these prov ide input to the A D P L L E run . T h e 
V quantit ies are summar i zed on output page 10, and the final stage-to-
stage results appear on output pages 11-15. 

These last five pages of computer output prov ide a tray-to-tray 
summary of heat and mater ia l flows and deta i l ed quantit ies for the phase 
equ i l i b r i a , also a summary of the three-phase condenser and accumulator 
results and the water p roduc t out. T h e last output page shows the frac­
t ion of the aqueous phase that satisfies the water balance. Since on ly 
fu l l stages are ca lculated, this f ract ion norma l l y is not exactly un i ty , bu t 
i t shou ld reprsent the nearest fu l l stage result to satisfy the water balance. 
The entraîner makeup and the water p roduc t out is shown last i n the 
computer pr intout . 

F r o m the computer results c o lumn profiles have been summar i z ed 
and are g iven i n Tab l e II. T h e pressure profile is l inear w i t h tray number 
resul t ing f rom the assumed inpu t data for pressure drop per tray. A l so 
i n the table is the temperature, the f ract ion of pentane i n the l i q u i d 
phase, the f ract ion of water i n the vapor phase on a pentane-free basis, 
and the f ract ion of e thanol i n the l i q u i d phase for each tray i n the co lumn. 
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84 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

Table II. Column Profiles in Azeotropic Distillation 

Dehydration of Aqueous Ethanol 
Using n-Pentane as Entraîner 

Fraction Fraction Fraction 
Tray No. Pressure, Pentane Water in Vapor Ethanol 
(Equil.) t, °F psia in Liquid (Pentane-Free) in Liquid 

18 160.37 47.48 0.818 0.275 0.175 
17 162.13 47.62 0.643 0.229 0.339 
16" 164.20 47.76 0.650 0.107 0.343 
15 165.23 47.90 0.653 0.045 0.344 
14 165.77 48.04 0.654 0.018 0.345 
13 166.10 48.18 0.654 0.0073 0.346 
12 166.34 48.32 0.654 0.0029 0.346 
11 166.56 48.46 0.654 0.0011 0.346 
10 166.77 48.60 0.653 0.00044 0.347 
9 167.01 48.74 0.649 0.00017 0.351 
8 167.47 48.88 0.631 0.000064 0.369 
7 169.19 49.02 0.550 0.000023 0.450 
6 178.64 49.16 0.261 0.000007 0.739 
5 211.96 49.30 0.040 0.000004 0.960 
4 231.26 49.44 0.0045 0.000003 0.996 
3 234.10 49.58 0.00049 0.000003 0.9995 
2 234.56 49.72 0.00005 0.000003 0.99994 
1 234.75 49.86 0.000006 0.000003 0.999992 

Rebo i l e r 234.91 50.00 0.000001 0.000003 0.999997 

B o t t o m Product , M o l e f ract ion ethanol — 0.99999706 
M o l e f ract ion water — 0.00000232 
M o l e f ract ion pentane = 0.00000062 

Str ipped Wa t e r Product , M o l e f ract ion water = 0.99999 
M o l e f ract ion ethanol = 0.000009 
M o l e f ract ion pentane = 0.000001 

Feed, 85 .64%m ethanol , 14 .36%m water 

a Tray No. 16 is the feed tray. 

T h e temperature profile is most c lear ly seen i n F i gu r e 1. T h e tem­
perature changes s l ight ly f rom the reboi ler u p a f ew trays; then i t drops 
r ap id l y for about three trays. A f ter this i t drops on ly five degrees i n 
the next n ine trays and s lowly drops another four degrees f rom the feed 
to the top tray. 

T h e behav ior of the temperature profi le is exp la ined w h e n the com­
posit ion profiles of F i gu r e 2 are examined. In the first few trays near the 
reboi ler, the concentrat ion of e thanol i n the l i q u i d is h i gh , above 99 
mole % . F r o m tray 4 to tray 7 the ethanol concentrat ion drops f rom 
99.6-45.0 mole % . In this same reg ion the pentane concentrat ion 
increases f rom approx imate ly 0.5-55.0 mole % . T h e water concentrat ion, 
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B L A C K , G O L D i N G , A N D D I T S L E R Computer Calculations 

160 200 240 
TEMPERATURE, °F 

Figure 1. Temperature profile for 50 psia column dehydration of 
aqueous ethanol using n-pentane 

n-pentane-to-ethanol ratio 3.22 (mole basis) 

20 

3 

>-< 
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Figure 2. Composition profiles in 50 psia column dehy­
dration of aqueous ethanol using n-pentane 

n-pentane-to-ethanol ratio 3.22 (mole basis) 
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86 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

100 

TRAYS 

Figure 3. Relative volatility profiles in 50 psia column dehydration of 
aqueous ethanol using n-pentane 

n-pentane-to-ethanol ratio 3.22 (mole basis) 

w h i c h is low, begins to increase. F r o m tray 8 to tray 17 water continues to 
b u i l d u p i n the vapor on a pentane-free basis. Ove r this reg ion the con­
centrat ion o f pentane i n the l i q u i d is near ly constant wh i l e the ethanol 
concentrat ion decreases s lowly . O n the top two trays pentane increases 
and ethanol decreases i n the l i q u i d wh i l e water continues to b u i l d u p i n 
the vapor. 

F i g u r e 3 gives the re lat ive vo lat i l i ty profiles also for the sample co l ­
u m n ca lcu la t ion ; these correspond to the temperature and compos i t ion 
profiles of F igures 1 and 2. Pentane is easily separated f rom ethanol 
wh i l e water is not as read i ly separated i n the bo t tom of the co lumn, 
reboi ler to tray 5. T h e pentane vo la t i l i ty decreases and that of water 
increases rap id l y , re lat ive to ethanol, on proceed ing f rom tray 5 to 8. 
T h e y r ema in near ly constant for the next n ine trays where the separat ion 
of water re lat ive to e thanol is favorable; the separat ion of pentane relat ive 
to e thanol is s t i l l favorable i n this region. O n the top tray condit ions are 
favorable for separat ing water, bu t for separat ing pentane they are less 
favorable. 

It becomes diff icult to remove ethanol f rom the top product . F o r 
the condit ions o f this sample ca lcu lat ion , the reduct ion of e thanol i n the 
overhead vapors be l ow about 13.5 mole % is accompanied by a b u i l d i n g 
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5. B L A C K , G O L D I N G , A N D D I T S L E R Computer Calcuhtions 87 

u p of water i n the overhead vapors and a tendency to f o rm a second l i q u i d 
phase i n the top of the co lumn. 

T h e effect on tray requirements of chang ing the n-pentane-to-ethanol 
rat io is shown i n F i g u r e 4. T h e water content of the bot tom product , 
ethanol , is shown vs. this rat io i n F i g u r e 5. W i t h n-pentane as entraîner 
the water content of the ethanol product is r educed be l ow ten p p m , on 
a mole basis. 

Comparison of Entrainers 

T h e choice of an entraîner used to make a des ired separation i n an 
azeotropic d is t i l la t ion depends on the b inary mixture be ing separated a n d 
the nonideal i t ies of these components w i t h the added entraîner. W h i l e 
several different entrainers migh t be used to prov ide a separation, the 
final select ion may depend on the r equ i r ed pur i ty of the product . I f 
several entrainers can produce a produc t of des ired pur i ty , the final 
choice may depend on an economic evaluat ion of the several schemes. 

F o r the azeotropic dehydra t ion of aqueous e thanol mixtures ap­
proach ing the constant bo i l i ng mixture , a br ie f compar ison is shown for 
the entrainers, n-pentane, benzene, and d i e thy l ether. S ince water is most 
non- idea l i n n-pentane, the driest e thanol is expected to be p roduced i f 
n-pentane is used. 

8 12 16 20 
T R A Y S 

Figure 4. Effect of changing the n-pentane-to-ethanol ratio (mole 
basis) on trays required 
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E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

1̂ 1 I ι I ι I I 
0 2 4 6 

MOLE FRACTION WATER IN BOTTOM PRODUCT, χ 106 

Figure 5. Fraction water in bottom product ethanol vs. n-pentane-
to-ethanol ratio (mole basis) 

DIETHYL ETHER 
135 psia 

Τ \ BENZENE 

1 \ 14.7 psia 

" \ 
PENTANE 

50 psia ι LZ L 1 ι , I 
0 40 80 120 

MOLE FRACTION WATER IN BOTTOM PRODUCT, χ 106 

Figure 6. Comparing entrainers, n-pentane, benzene, and diethyl 
ether, for water content of ethanol product 
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5. B L A C K , G O L D i N G , A N D D I T S L E R Computer Calculations 89 

Ca lcu la t ions have been made us ing the automated feature of the 
Azeo t rop ic D i s t i l l a t i on P rog ram A D P / A D P L L E . T h e same mole frac­
t ion of entraîner i n the ethanol product , 0.62 Χ 1 0 - 6 has been used i n 
calculat ions invo l v ing each entraîner. U s i n g n-pentane, the azeotropic 
d is t i l la t ion was ca lcu la ted for a co lumn w i t h a reboi ler at 50 ps ia . T h e 
corresponding pressures were 14.7 ps ia and 135 ps ia for cases invo l v ing 
benzene and d i e thy l ether, respectively. Ca lcu la t ions were made also at 
h igher pressures for cases us ing n-pentane a n d benzene. A l t h o u g h the 
above pressures are not necessari ly the o p t i m u m for each solvent, com­
parisons have been made for the three cases as ind icated . 

MILLIONS BTU/UNIT TIME 
Figure 7. Comparing the entrainers, n-pentane, benzene, and diethyl ether, 

for reboiler and condenser loads in dehydrating aqueous ethanol 

Condenser loads, heat removed, btu/unit time 
Reboiler loads, heat added, btu/unit time 

T h e ca lcu lated results, compar ing the water content of the ethanol 
product for the entrainers, n-pentane, benzene, and d i e thy l ether, are 
shown i n F i g u r e 6. T h e mole fract ion water i n the ethanol product is 
plot ted vs. the entrainer-to-ethanol rat io, on a mole basis. n-Pentane pro­
duces ethanol of lowest water content; benzene comes next, and d i e thy l 
ether comes last. Entra iner- to-ethanol ratios of 2.5-3.5, mole basis, are 
adequate w h e n n-pentane or benzene is used ; for d i e thy l ether, the rat io 
must be above four. 

Condenser and reboi ler loads are compared for the same three en­
trainers i n F i g u r e 7. F o r d i e thy l ether-to-ethanol ratios of about 4.2, the 
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90 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

DEE 
135 p s ^ a ^ ^ ^ ^ 

PENTANE / 

-
50 psia / 

/ BENZENE 

1 1 

' 14.7 psia 

1 1 
16 24 32 40 
MAXIMUM FLOW IN COLUMN, IN MOLES, χ 10"2 

Figure 8. Comparison of maximum flows on any tray for entrainers, n-pentane, 
benzene, and diethyl ether, in dehydrating aqueous ethanol by azeotropic 

distillation 

!^ 3 

1 \ D L E T H Y L -

\ E T H E R 

— 
^ 135 psia 

-
1 \ B E N Z E N E 

— 

1 \ 14.7 psia 

\ N - P E N T A N E \ 

L _ 

\ 50 psia 

I . I . 1 
20 40 

T R A Y S , E Q U I L I B R I U M 

60 

Figure 9. Comparing tray requirements for the entrainers, n-pen­
tane, benzene, and diethyl ether, in dehydrating aqueous ethanol by 

azeotropic distillation 

Pu
bl

is
he

d 
on

 A
ug

us
t 1

, 1
97

4 
on

 h
ttp

://
pu

bs
.a

cs
.o

rg
 | 

do
i: 

10
.1

02
1/

ba
-1

97
2-

01
15

.c
h0

05

file:///n-pentane


5. B L A C K , G O L D i N G , A N D D I T S L E R Computer Calculations 91 

condenser and reboi ler loads compare favorably w i t h those for benzene-
to-ethanol ratios of about 3, mole basis. A t the h igher rat io, heat loads 
w i t h n-pentane are about 8 0 % of those for d i e thy l ether. A t the l ow rat io 
of about 3, the heat loads w i t h n-pentane are on ly 6 0 % of those for 
benzene. 

T h e m a x i m u m flow on any tray i n the c o lumn is compared for the 
three entrainers, n-pentane, benzene, and d i e thy l ether, i n F i gu r e 8. A t 
the h i g h entrainer-to-ethanol rat io of 4.2, the m a x i m u m flow w h e n n -
pentane is used is about 7 0 % of that for the case us ing d i e thy l ether. 
F o r the l ow rat io of about 3, the flows w i t h n-pentane are about 7 5 % of 
those us ing benzene. A smaller d iameter c o lumn is r equ i r ed w i t h n -
pentane than w i t h either of the other entrainers. 

T o t a l tray requirements for the three entrainers are compared i n 
F i g u r e 9. T h e least number of trays is r equ i r ed w h e n n-pentane is used; 
the most are r equ i red when d i e thy l ether is the entraîner. If benzene is 
used as entraîner at higher pressure than 14.7 ps ia , the corresponding 
curve i n F i gu r e 9 is shifted to the r ight, more trays be ing requ i red . 

T h e computer p rogram for azeotropic d is t i l la t ion A D P / A D P L L E 
makes possible not on ly a compar ison of entrainers for a separation but 
also gives results of a qua l i t y r equ i red for ac tua l design calculat ions. 
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List of Symbols 

OLi van der Waa l s attract ion constant for component i 

bi van der Waa l s covo lume for component i 

fiv fugacity of component i i n vapor-phase mixture 

P * 

Ρ 

Pi° 

w 

w 

0.5 
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92 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

Xi tota l l i q u i d compos i t ion i n reg ion of two l i q u i d phases 

Xi l i q u i d composi t ion, mole f ract ion, po lar phase 

tji l i q u i d composi t ion, mole fract ion, nonpolar phase 

Yi vapor composi t ion, mole f ract ion component i 

an vo lat i l i ty of component i re lat ive to component / 

ji l iqu id-phase act iv i ty coefficient, po lar phase 

Yi l iqu id-phase act iv i ty coefficient, nonpo lar phase 

&a b inary vapor interact ion coefficient 

6i imperfect ion-pressure coefficient 

£° nonpolar par t of the molecular attract ive coefficient at zero 
pressure 

( ° po lar part of the molecular attract ion coefficient at zero pressure 
$ 

ί ° έ° + é°> the l im i t i ng va lue of the molecular attract ion coefficient 
at zero pressure 

<f>i° fugaci ty coefficient for component i at saturation pressure Pi° 

φί fugacity coefficient for component i i n a vapor pressure 
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6 

Prediction of Isobaric Vapor-Liquid 
Equilibrium Data for Mixtures of Water 
and Simple Alcohols 

A. ANDIAPPAN and A. Y. McLEAN 

Annamalainagas University, Tamifnedu, India and Nova Scotia Technical 
College, Halifax, Nova Scotia 

The Non-Random, Two Liquid Equation was used in an 
attempt to develop a method for predicting isobaric vapor– 
liquid equilibrium data for multicomponent systems of water 
and simple alcohols—i.e., ethanol, 1-propanol, 2-methyl-1-
propanol (2-butanol), and 3-methyl-1-butanol (isoamyl alco­
hol). Methods were developed to obtain binary equilibrium 
data indirectly from boiling point measurements. The binary 
data were used in the Non-Random, Two Liquid Equation to 
predict vapor-liquid equilibrium data for the ternary mix­
tures, water-ethanol-1-propanol, water—ethanol-2-methyl-
1-propanol, and water-ethanol-3-methyl-1-butanol. Equi­
librium data for these systems are reported. 

/ T p h e design of azeotropic or extractive d is t i l la t ion columns, as w i t h con-
A ven t iona l columns, demands a knowledge of the v a p o r - l i q u i d equ i l i b ­

r i u m properties of the system to be d is t i l led . S u c h knowledge is ob ta ined 
exper imenta l ly or ca lcula ted f rom other properties of the components of 
the system. Since the systems i n azeotropic or extractive d is t i l la t ion 
processes have at least three components, d i rect measurement of the 
e q u i l i b r i u m properties is laborious and, therefore, expensive, so methods 
of ca lcu la t ion of these data are desirable. 

F o r azeotropic d is t i l la t ion especial ly the systems are non- idea l w h i c h 
makes ca lcu la t ing v a p o r - l i q u i d e q u i l i b r i u m properties more difficult than, 
for example, i n d is t i l la t ion of mixtures of s imple hydrocarbons. W o r k pre­
d i c t i ng the v a p o r - l i q u i d e q u i l i b r i u m properties of ternary mixtures of 

93 
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94 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

water, ethanol , and one of the s imple alcohols— i .e. , 1-propanol, 2-methyl-
1-propanol, 3 -methy l - l -butano l , ( a l l f o rm b inary azeotropes w i t h water ) 
— i s presented here. 

Aqueous solutions of these alcohols occur w h e n sugar solutions are 
fermented a n d may be separated by d i s t i l l ing the mixtures. It is a 
common, economica l ly va luab le process for manufac tur ing potable l iquors 
and for p r oduc ing indust r ia l a lcoho l f rom fermented molasses solutions 
or p u l p m i l l wastes. O n e of the authors ( A . Y . M . ) reports that design 
and operat ion of these co lumns is hampered b y lack of v a p o r - l i q u i d 
e q u i l i b r i u m data, especial ly for m a k i n g potable l iquors , where smal l 
amounts of the alcohols other than ethanol greatly affect the flavor and , 
therefore, the product 's marketab i l i ty . 

Prediction of Vapor—Liquid Equilibrium Data 

A system consist ing of a l i q u i d mixture and vapor is i n e qu i l i b r i um 
if, for any component i, the fugacities i n the vapor a n d l i q u i d phases, 
fiY a n d /iL are equal . 

/iV = /,L (1) 

A s the fugacities are not i n themselves quantit ies w h i c h are easily estab­
l i shed exper imental ly , i t is necessary to relate them to easily determinable 
quantit ies—e.g. , temperature, pressure, and composi t ion. Th i s is done 
b y in t roduc ing the fugacity and act iv i ty coefficients Φ* and y ι w h i c h are 
def ined as fo l lows, 

where y{ is the compos i t ion of component f i n the vapor phase, Ρ is the 
tota l pressure of the system, x{ is the compos i t ion of component i i n the 
l i q u i d phase, and fi 0 L is the fugacity of component i i n the l i q u i d at a 
reference state. Th i s reference state is the fugacity of pure l i q u i d i at the 
temperature and pressure of the system. E q u a t i o n 1 then becomes 

Φ-ϊ^Ρ = JiXiU0lj (3) 

A t condit ions w h e n it is safe to assume that the gas phase w i l l behave 
i n an idea l manner— i .e . , at l ow pressure w i t h a l l components con­
densab l e— 

« ^ l a n d / ^ ^ P , 8 

Pis is the vapor pressure of pure l i q u i d i at the temperature of the system, 
and e q u i l i b r i u m is descr ibed by the equat ion, 

yP — ytiPi* (4) 
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6. A N D i A P P A N A N D M C L E A N Isobaric Vapor-Liquid Equilibrium 95 

A t condit ions where i t is incorrect to assume i dea l behav ior for the gas 
phase, and /i 0 L are ca lculated b y procedures descr ibed b y Prausni t z 
et al. (1). 

T h e ca lcu la t ion of yi9 the act iv i ty coefficient, establishes γ* as a func­
t ion of composi t ion, as w e l l as temperature and pressure. Th i s is done b y 
re lat ing γ* to the excess G i b b s energy G E ,—Le . , b y the equat ion 

and expressing G E or g E , the molar excess G i b b s energy, i n terms of 
composi t ion. 

T h e p rob l em of expressing the excess G i b b s energy as a funct ion of 
compos i t ion has been researched extensively, and many methods of vary­
ing accuracy and usefulness have been proposed. A n extensive discussion 
of these methods is g iven b y H a l a et al. (2), w h o show that many com­
mon expressions—e.g., those of van L a a r and M a r g u l e s — a r e deduced 
f rom the general expression of W o h l (3). 

C u k o r a n d Prausni t z (4), however, po int out that Woh l ' s general 
expression precludes other expressions for the compos i t ion dependence 
of the excess free energy, i n c lud ing that of W i l s o n (5 ) , w h i c h has been 
used b y several authors to pred ic t and correlate v a p o r - l i q u i d e q u i l i b r i u m 
(1,6,7). W i l s o n s equat ion and the modi f icat ion proposed b y Renon and 
Prausn i t z (8) use the loca l mo le f ract ion concept, p r oduced because 
molecules i n solut ion aggregate as a result of the var ia t ion i n intermo-
lecular forces. T h e l oca l mole f ract ion concept results i n a more useful 
descr ipt ion of the behav ior of molecules i n a non- idea l mixture . 

The Wilson Equation and the Non-Random 
Two-Liquid (NRTL) Equation 

T h e W i l s o n equat ion, used b y Prausni t z et al. (1) and other workers 
(6,7), equals or surpasses earl ier two-parameter equations i n corre lat ing 
v a p o r - l i q u i d e q u i l i b r i u m data for a large number of non- idea l systems. 
T h e equat ion w h i c h is sufficiently discussed elsewhere ( J ) contains two 
adjustable parameters per b inary a n d predicts mul t i component equ i l i b ­
r i u m data us ing the b inary parameters only. N o mul t i component experi­
menta l data are necessary as for the van L a a r type equations of t h i r d 
order a n d above. 

O n e l imi ta t ion of the W i l s o n equat ion has been that i t cannot be 
app l i ed to systems where the non- idea l i ty is such that two l i q u i d phases 
are formed—e.g., wa te r -2 -methy l - l -p ropano l and wa t e r -3 -me thy l - l -
butanol . 
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96 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

Renon and Prausni t z (8 ) proposed another equat ion, based also on 
the l oca l mo le f ract ion concept, w h i c h w o u l d avo id this l im i ta t i on and 
c o u l d be app l i ed to par t ia l l y misc ib le mixtures. T h e re lat ionship between 
act iv i ty coefficient and l i q u i d phase compos i t ion is g iven b y the equat ion 

Ν / Ν 

i n y ^ i f ^ + t ^ ^ K - i ^ M ^ 1 ) (5) 
2 Gkixk ' = 1 2 Gkjxk I 2 GjcjXk 

k-\ k=l \ k=l 

where Ν = number of components 

(ëa ~~ ëu) is the adjustable parameter ( two per b ina ry ) s imi lar to that 
conta ined i n the W i l s o n equat ion. is an emp i r i c a l non-randomness 
parameter. 

R enon and Prausni tz (8 ) r ecommend values of for various classes 
of mixtures. I f these values are v a l i d then E q u a t i o n 5 has on ly two ad­
justable parameters per b inary . T h e N R T L equat ion was used i n this 
work. 

Experimental 

T o test the N R T L equat ion for pred i c t ing V L E data for ternary 
mixtures, exper imenta l data for the ternary mixtures and for the b inary 
components of the mixtures are necessary. A l i terature survey showed 
that data were not read i l y ava i lable for any of the ternaries or for the 
two binaries e thano l -3 -methy l - l -p ropano l and 3-methy l - l -butano l -water , 
and i t was therefore necessary to obta in these data experimental ly . 

T h e direct measurement of v a p o r - l i q u i d e qu i l i b r i um data for par­
t ia l l y misc ib le mixtures such as 3 -methy l - l -butano l -wate r is diff icult, a n d 
a l though stills have been designed for this purpose (9, 10), the data was 
ind i rec t l y obta ined f rom measurements of pressure, P, temperature, t, 
and l i q u i d composi t ion, x. It was also felt that a test of the va l id i t y of 
the N R T L equat ion i n pred i c t ing the V L E data for the ternary mix­
tures w o u l d be the successful pred ic t i on of the bo i l i ng point. Th i s e l im­
inates the compl i ca ted ana ly t i ca l procedures necessary i n the direct 
measurement of ternary V L E data. 

A modi f ied vers ion of the M-100 bo i l i ng po int apparatus, made b y 
the James F . Scanlon Co . , Wh i t t i e r , Ca l i f , was used; temperature was 
measured b y a Hew l e t t -Packa rd mode l 2801A quar tz thermometer. A l l 
measurements were made at atmospher ic pressure w i t h the temperature 
corrected then to 760 m m H g . 

Pu
bl

is
he

d 
on

 A
ug

us
t 1

, 1
97

4 
on

 h
ttp

://
pu

bs
.a

cs
.o

rg
 | 

do
i: 

10
.1

02
1/

ba
-1

97
2-

01
15

.c
h0

06



6. A N D i A P P A N A N D M C L E A N Isobaric Vapor-Liquid Equilibrium 97 

Tab l e I. F u g a c i t y Coefficients 

Component Temperature, °C Φ, 

Wa t e r 80 0.9925 
90 0.9960 

130 1.0150 
100 1.0000 

E t h a n o l 80 1.0015 
90 1.0119 

100 1.0240 

1-Propanol 80 0.9898 
90 0.9954 

100 1.0018 

2 - M e t h y l - l - p r o p a n o l 80 0.9726 
90 0.9809 

100 0.9904 

3 - M e t h y l - l - b u t a n o l 80 0.9535 3 - M e t h y l - l - b u t a n o l 
90 0.9608 

100 0.9686 
130 C.9991 

T o extract y f rom P, t, x, data obta ined for the b inary system, a 
computer program us ing the N R T L equat ion was prepared. U p o n re­
ce i v ing the input data—i.e., P, x91 a n d a va lue of a, usua l l y a round 0.475 
—va lues of the adjustable parameters (gi2-g22) and ( g 2 i - g n ) were as­
sumed. T h e act iv i ty coefficients were ca lcu la ted us ing E q u a t i o n 5 a n d 
values of y were ca lculated us ing E q u a t i o n 4. T o justify us ing E q u a t i o n 
4, values of the fugacity coefficients were ca lculated. These values 
( Tab l e I ) are be l ieved sufficiently near un i t y to permi t that the effects of 
gas phase nonidea l i ty can be ignored. T h e sum of t/i and y2 was com­
pared w i t h uni ty , and the procedure was repeated u n t i l sum y was w i t h i n 
agreed l imi ts of uni ty . Th i s p rogram also a l l owed the ca l cu la t ing of 
b inary energy parameters used i n pred ic t ing properties of the ternary 
systems. 

A n add i t i ona l p rogram took the energy parameters of the b inary 
systems m a k i n g u p ternary mixtures and ca lcu la ted the bo i l i ng po in t of 
the ternary and the e qu i l i b r i um compos i t ion of the vapor phase. C o m ­
par ison of the measured bo i l ing po int w i t h the pred ic ted bo i l i n g po int 
for the same compos i t ion and pressure was used as a cr i ter ion of successful 
per formance of the N R T L equat ion. 

T o i l lustrate the consistency between the two programs, data for the 
e thano l -water system reported by R ieder and Thompson ( 11 ) were used. 
T h e first program est imated the values of the energy parameters and 
ca lcu la ted the vapor-phase composi t ion, y, w i t h a root mean square dev ia­
t ion ( R M S D ) of 0.00847. T h e mean ar i thmet ic dev ia t ion between the 
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98 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

sum y and un i t y was 0.0064. The est imated parameters were used i n the 
second program w h i c h pred ic ted the same values of y and also pred ic ted 
the temperature of the bo i l i n g mixture. T h e pred ic ted and exper imenta l 
temperature agreed w i t h a R M S D value of 0.22°C. 

T h e procedure establ ishing the v a p o r - l i q u i d e q u i l i b r i u m data for the 
b inary system was tested us ing the homogeneous system, 1-propanol -
water, and the heterogeneous system, 2-methy l - l -propano l -water , us ing 
the data of M u r t i and V a n W i n k l e (12) and E l l i s and Garbe t t (9 ) . 
T h e R M S D value between the exper imental and the ca lcu la ted values 
of y were 0.011 a n d 0.0155, respectively, The compar ison between ex­
per imenta l a n d ca lcu lated V L E data is shown i n F i gu r e 1 a n d F i g -

Figure 1. Comparison of calculated and experimental vapor-liquid equi­
librium data at 760 mm Hg. 1-Propanol (1)-Water (2) . 

• Indirectly measured, present work 
Ο Directly measured, Gadwa (15) 
ψ Directly measured, Murti and Van Winkle (12) 
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6. A N D i A P P A N A N D M C L E A N Isobaric Vapor-Liquid Equilibrium 99 

Figure 2. Comparison of calculated and experimental vapor-liquid equi­
librium data at 760 mm Hg. 2-Methyl-l-Propanol (1)-Water (2) . 

ψ Indirectly measured, present work 
Ο Directly measured, Ellis and Garbett (9) 

ure 2, and they agree w e l l enough to justify us ing the ind irect me thod 
of establ ishing the V L E data on the system, e thano l -2 -methy l - l -p ropano l 
and 3-methy l - l -butano l -water . 

D i r e c t measurement of the V L E data for the e thano l -2 -methy l - l -
p ropano l system were also made, us ing a M E S 1 0 0 mode l e qu i l i b r i um 
supp l i ed by the James F . Scan lon C o . 

Results and Discussion 

Binary System. T h e e thano l -2-methy l -propano l system was f ound 
to behave i n an expected idea l way. T h e x-y data, that was d i rec t ly 
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100 EXTRACTIVE AND AZEOTROPIC DISTILLATION 

Table II. Vapor—Liquid Equilibrium Data at 760 mm. H g 
Ethanol ( l ) -Methyl- l -Propanol (2) 

t°c 

104.15 0.050 0.126 
101.88 0.080 0.200 
101.55 0.085 0.215 
101.03 0.090 0.235 
98.07 0.155 0.332 
94.67 0.220 0.460 
94.08 0.243 0.479 
90.96 0.330 0.595 
89.34 0.382 0.658 
87.56 0.465 0.712 
86.75 0.490 0.742 
86.11 0.510 0.770 
85.24 0.560 0.790 
84.18 0.610 0.817 
83.67 0.635 0.845 
82.54 0.705 0.875 
81.45 0.770 0.915 
81.11 0.800 0.920 
80.06 0.870 0.950 

Table III. Vapor—Liquid Equilibrium Data at 760 mm. H g 
3-Methyl-1-Butanol ( l ) -Water (2) 

t °c XJ Yi 

99.17 0.0009 0.0155 
97.99 0.0024 0.0386 
97.82 0.0031 0.0482 
96.60 0.0051 0.0725 
96.27 0.0072 0.0932 
96.14 0.0073 0.0942 
95.90 0.0205 0.1603 
95.26 0.0616 0.1694 
97.32 0.5766 0.1810 

104.03 0.6536 0.2323 
109.86 0.7698 0.3495 
119.65 0.8873 0.5710 
125.76 0.9347 0.7158 
126.96 0.9427 0.7449 
128.54 0.9696 0.8512 
129.84 0.9884 0.9394 
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6. ANDiAPPAN A N D M C L E A N Isobaric Vapor-Liquid Equilibrium 101 

0 5 1 

Figure 3. Vapor-liquid equilibrium data at 760 mm Hg. Ethanol ( 1 ) -
2-Methyl-l-Propanol (2) . 

Ο Directly measured 
y Indirectly measured 
— Ideal behavior 

measured, are presented i n Tab l e II. F i gu r e 3 shows the compar ison 
w i t h the d i rec t ly measured data, the ind i rec t ly measured data, a n d the 
data ca lcu lated f rom Raoult 's L a w . 

T h e v a p o r - l i q u i d e qu i l i b r ium data for the 3 -methy l - l -butano l -wate r 
system are shown i n Tab l e I I I a n d F i g u r e 4. T h e bo i l i ng po int measure­
ments agreed w i t h those reported i n T immermans (13). T h e va lue of 
a = 0.45 as suggested b y Renon a n d Prausn i t z (8 ) for a l coho l -wate r 
systems was not suitable. Var i ous other values of a were tr ied, a n d a va lue 
of a = 0.3 was f ound to agree best. Th i s fit c an be establ ished b y us ing 
the method descr ibed to test the consistency of the equations— i .e., the 
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102 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

0 5 1 

Figure 4. Vapor-liquid equilibrium data at 760 mm Hg. 3-Methyl-l-
Butanol (1) -Water (2) . 

Table IV. N R T L Parameters for the Binary Systems 
Isobaric Systems at 1 Atm. 

( gia-fW ( gai-gu) 
Refer­ cal./gram cal./gram 
ence a mole mole 

E t h a n o l U ) - W a t e r (2) 11 0.475 121.0 1161.5 
1-Propanol ( i ) - W a t e r (2) 15,12 0.500 438.4 1762.9 
2 - M e t h y l - l - P r o p a n o l (1)-Water (2) 9 0.475 611.5 2475.7 
3 - M e t h y l - l - B u t a n o l U ) - W a t e r (2) — 0.300 - 3 8 6 . 9 3483.8 
E t h a n o l (1 ) - l - P r o p a n o l (2) 16 0.500 465.5 - 3 2 4 . 5 
E t h a n o l ( i ) - 3 - M e t h y l - l -

B u t a n o l (2) 16 0.475 20.8 7.4 
E t h a n o l ( J ) - 2 - M e t h y l - l -

P ropano l [2) — — 0 0 
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6. A N D i A P P A N A N D M C L E A N Isobaric Vapor-Liquid Equilibrium 103 

Table V. Vapor—Liquid Equilibrium Data at 760 mm H g 
Water ( l ) -Ethanol (2)-l-Propanol (3) 

Xj , χ* y / t°C t °C 

0.1763 0.0905 0.3133 0.1353 89.13 89.07 
0.3742 0.0992 0.4527 0.1426 86.70 86.40 
0.5397 0.0944 0.5143 0.1503 86.14 85.60 
0.7271 0.0987 0.5345 0.2100 85.75 85.46 
0.1642 0.1920 0.2720 0.2730 87.57 87.65 
0.3216 0.1949 0.3909 0.2649 85.55 85.47 
0.4759 0.1966 0.4526 0.2828 84.63 84.57 
0.6350 0.1984 0.4768 0.3395 84.04 83.94 
0.1293 0.2698 0.2152 0.3752 86.89 87.19 
0.2707 0.2956 0.3297 0.3822 84.47 84.59 
0.4214 0.3123 0.3932 0.4123 83.12 83.12 
0.5519 0.3076 0.4217 0.4510 82.54 82.51 
0.1201 0.4024 0.1793 0.5203 84.85 85.12 
0.2421 0.3935 0.2852 0.4857 83.30 83.45 
0 3764 0.3777 0.3566 0.4750 82.43 82.47 
0.4812 0.3934 0.3797 0.5214 81.60 81.52 
0.1246 0.4861 0.1702 0.5966 83.47 83.79 
0.2046 0.4837 0.2388 0.5744 82.42 82.65 
0.3030 0.4944 0.2936 0.5797 81.35 81.47 
0.4071 0.4939 0.3312 0.5994 80.63 80.67 
0.0962 0.6059 0.1248 0.7064 82.14 82.39 
0.1896 0.6054 0.2045 0.6785 80.92 81.03 
0.3096 0.5907 0.2731 0.6652 80.03 80.01 
0.0853 0.7030 0.1036 0.7814 80.94 81.11 
0.1911 0.7026 0.1889 0.7518 79.65 79.68 
0.1125 0.7007 0.1264 0.7691 80.59 80.01 
0.1524 0.7319 0.1579 0.7792 79.69 79.30 
0.0851 0.8319 0.0920 0.8648 79.24 79.07 

"Predicted using N R T L equation. 
5 Measured. 

ca lcu la t ion of the parameters w i t h the first p rog ram and the use of the 
parameters to calculate the i n i t i a l temperature. 

Ternary System. The values of a l l b inary parameters used i n pre­
d i c t ing the ternary data are shown i n Tab l e IV . T h e p red i c t ed values of 
the v a p o r - l i q u i d e qu i l i b r i um data— i .e., the bo i l i ng point , and the com­
pos i t ion of the vapor phase, y, for g iven values of the l i q u i d composi t ion, 
x, are presented i n Tables V , V I , and V I I . A l s o shown are the measured 
bo i l i ng points for the g iven values of the l i q u i d composi t ion. T h e R M S D 
va lue between the pred ic ted a n d measured bo i l i ng points for the sys­
tems wate r - e thano l - l -p ropano l , wa te r - e thano l -2 -methy l - l -p ropano l , and 
wa te r - e thano l -2 -methy l - l -bu tano l are 0.23°C, 0.69°C, a n d 2.14°C. It 
seems therefore that since the N R T L equat ion successful ly predicts tem­
perature, the pred ic ted values of y can be accepted confidently. 
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104 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

T o test the method of p red i c t ing some d i rect ly measured ternary 
data , the pred i c t ed results for the system wate r - e thano l - l -p ropano l were 
used to calculate relat ive volat i l i t ies w h i c h were compared w i t h the ex­
per imenta l ly de termined values of Ca r l s on et al. (14). Th i s compar ison 
is shown on F i g u r e 5. T h e compar ison seems to ind icate that the method 
of p red i c t ing is satisfactory a n d gives less scatter than the exper imental ly 
de termined values of re lat ive vo lat i l i ty . 

Table VI. Vapor—Liquid Equilibrium Data at 760 mm H g 
Water ( l ) -Ethanol (2)-2-Methyl-l-Propanol (3) 

x» y . " t°C t°C 

0.1937 0.0999 0.4203 0.1632 93.28 93.0 
0.3582 0.1062 0.5294 0.1574 90.13 89.25 
0.5377 0.1003 0.5945 0.1548 88.78 87.67 
0.7115 0.1014 0.6098 0.1912 88.09 86.93 
0.1589 0.2002 0.3300 0.3163 91.78 91.46 
0.3156 0.1996 0.4521 0.2854 88.68 87.72 
0.5570 0.1820 0.5377 0.2813 86.88 85.92 
0.6352 0.2066 0.5208 0.3492 85.71 84.87 
0.1264 0.3072 0.2468 0.4635 90.05 89.89 
0.3006 0.2943 0.3947 0.4012 86.86 86.09 
0.4103 0.3056 0.4323 0.4161 85.33 84.59 
0.5562 0.2981 0.4572 0.4474 84.09 85.1 
0.1255 0.3990 0.2158 0.5602 87.85 87.76 
0.2611 0.3974 0.3274 0.5145 85.24 85.09 
0.3722 0.3897 0.3791 0.5041 83.95 83.46 
0.4789 0.3993 0.3930 0.5414 82.53 82.23 
0.0959 0.4984 0.1556 0.6666 86.29 86.38 
0.1934 0.5010 0.2470 0.6228 84.18 83.96 
0.3099 0.4949 0.3135 0.6009 82.55 82.28 
0.4006 0.4991 0.3385 0.6149 81.32 81.10 
0.0954 0.6042 0.1347 0.7448 83.97 84.08 
0.2124 0.5908 0.2339 0.6877 82.05 81.93 
0.4614 0.4118 0.3870 0.5465 82.46 80.23 
0.1021 0.6959 0.1266 0.7982 81.94 81.99 
0.1952 0.7051 0.1955 0.7680 80.14 80.11 
0.0757 0.8162 0.0865 0.8764 80.15 80.25 
0.1805 0.7530 0.1768 0.7997 79.49 79.49 
0.0526 0.8987 0.0577 0.9264 79.09 79.19 

β Predicted using N R T L equation. 
* Measured. 
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6. A N D i A P P A N A N D M C L E A N Isobaric Vapor-Liquid Equilibrium 105 

Table VII. Vapor-Liquid Equilibrium Data at 760 mm H g 
Water ( l ) -Ethanol (2)-3-Methyl-l-Butanol (3) 

X i XJ y / y / t°C t °C 

0.7422 0.0101 0.8790 0.0198 95.08 94.37 

0.4982 0.0127 0.8318 0.0266 97.93 94.67 

0.3477 0.0120 0.7503 0.0311 103.20 99.58 

0.7248 0.0303 0.8455 0.0589 94.46 93.57 

0.2944 0.0263 0.6809 0.0729 104.88 100.44 

0.7784 0.0269 0.8464 0.0565 94.56 93.78 

0.8878 0.0094 0.8412 0.0277 95.22 95.40 

0.0344 0.0241 0.8492 0.0456 95.14 94.13 

0.4465 0.0384 0.7685 0.0826 98.26 95.68 

0.6338 0.1773 0.6234 0.3225 89.45 89.41 

0.5055 0.2112 0 5 7 4 4 0.3604 89.97 89.71 

0.2774 0.1984 0.4574 0.4082 96.20 92.15 

0.2087 0.1867 0.3944 0.4306 99.46 93.92 

0.3781 0.3232 0.4331 0.5084 88.31 88.31 

0.6071 0.2999 0.4801 0.4971 84.75 86.25 

0.1377 0.3002 0.2369 0.6182 96.57 91.73 

0.1984 0.3953 0.2684 0.6495 90.32 88.62 

0.2802 0.4149 0.3265 0.6180 87.35 87.39 

0.4460 0.3727 0.4225 0.5431 85.22 86.62 

0.1335 0.4835 0.1774 0.7491 89.05 87.69 

0.1857 0.5114 0.2212 0.7262 86.56 86.65 

0.3912 0.5172 0.3319 0.6538 81.75 84.07 

0.1047 0.6257 0.1248 0.8307 85.20 85.37 

0.1939 0.6103 0.2054 0.7648 83.33 84.63 

0.2963 0.5946 0.2709 0.7134 81.50 83.62 

0.1112 0.6845 0.1247 0.8441 83.31 84.20 

0.1353 0.7158 0.1428 0.8359 81.85 83.40 

0.2135 0.6820 0.2050 0.7806 83.94 82.97 

0.0453 0.8104 0.0511 0.9280 81.67 82.76 

0.1022 0.8118 0.1059 0.8824 80.21 82.00 

0.1547 0.7925 0.1498 0.8434 79.49 81.51 

0.0312 0.8920 0.0343 0.9551 80.02 80.09 

0.0499 0.8998 0.0532 0.9402 79.38 79.45 

0.0680 0.8989 0.0706 0.9252 78.96 78.99 

α Predicted using N R T L equation. 
6 Measured. 
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106 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

Ο 
> 

> 
< 

• 

L—OOfCpCBDO 

M O L E F R A C T I O N OF WATER IN LIQUID 

Figure 5. Comparison of calculated and experimental volatilities of 1-pro-
panol relative to ethanol in presence of water 

Ο Indirectly measured, present work 
ψ Directly measured, Carbon et al. (14) 

Conclusion 

T h e non-random, two - l i qu id (NRTL) equat ion proposed b y Renon 
a n d Prausn i t z (8) seems to pred ic t successfully mul t i component ( ternary ) 
mixtures of alcohols and water. T h e alcohols s tud ied i n this w o r k etha­
no l , 1-propanol , 2 -methy l - l -propano l , and 3-methy l - l -butano l , w h i c h oc­
cur f rom the fermentat ion of sugar solutions, show h igh ly non- idea l 
behav ior i n aqueous solutions a n d present a severe test of the effectiveness 
of any pred ic t i on method. 

T h e success of the N R T L equat ion i n undergo ing this test w o u l d 
suggest that i t w i l l be a power fu l tool i n the design of processes i n vo l v ing 
azeotropic or extractive d is t i l la t ion. T h e effect of the add i t i on of a t h i r d 
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6. A N D i A P P A N A N D M C L E A N Isobaric Vapor-Liquid Equilibrium 107 

component to a diff icult to separate b inary mixture can be pred ic ted w i t h a 
degree of confidence, certa in ly for a l coho l -wate r mixtures. O n l y equ i l i b ­
r i u m data for the b inary components of the system are necessary, a n d this 
wo rk shows that even for systems of l im i t ed l iqu id-phase misc ib i l i t y , the 
N R T L equat ion can be used to extract the necessary in format ion f rom 
measurements of bo i l i ng point , l i q u i d composi t ion, and pressure alone. 
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7 

Demulsification of Crude Oils 

Use of Azeotropic Distillation 

LESLIE L. BALASSA and DONALD F. OTHMER 

Slate Hill, Ν. Y. 10973 and Polytechnic Institute, Brooklyn, Ν. Y. 11201 

Water and often fine sand and silt are held in various crude 
oils in permanent emulsions. Particularly crudes obtained by 
secondary methods and those from tar sands where water or 
steam are used contain water and mineral matter emulsified 
therein by the surface forces on small particles and drops. 
Azeotropic distillation removes the relatively small amount 
of water, using the solvent as an entrainer which dilutes the 
crude. This allows: the mineral matter to be separated easily 
without using centrifuges with their substantial cost and 
wear, free of organic material, so it may be discarded with­
out hazards of fire or odors; the bitumen to be recovered 
for such use or cracked to give volatile fractions and coked 
to an ash-free coke; the water to be obtained as distilled 
water for reuse. 

" p e t r o l e u m crudes p roduced b y water flooding, hot water displacement, 
pressure steam, or steam inject ion usua l ly are emulsions, either water-

i n - o i l or oi l- in-water , and are f requent ly a combina t ion of both . Emuls ions 
of these h i g h viscosi ty oils often cannot be b roken and dehydra ted b y 
convent ional methods. 

A n even more difficult processing cond i t ion arises w i t h heavy b i t u ­
minous oils w h i c h a lways carry m u c h sand, c lay, a n d silt of coarse and 
smal l par t ic le sizes w h i c h s tabi l ize the oil—water emulsions even more. T h e 
b i tuminous oils have specific gravities of 0.9-1.4 a n d have h i g h viscosi­
ties; thus they cannot be separated f rom the water or solids present b y 
set t l ing or b y us ing the most efficient centrifuges. 

D i l u t i n g these emulsions of heavy oils w i t h l igh t solvents—e.g., 
kerosene, solvent naphtha , benzene, etc.—reduces the specific gravi ty of 
the o i l phase of the emulsions be low that of water a n d lowers the vis-

108 
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7. B A L A S S A A N D O T H M E R Demulsification of Crude Oils 109 

cosity so that some of the water and m ine ra l matters usual ly can be 
removed b y sedimentat ion, centri fuge, or hydro-cyc lone. 

A d d i t i o n of a l o w viscosity hydrocarbon solvent often extracts the o i l 
f rom the water ; the extract layer of solvent and solute separates f rom the 
water. T h e large amount of solvent needed to separate emulsions of water 
i n a viscous heavy o i l is uneconomic because of the d i lu te so lut ion needed 
to obta in a cont inuous water phase. A d d i t i o n of solvent, poss ib ly u p to an 
equa l amount, is reasonable and is desirable to reduce the viscosity suffi­
c ient ly to p u m p and transport the heavy o i l . A cheap a l iphat i c so l vent— 
e.g., kerosene—is preferable, bu t b i tuminous o i l fractions are m u c h more 
soluble i n aromatic solvents, par t i cu lar ly at temperatures near the am­
bient. However , the water and so l id part ic les are not at acceptable l imi ts 
even after m u c h d i lu t i on , especial ly i n the presence of fine part ic les as 
i n some crudes f rom Ca l i f o rn i a and Venezue la and par t i cu la r l y f rom tar 
sands as those i n A thabasca (A lbe r ta , C a n a d a ) . 

Processing o i l emulsions f rom tar sands is diff icult w i t h the o i l a n d the 
aqueous phase. The o i l phase carries m u c h c lay and si lt ( sand) of smal l 
part ic le size w h i c h are suspended a n d do not settle out even on pro longed 
storage. T h e surface or mo lecu lar forces between viscous oils and such 
fine part ic les are more important i n de te rmin ing the latter's motions, or 
lack of mot ion , than the mechan ica l forces result ing f rom differences i n 
specific gravity. 

Some part icles i n the aqueous phase are wet b y o i l instead of b y 
water, and these oi l -coated part ic les give an unusua l l y stable suspension 
for about the same reason. Th i s o i l i n the oi l-wet m ine ra l matter, sus­
pended i n the aqueous phase, makes it unsuitable for r ecyc l ing i n the 
processing operat ion or d ischarg ing back into surface waters. A lso , the 
m ine ra l sludge w h i c h is separated f rom water s t i l l contains a substant ia l 
percentage of o i l ; it cannot be d isposed of even b y re turn ing i t to the 
place where i t was m i n e d or produced . F i res have occurred f rom spon­
taneous combust ion resul t ing f rom this s ludge of fine part ic les and o i l . 

P r i o r processes proposed to demuls i fy i t are unsatisfactory because 
so m u c h o i l is a lways lost i n the aqueous phase or i n the dewatered sludge. 
A lso , the content of water and minerals i n the o i l separated b y conven­
t iona l processes is usua l l y above acceptable l imi ts for p ipe l ine transporta­
t ion or for ref ining purposes. 

F i n a n c i a l losses are exper ienced i n o i l wasted, i n equ ipment and 
cap i ta l charges of w o r n equipment i n plants, and i n l a n d va lue of d isposal 
ponds. Tremendous disposal ponds of d iscarded emulsions i n Venezue la 
and elsewhere take u p avai lable land . I n separating emulsions f rom 
tar sands, the extremely abrasive silt has ru ined expensive centrifuges 
and makes us ing them imprac t i ca l . 
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110 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

Azeotropic Distillation 

T h e water content of an emuls ion is removed b y d is t i l la t ion, however , 
d irect a n d s imple d is t i l la t ion presents several p rac t i ca l problems. I n the 
presence of a so lvent -d i luent after p re l im inary separat ion of m u c h of the 
water as a cont inuous phase, the balance is r emoved b y azeotropic 
d is t i l la t ion. 

F o r m a n y years water has been separated f rom many l i qu ids b y 
azeotropic d is t i l la t ion. W a t e r is substant ia l ly inso luble not on ly i n the 
oils bu t also i n the di luents or solvents. Thus , the vapor pressures of the 
water and d i luent are addi t i ve as i n the fami l iar steam dist i l lat ions. A 
heterogeneous azeotrope is formed; this always boi ls be low the bo i l i n g 
po in t of water because pressure must be reduced for water to b o i l at the 
vapor pressure of the hydrocarbon. 

T h e pr inc ip les of azeotropic d is t i l la t ion have often been descr ibed 
(1,2,3,4,5,6,7), and app l y ing them gives a s imple method of separat ing 
water f rom its o i l emulsions. T h e l ow-bo i l ing constituents of an o i l — o r 
the d i luent u s e d — w o u l d be the entraîner ( w i t h d r a w i n g agent) w h i c h 
forms the heterogeneous azeotrope or steam d is t i l la t ion w i t h the water. 

Because of nonequ i l i b r ium bo i l ing condit ions i n a s imple d is t i l la t ion, 
the vapors may not conta in the true azeotrope, a n d the heat cost m a y be 
too h i gh . Therefore a c o l u m n is s t i l l used to rect i fy the exact azeotrope 
at the head of the co lumn; however, on ly a few trays are requi red . 

T h e azeotrope contains the lower hydrocarbons of the di luent . I f a 
w ide-cut f ract ion is used, the more volat i le ones come to the top of the 
c o l u m n w i t h the water. 

A t any temperature the vapor pressure of water plus that o f the 
entraîner, or the effective vapor pressure of the mixture of l i qu ids op­
erat ing as the entraîner, gives the azeotrope's vapor pressure. T h e tem­
perature where this summat ion curve crosses the atmospheric l ine, or 
other operat ing pressure of the d is t i l la t ion, is the azeotropic bo i l i n g 
point . A close-cut f ract ion or a single more or less pure c ompound as 
a d i luent a n d azeotropic w i t h d r a w i n g agent is preferable, a l though not 
necessary. I f the mixture loses some o f its more volat i le components 
at the head of the co lumn over a pe r i od of t ime, the azeotropic bo i l i ng 
po int w i l l g radua l l y rise. 

T h e condensate has two l i q u i d phases. It runs f rom the condenser 
to a separator or decanter where the water layer is removed for d i scard 
a n d the solvent layer is re turned, usua l ly as reflux to the co lumn. Th i s re­
flux of " a l l or pa r t " ( the solvent layer ) of the condensate after décantation, 
rather than "par t of a l l , " was deve loped i n 1927 (2) for acetic a c i d dehy­
dra t ion w i t h an added solvent as entraîner and for bu tano l dehydra t ion 
us ing bu tano l itself as the entraîner. 
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7. B A L A S S A A N D O T H M E R Demulsification of Crude Oils 111 

Separat ing water f r om an o i l emuls ion is best done b y an entraîner 
added as a d i luent to the o i l . F o r example, the d i luent added to the o i l 
emuls ion is a naphtha f ract ion hav ing an effective vapor pressure equa l 
to that of octane. Th i s naphtha is added to the o i l , and as m u c h water as 
possible is separated; the o i l emuls ion layer w h i c h is not b roken contains 
the added naphtha . 

OIL, SILT β DILUENT 
OUT 

Figure 1. Flow sheet for removing emulsified water from 
crude oil and diluent using azeotropic distilfotion with fixed 

amount of entraîner 

F i g u r e 1 indicates one operable flow sheet w h e n this o i l emuls ion 
conta in ing the naphtha w i l l have a sufficiently l ow viscosity to be p u m p e d 
through a tubu la r condenser and then through a tubu lar bottoms cooler 
for heat in terchang ing and recovery. It is then p u m p e d to an upper plate 
of a c o l u m n st i l l . Th i s m igh t have 10-15 trays des igned to a l l ow ready 
passage d o w n w a r d of any silt. T h e c o l u m n is thus sel f-c leaning as m u c h 
as possible, but provis ions are also made for open ing to c lean mechanica l ly , 
i f necessary. 

Tab l e I gives several azeotropes of water w i t h hydrocarbons and 
butano l , used as entrainers. Assuming the entraîner—diluent has the p rop-
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112 e x t r a c t i v e a n d a z e o t r o p i c d i s t i l l a t i o n 

Table I. Azeotropes of Water and Entrainers 

Temperature, 
°C (1 atm) 

Composition 
by Weight 

% Separated 
Layers 

Boiling 
Point Azeo. Azeo. Upper Lower 

Compound Temp. Vapors Layers Layers Volume, % 

Toluene 110.6 79.8 99.9 0.1 82 U p 
W a t e r 100 85 20.2 0.1 99.9 18 L o w 

m - X y l e n e 139.1 60 99.95 0.05 63.4 U p 
W a t e r 100 94.5 40 0.05 99.95 36.6 L o w 

n-Octane 125.7 74.5 99.98 0.02 80 U p 
W a t e r 100 89.6 25.5 0.02 99.98 20 L o w 

B u t a n o l 117.7 55.5 77.5 8.0 71.5 U p 
W a t e r 100 93 45.5 22.5 92.0 28.5 L o w 

erties of octane, the c o l u m n has a top vapor temperature of 89.6 °C. 
These vapors are condensed i n preheat ing the feed and i n another water-
coo led condenser i f needed. T h e condensate flows to a decanter w h i c h 
cont inuous ly separates 8 0 % b y vo lume as the d i luent -ent ra iner layer 
a n d 2 0 % b y vo lume of a water layer. T h e amount of each component 
d isso lved i n the other layer is so smal l that it is d isregarded; thus the 
water layer flows to waste. T h e entraîner layer is re turned to the top of 
the c o l u m n as reflux to w i t h d r a w more water, and the dry o i l w i t h sedi­
ment passes out the bot tom a n d through a bottoms exchanger. The silt 
n ow settles and separates re lat ive ly easily f rom the o i l w h i c h is decanted. 
The si lt is washed w i t h the so l vent -d i luent w h i c h is then reused w i t h a 
f o l l ow ing o i l emuls ion and then steamed to recover the naphtha. 

I n this flow sheet the solvent-diluent—entraîner passes through the 
system a n d out w i t h the o i l for transport or r e f in ing—a first step w h i c h 
may recover naphtha for reuse. However , i n the cyc le at the head of the 
azeotropic c o lumn w i t h the condenser and the decanter, f ract ionat ing 
l ight-ends f rom the naphtha passing th rough w i t h the o i l occurs to g ive the 
azeotrope w i t h water w h i c h has a compos i t ion depend ing on the effective 
vapor pressure of the mix ture of hydrocarbons w h i c h stabil izes there as 
t ime passes. Th i s may have a considerably lower bo i l i ng po int than the 
naph tha fract ion, and the l ight-ends congregate and become the entraîner. 
Some of this may be removed f rom the system b y w i t h d r a w i n g f r om the 
reflux stream to the co lumn. I f there are so many l ow ends that the azeo­
t rop ic bo i l i ng po in t goes down , a naphtha f ract ion of somewhat h igher 
bo i l i n g range is used as the d i luent . 

A c t u a l l y this indicates an operat ion comparable w i t h the dehydra­
t i on of many other l i qu ids w i t h a separate entraîner. Thus , i f no d i luent 
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7 Β A L A S S A A N D O T H M E R Demulsification of Crude Oils 113 

is necessary to reduce the viscosity of the o i l so that i t m a y be hand l ed 
a n d no d i luent is used to g ive a previous par t ia l demulsi f icat ion, enough 
entraîner cou ld be selected a n d supp l i ed to the azeotropic system to 
charge the upper part of the co lumn, the condenser, decanter, and con­
nections. T h e added entraîner w o u l d then w i t h d r a w water f rom the o i l 
emuls ion fed into and out of the co lumn, and the entraîner w o u l d then 
act l ike a mechan ica l part of the system. 

Tab l e I shows that, as the bo i l i ng po int of the hydroca rbon used as 
the entraîner increases so does that of the azeotrope w i t h water and the 
percent of water therein. A h i g h percentage of water i n the azeotrope 
is des ired for the heat r equ i red for the d is t i l la t ion, w h i c h is ma in l y that 
of the latent heat of the water p lus that of the entraîner. Sufficient en-
trainer should be avai lable i n the azeotrope for reflux to the c o l u m n 
a l though this requirement is not large. A l so , the so lub i l i ty or d i l u t i on 
effect is better w i t h lower -bo i l ing hydrocarbons. Thus there are several 
factors to be ba lanced i n choosing the azeotrope. The effect of re lat ive 
bo i l i n g points, vapor pressures, and amounts of different entrainers i n 
their azeotropes w i t h water has been discussed as affecting the choice of 
entrainers for separating water f rom acetic a c i d ( 5 ) . However , that 
represents a m u c h more diff icult selection because there the quant i ty of 
reflux is important and also the solvent characterist ics of the entraîner 
for the acetic a c id also contro l the choice. 

However , the op t imum azeotropic entraîner for water f rom an o i l 

emuls ion is par t ia l l y selected accord ing to those pr inc ip les . T h e highest 

bo i l i n g l i qu ids obv ious ly carry more water for a g iven heat input . A 

selected and stable temperature at the top of the azeo c o l u m n is nec­

essary for op t imum operat ion, and this might seem to be secured best b y 

a pure aromatic. A l ternate ly , a pure a l iphat ic or a close-cut naph tha 

f ract ion might be obta ined and ma in ta ined i n the azeotropic co lumn. 

The use of a pure c ompound is not advantageous i f a close-cut naphtha 

f ract ion is used as an entraîner i n this cont inuous operat ion because the 

losses and make-up of such entraîner i n a c o lumn are so sma l l ; thus, the 

effective azeotropic bo i l i ng po int remains constant. 

T h e entraîner shou ld be a hydrocarbon w h i c h has a lower bo i l i n g 

po int than the l ight-ends, whatever the feedstock of o i l emuls ion ; other­

wise l i ght ends cont inua l ly fract ionate into the azeotrope a n d have to be 

removed. I n other systems invo l v ing azeotropic w i t h d r a w i n g agents w i t h 

a mixture of various volat i l i t ies, a stable entraîner is deve loped and ma in ­

ta ined at the des i red bo i l i ng po in t b y remov ing per iod i ca l l y some of the 

entraîner to keep its effective bo i l i n g po int sufficiently h i gh . Sometimes 

sma l l heads co lumns have been incorporated to do this cont inuously . 
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114 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

Laboratory Testing 

H a v i n g considered a basic flow sheet and the elementary pr inc ip les 
of azeotropic d is t i l la t ion as they may be used, w e considered test ing 
emulsions i n the laboratory p r i o r to process design. 

T h e first step i n test ing the mater ia l for su i tab i l i ty of the demulsi fy-
ing , dehydra t ing process is to d i lu te the crude o i l w i t h a solvent w h i c h 
is used b y itself or m ixed w i t h another i n azeotropic dehydra t i on of the 
emuls ion. T h e m i n i m u m amount of solvent w h i c h is sufficient for the 
first step is that w h i c h cuts the viscosity of the crude enough to a l l ow 
azeotropic d is t i l la t ion w i thout excessive foaming. Th i s m a y requ i re about 
40 -60 volumes solvent per 100 volumes of crude, bu t this rat io of solvent, 
however, may not be sufficient to reduce the gravi ty of the crude be low 
that of water to a l l ow pre l iminary décantation of some of the water. 

T o achieve this, a vo lume of solvent about equa l to that of the crude 
may have to be used (sometimes an even higher rat io of so lvent ) . B y 
d i l u t i n g the crude first w i t h toluene u p to a vo lume of 2 0 % of the crude 
a n d cont inu ing the d i lu t i on w i t h a l i ght gasoline f ract ion i n the range 
of hexane, octane, or higher, the gravity is l owered w i t h less total solvent. 
A l so d i lu t i on w i t h a naphtha fract ion alone may suffice at 80 °C. E a c h 
crude has to be separately evaluated based on its properties and water 
content. I f the water i n the permanent emuls ion is low, it may not be 
wor thwh i l e to a d d sufficient solvent to separate a water layer. 

T h e water i n the crude w h i c h is not i n a permanent emuls ion is 
determined b y d i l u t i ng the crude w i t h a mixture of toluene and a naphtha 
f ract ion; m u c h of the water together w i t h the water-set inorganic matter 
then settles out i n a separatory funnel . I f a centri fuge is used, the h i g h 
grav i ty oi l-wet inorganic matter separates w i t h the water car ry ing w i t h 
i t a substant ia l amount of o i l . Thus , s imple grav i ty separation is prefer­
able. 

T h e o i l d i lu t ed w i t h the solvent only m a y be d is t i l l ed i n a glass flask, 
fitted w i t h a re lat ive ly s imple laboratory co lumn. B o i l i n g i n the flask is 
accompl ished w i thout b u m p i n g i f an in terna l electric heater w h i c h al lows 
l i t t le superheat is used. T h e azeotropic d is t i l la t ion br ings over vapors 
w h i c h are condensed. Condensate is separated i n a cont inuous glass de­
canter w h i c h returns the hydrocarbon layer to the c o lumn and discharges 
the water layer. W h e n the water content of the solut ion is r educed to 
be low 0 . 1 - 0 . 2 % , no water is v is ib le i n the condensate; the temperature 
at the head of the c o l u m n rises to the bo i l i ng po int of the entraîner itself, 
and the dehydrat ion is complete. T h e total water separated is measured. 
Th i s vo lume w i t h the water w h i c h has been separated b y décantation 
after d i lu t i on a n d before d is t i l la t ion represents the o r i g ina l amount of 
water present. 
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7. B A L A S S A A N D O T H M E R Demulsification of Crude Oils 115 

B a t c h azeotropic d is t i l la t ion is also accompl ished i n the laboratory 
w i t h a s imple flask, condenser, and receiver w i thout a co lumn, cont inuous 
decanter, and cont inuous reflux, bu t i t takes m u c h longer and is not 
comparab le to a p lant operat ion, w h i c h is deve loped f r om such laboratory 
testing. 

T h e oi l-wet s ludge is removed f rom the dehydrated o i l so lut ion i n 
the flask b y sett l ing a n d decant ing or centr i fuging. It is washed w i t h 
solvent to free i t of o i l , d r i ed , and we ighed. T h e wash so lut ion is com­
b ined w i t h the dehydrated o i l so lut ion w h i c h contains other solvent and 
the separate entraîner, i f one was used. Solvent is s t r ipped f rom the solu­
t ion b y d is t i l la t ion to determine the avai lable o i l of the crude w h i c h 
remains. 

A smal l amount of add i t i ona l inorganic matter may settle out of c rude 
after a few days storage. Th i s is an extremely sma l l par t ic le size silt w h i c h 
is usua l ly less than 0 .05% of the o i l . It m igh t be removed by a more 
efficient, h igher speed, centri fuge than usua l l y avai lable. Howeve r , such 
h i g h speed centrifuges might be bad l y abraded b y the fine si lt and w o u l d 
be too expensive to use i n ac tua l pract ice. O n e or two days sett l ing at 
120°C for example, is a better test method and is a better pract ice i n 
produc t i on i f the necessary storage faci l i t ies are avai lable. Add i t i v es to 
flocculate the fine silt m igh t also be used. 

Modified Azeotropic Distillation 

Cont inuous d is t i l la t ion always gives a better, more un i f o rm product 
at a lower heat cost and usual ly a lower p lant cost. A cont inuous opera­
t ion is essential i n azeotropic d is t i l la t ion w h e n an entraîner is added, or 
it w o u l d necessari ly have to be fract ionated off to reuse i t after each batch . 

Several variat ions of the flow sheet for azeotropic d is t i l la t ion are 
possible, each hav ing a cont inuous decanter w h i c h discharges pure water 
(less than 0 . 1 % dissolved hydrocarbon or aromatics and less than 0 . 01% 
for a l iphat ics ). F i g u r e 1 is the simplest flow sheet. T h e entraîner selected 
is charged to the azeotropic c o lumn and remains substant ia l ly there, re­
mov ing water cont inuously bu t be ing almost unchanged i f i t has a lower 
bo i l i ng po int than the l ight ends of the feedstock. The reboi ler may be 
heated b y other ways than b y the steam shown i n F i gu r e 1. 

F i g u r e 2 shows a cont inuous azeotropic c o l u m n us ing a fixed amount 
of entraîner w h i c h remains i n the uni t . S ince reflux is large ly supp l i ed 
b y feed of the emuls ion near the top of the co lumn, the entraîner f rom 
the decanter passes to a reboi ler and is fed back to the tower as vapors. 
Th i s gives a more near ly counter-current act ion of the azeotropic dis­
t i l l ing operat ion, and a lesser heat input r equ i r ed into the viscous o i l at 
the base of the co lumn, usua l l y w i t h more or less silt i n suspension wh i l e 
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116 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

CONDENSER > 

Figure 2. Flow sheet for removing emulsified water by azeo­
tropic distillation using a vapor feed of the reflux of a fixed 

amount of entraîner 

the ba lance of the heat requirements for the azeotropic d is t i l la t ion w o u l d 
be supp l i ed to the th in , pure , entraîner i n a separate reboi ler. 

F i g u r e 3 ut i l i zes the d i l u t i n g of the o i l emuls ion w i t h the entraîner 
coming f rom the decanter. Th i s occurs at or near the azeotropic bo i l ing 
point . Th i s mixer dissolves the o i l i n the emuls ion a n d par t ia l l y breaks 
i t w i t h some of the water and si l t be ing decanted off of the feed stream 
of permanent emuls ion a n d entrainer-solvent go ing to the top of the 
co lumn. M o r e entraîner must be used i n this system to supp ly that i n 
the mixer and the decanter; however, i t is m i x ed w i t h the o i l passing 
through cont inuously . 

F i g u r e 4 is a modi f icat ion o f F i g u r e 3 where the funct ion of the mixer 
i n d isso lv ing the entraîner and the feed of o i l emuls ion and the funct ion of 
the decanter i n separat ing the water layer formed is taken over b y an ex­
tractor. I t is one of the several mechan ica l l y agitated types w h i c h washes 
or extracts the o i l out of the emuls ion and precipitates or discharges as a 
raffinate layer the water a long w i t h most of the silt. T h e r ema in ing per­
manent emuls ion o i l layer carr i ed by the d isso lv ing entraîner solvent goes 
to the top of the co lumn. 
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7. B A L A S S A A N D O T H M E R Demulsification of Crude Oils 117 

T h e bot tom of F i g u r e 4 indicates one system for the hand l ing of the 
c rude w i t h si lt f rom the bo t tom of the c o lumn before, after, or w i thou t 
a heat exchanger to recover the sensible heat of the bottoms f rom this 
st i l l . A cont inuous thickener, of the usua l rotat ing type w i t h hoes, thickens 
the suspended si l t in to a n o i l -mud w h i c h is removed, washed, and steamed 
before d iscard. T h e solvent recovered f rom this wash ing of m u d goes 
back to the feed dissolut ion. T h e clear crude kerosene solut ion, now free 
of water a n d silt, has kerosene removed by d is t i l la t ion, or i t is p u m p e d to 
the refinery. O f t en where the c rude does not conta in too m u c h water i n a 
permanent emuls ion or is not too diff icult to p u m p , i t w o u l d not requ i re 
the i n i t i a l d i lu t i on . 

O the r variat ions of flows are possible; i n each case i f more solvent-
entrainer is added to the emuls ion i n advance, i t is recovered b y d r a w i n g 
off a corresponding percentage of the entraîner layer w h i c h discharges 
f rom the decanter and r ecyc l ing i t back to so lut ion tank where i t is added 
to the o p t i m u m propor t iona l amount of feed emuls ion. Thus , i f kerosene 
and a n aromat ic solvent—e.g., to luene or xy lene—are used i n d isso lut ion 
of the emuls ion, the aromat ic chosen as the entraîner is cont inuously 

Figure 3. Flow sheet using entraîner as diluent with premixer 
and predecanter for separating some of the silt and water 
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118 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

Figure 4. Flow sheet using entraîner as diluent solvent in an 
extractor used to extract oil from an emulsion with water and to 
remove a raffinate layer of silt and water (with removal of final 
silt from the bottoms stream by a thickener, either before or after 

a heat exchanger) 

separated i n the amount of its a r r i va l i n the c o l u m n and recyc led back 
for cont inuous d isso lut ion i n the mixer. Th i s is contro l led b y observ ing 
the temperatures at several midsec t ion plates, the same as the amount of 
b u t y l acetate i n the c o l u m n is contro l l ed i n acetic a c i d dehydra t ion (5 ) . 
T h e h igher b o i l i n g kerosene is d is t i l l ed away f rom the crude i n a separate 
co lumn, or i t may r ema in to th in the crude i n its transport to the refinery. 

Comparison of Azeotropic Demulsification with GCOS Process 

T o exempl i fy the problems of demuls i f icat ion of o i l , some steps i n 
the recovery of b i tuminous o i l f rom tar sands are considered. T h e Great 
C a n a d i a n O i l Sands, L t d . ( G C O S ) Process has been descr ibed i n var ious 
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7. B A L A S S A A N D O T H M E R Demulsification of Crude Oils 119 

publ icat ions (e.g., 8), and because of the major problems of separat ing 
water a n d abrasive minerals f rom the crude, operat ional losses of many 
mi l l ions of dol lars have resulted. 

Mining—overburden, remova l , and m i n i n g of tar sands 
Transport—tar sands conveyed, stored, a n d loaded i n extractors 
Primary Extraction. Th i s is accompl i shed w i t h steam a n d hot water 

i n ro tat ing cond i t i on ing drums at about 190 °F. T h e tota l mass is p i p e d 
into a ver t i ca l separat ion ce l l w h e r e — ( a ) the crude b i tumen , as a f roth, 
rises to the surface and is removed ; ( b ) a bot tom layer conta in ing ma in l y 
sand, c lay, and water w i t h not more than about 2 % b i tumen is p i p e d to 
the ta i l ing p o n d ; ( c ) a " m i d d l i n g s " layer w i thou t sharp d i v i d i n g l ines 
between the f roth above or the sand and water be low. Th i s is a tenacious 
emuls ion of b i tumen i n water, s tab i l i zed b y a substant ia l amount of sand 
and c l ay—mos t l y oi l-wet. M o s t of the b i tumen is removed i n scavenger 
cells b y air- frothing. T h e sand, clay, and water and some unrecoverable 
b i tumen is p u m p e d to the ta i l ings pond . B i t u m e n recovery is not more 
than 9 0 % , thus the tai l ings carry off at least 1 0 % of that or ig ina l ly present. 

Final Extraction. The b i tumen f rom the froth, conta in ing substan­
t ia l quantit ies of sand, clay, and water, is d i l u t ed w i t h naphtha to reduce 
its v iscosity so i t can be p u m p e d readi ly . It is first p u m p e d to 14 scro l l -
type centrifuges to remove large m ine ra l part ic les and then to 26 nozz le-
type centrifuges to remove most of the r ema in ing minerals and water. 
Ab ras i on i n the expensive centrifuges has been a major operat ional 
charge. T h e d i lu t ed b i tumen s t i l l contains significant quanti t ies of water 
and hydroph i l i c sand and clay. 

Cracking and Coking. T h e d i lute b i tumen is p u m p e d into coker 
drums, where i t is c racked to y i e l d gas a n d c rude o i l overhead, w h i c h 
goes to the refinery. Res idua l coke contains a l l of the res idua l sand and 
c lay w h i c h cou ld not be removed i n the final extract ion, and therefore 
i t is used on ly as a fue l for the boilers. 

I n the azeotropic system ( J ) , the m i n i n g and transport steps are the 
same, also the c rack ing and cok ing step, except that i t gives a m u c h 
improved coke w h i c h is used for more va luab le products than as a h i gh 
ash fuel . 

I n the p r imary extract ion, however, a hydrocarbon solvent is added . 
Th i s a l lows a re lat ive ly sharp separat ion between the " m i d d l i n g s " and 
the aqueous bot tom layer. A f ract ion w i t h bo i l ing range of octane is 
suitable, since i t then becomes the azeotropic entraîner for the water. 
A n aromat ic solvent—e.g., t o luene—might be better, bu t i t may require 
another separat ion later. 

I n the final extract ion because of solvent add i t i on i n the p r imary 
extract ion, the m ine ra l matter read i l y separates f rom the bot tom aqueous 
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120 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

layer instead of r equ i r ing batteries of expensive centrifuges w i t h con­
siderable damage resul t ing f rom abras ion of the fine sand. A suitable 
sett l ing a i d assists this, and the we t sediment, a lmost free of b i tumen , is 
used as fill. T h e water contains on ly a smal l amount of d isso lved solvent 
w h i c h is recovered b y s t r ipp ing , or wasted, and the water itself is reused 
or d iscarded to surface waters as it is env i ronmenta l ly acceptable. 

T h e top b i tumen layer and the "m idd l i ngs " layer are comb ined and 
are p u m p e d to an azeotropic d is t i l la t ion system, as d iag rammed i n F i g ­
ures 1, 2, 3, and 4. T h e choice of flow sheet depends on the re lat ive 
amounts of water r ema in ing and the amounts a n d characterist ics of the 
m ine ra l matter. T h e systems of F igures 3 and 4 remove more water and 
si l t before the azeotropic d is t i l la t ion, thus saving heat. U s i n g the system 
of F i g u r e 4 instead of the thickener, a s imple storage tank a l l ow ing two 
days residence for sett l ing out a l l silt, i n c lud ing co l l o ida l c lay w h i c h 
passes through the co lumn, may be used after the heat exchanger. 

I f a naphtha f ract ion has been used i n the d i lu t i on and as the en-
trainer, i t is left i n as a d i luent for r educ ing the v iscosity i n p u m p i n g the 
o i l to the refinery. A l te rnat ive ly , some or a l l is r emoved as a s l ip stream 
f rom the reflux go ing to the top of the azeotropic co lumn. I f toluene or 
other aromat ic solvent is used, i t w o u l d be so removed or removed i n a 
separate d is t i l la t ion for recycle. 

O i l -we t materials, sand, and clay, separated f r om either o i l or water 
layers, are washed w i t h the solvent or d i luent u n t i l they are free of b i t u ­
m e n and the res idua l solvent is s t r ipped f rom the m ine ra l matter w i t h 
steam. T h e m ine ra l matter is c lean and is sent to waste or used as fill 
w i thout danger of spontaneous combust ion, or i t is used i n cement m a n u ­
facture. The aqueous phases condensed f rom such s t r ipp ing and f rom 
the decanter of the azeotropic system has so l i t t le solvent, i n hundredths 
of a percent, that i t is neglected. It evaporates read i ly i n open storage. 
Th i s d is t i l l ed water is used for any suitable purpose. 

Recovery of the b i tumen b y this system has been almost 9 8 % com­
pared w i t h the losses i n the G C O S system, and the solvent losses are low. 

T h e major advantage of this system is e l iminat ion of the 14-scroll type 
centrifuges and 26-nozzle type machines used i n the G C O S plant w h i c h 
have h a d excessive replacement, maintenance, a n d repair costs because 
of the abrasive act ion of the fine solids on these h i g h speed, prec is ion 
machines. 

T h e b i tumen obta ined is the unmodi f i ed nat ive b i tumen w i t h a sub­
stant ia l percentage of h i gh mel t ing , a l iphat ic soluble components. These 
are separated f rom the l ow me l t ing components b y solvent extract ion or 
solvent prec ip i tat ion. T h e h i gh me l t ing components are u t i l i z ed i n pro­
tective coatings for metals or i n heat resistant road surface composit ions. 

If coke is obta ined f rom this process, i t is free of m ine ra l matter and 
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7. BALASSA AND OTHMER Demulsification of Crude Oils 121 

is used for the same uses as other high grade petroleum cokes—e.g., in 
electrodes or activated carbon, as well as in metallurgical uses where the 
high ash content resulting from the residual minerals would prevent that 
from the GCOS system being used. 

Another advantage is that little water is required in the azeotropic 
process since most of the water is recycled and that which is not recycled 
is immediately passed to surface waters without environmental damage. 
Also, removing all organics from the mineral matters means that these 
can be used as fill or otherwise without fire hazard, odors, or other 
environmental problems caused by microbiological attacks on any residual 
bitumen left on the minerals as in the GCOS process. 
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8 

Distillation Calculations with Nonideal 
Mixtures 

JOSEPH A. BRUNO, JOHN L. YANOSIK,a and JOHN W. TIERNEY 

Chemical Engineering Department, University of Pittsburgh, 
Pittsburgh, Pa. 15213 

A new iteration sequence is presented for solving distilla­
tion problems with composition dependent equilibrium and 
enthalpy relations. For a steady state, non-reacting system 
with m components and n stages, the procedure requires 
simultaneous iteration of n(m + 1) variables. These are the 
vapor flow rates, the stage temperatures, and all but one 
of the liquid compositions. The basic equations for an 
equilibrium stage system are presented using matrix nota­
tion. The calculation sequence is outlined, and a correction 
algorithm based on Newton's method is derived. This re­
quires the calculation of the Jacobian matrix of partial deriv­
atives, and an analytical method for obtaining these deriva­
tives by vector differentiation of the system equations is 
presented. This method is much simpler than those used 
previously. Modification of the iteration process to hold 
selected vapor flows constant is described, and a method of 
obtaining starting values for the first iteration is presented. 
Results obtained from solution of a sample extractive dis­
tillation problem are presented. Quadratic convergence is 
obtained near the solution, indicating that the equations 
derived for the Jacobian matrix are correct. 

^ p h e mathemat ica l m o d e l for a steady state e q u i l i b r i u m stage separation 
process consists of a large set of simultaneous nonl inear equations 

w h i c h must be solved to determine the phase flow rates, the stage tem­
peratures, a n d the phase composi t ion . A mat r ix nota t ion was previous ly 
presented (1, 2) w h i c h permits w r i t i n g the equations i n a concise fo rm 

"Present address: A M O C O Production Co., Tulsa, Okla. 
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8. B R U N O , YANOsiK, A N D TiERNEY Nonideal Mixtures 123 

and provides for any interstage flow pattern. It was also shown that 
these equations can be ana ly t i ca l l y dif ferentiated to obta in iterative algo­
r i thms w i t h quadra t i c convergence rates near the solut ion. F o r the case 
where the e q u i l i b r i u m ratios are functions only of stage temperatures 
a n d not of composit ions, i t was shown that quadra t i c convergence can 
be obta ined by simultaneous i terat ion of on ly the stage temperatures and 
the vapor flow rates. A l l other variables can be obta ined by so lv ing 
no th ing more compl i ca ted than sets of s imultaneous l inear equations. 
Once a set of temperatures and vapor flows are assumed, the equations 
become l inear i n the r ema in ing variables. Thus , for a system w i t h η 
stages and m components, i t is on ly necessary to iterate on 2n variables 
rather than the complete set of n ( 2 m + 3 ) unknowns . 

If the e q u i l i b r i u m ratios are functions of phase composit ions as occurs 
i n l i q u i d extract ion or extractive d is t i l la t ion, i t is necessary to inc lude 
more variables i n the iterative process. It was later shown (3 ) that for 
l i q u i d extract ion problems w i t h k n o w n stage temperatures, the m i n i m u m 
number of i terat ion variables for quadra t i c convergence is ran, the η vapor 
flow rates, and n(m — 1) of the phase composit ions. T h e tota l number of 
variables is η(2m + 2 ) because the temperatures are known . T h e i tera­
t ion sequence is complete ly different for this case as compared w i t h the 
previous case w i t h compos i t ion independent e qu i l i b r i um ratios. 

Deve l oped here is a correct ion process w i t h quadrat i c convergence 
near the so lut ion for problems i n w h i c h the e q u i l i b r i u m ratios are compo­
si t ion dependent and i n w h i c h the stage temperatures are not fixed but 
must be determined. It is necessary to in t roduce the energy balance 
equations to give the add i t i ona l equations needed. T h e der ivat ion fo l ­
lows the general l ines of that for the l i q u i d extract ion prob l em, but the 
extension is not t r i v ia l . T h e method requires the s imultaneous correct ion 
of n(m -f- 1) variables. W e w i l l also present a s impl i f ied method of ana­
ly t i ca l l y di f ferentiat ing the matr ix equations w h i c h greatly reduces the 
work necessary to der ive a correct ion a lgor i thm. 

I n re lated investigations Roche (4) has demonstrated quadrat ic 
convergence for composi t ion dependent l i q u i d extract ion problems at 
constant temperature. H e essentially iterates on a l l η(2m + 2 ) var iables. 
Ne l son (5 ) has used the matr ix notat ion of References I and 2 to invest i ­
gate systems where chemica l react ion occurs i n the stages. 

Equations for an Equilibrium Separation System 

T h e equations descr ib ing a steady-state e q u i l i b r i u m stage system 
w i thout chemica l react ion are summar i zed here. T h e matr ix notat ion 
has been prev ious ly discussed (1,2,3), and a l l symbols are def ined be low. 
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124 EXTRACTIVE AND AZEOTROPIC DISTILLATION 

T h e overa l l mater ia l ba lance equat ion gives an impor tant re lat ion 
between the l i q u i d and vapor flow rate vectors, V and L . 

BL + AV + Σ (F*) = Ο (1) 
3 

T h e matrices A a n d Β are fixed b y the interstage flow pattern and 
together w i t h the feed matr ix F are assumed to be g iven i n the p rob l em 
statement. 

The fact that the l i q u i d composit ions must sum to a constant (1.0 
i f mo l e fractions are used) i n each stage is g iven b y : 

Σ ( Z O = U (2) 

A s imi lar equat ion can be wr i t t en for the vapor phase, but i t is not inde­
pendent and can be der i ved b y comb in ing Equat ions ( 1 ) , ( 2 ) , a n d (3 ) . 

A mater ia l balance can be wr i t t en for each component i n each stage, 

Β L X> + A V F> + = 0 ; 1 < j < m (3) 

Xj and Yj are vectors conta in ing l i q u i d and vapor composit ions for com­
ponent /'. T h e matrices L and V are d iagona l and have the same elements 
o n the d iagona l as the vectors L and V. 

A n energy balance a round each stage gives 

BLH + AY G + Q + Qf = 0 (4) 

H and G are vectors conta in ing the specific enthalpies of l i q u i d and vapor 
phases i n each stage. Q is the vector of stage heat duties, and Qf is the 
feed enthalpy vector. Q and Qf are assumed to be g iven i n the p rob l em 
statement. 

T h e e qu i l i b r i um re lat ion between l i q u i d and vapor composit ions is 
g iven by 

Λ> Υ3 - Γ ? ' K>" X> = Ο; 1 < j < m (5) 

Λ/ and Ρ are the act iv i ty coefficient matrices for vapor and l i q u i d phases 
a n d are d iagonal . F o r i d ea l solutions, they become the ident i ty matr ix. 
K ; is the fugaci ty rat io matr ix and is also d iagonal . 

T h e enthalpies a n d equ i l i b r i um data are phys i ca l properties of the 
mixtures be ing separated and are assumed to be k n o w n expl ic i t funct ions 
of composit ions and temperatures as fo l lows: 
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8. B R U N O , Y A N O S I K , A N D T I E R N E Y Nonideal Mixtures 125 

Λ 

H 

G 

Γ 

K 

H{X\ X\ . . X", T ) 

G(Y2, Y3, . . Ym, T ) 

Γ ( Χ 2 , X3, . . Xm, T ) 

Λ ( F 2 , 7» , . . F » , T ) 

K ( T ) 

(6) 

(7) 

(8) 

(9) 

(10) 

E a c h of the above functions is assumed to be cont inuous and to possess 
first derivatives w i t h respect to compos i t ion and temperature. A lso , the 
compos i t ion of component 1 is not to be considered as a n independent 
var iab le i n the development w h i c h fol lows, and this is emphas ized by 
omi t t ing X 1 and Y 1 as arguments i n Equat i ons 6-9 . 

The Calculation Sequence 

Equat i ons 1-10 constitute a set of ( 5 m + 5 ) matr ix equations w h i c h 
are to be solved s imultaneously to determine 2 m compos i t ion vectors, 
two flow vectors, a temperature vector, t w o entha lpy vectors, 2 m act iv i ty 
coefficient vectors, and m fugacity rat io vectors. T h e so lut ion must be 
i terative because the equations are nonl inear. However , there are var ious 
methods of o rgan iz ing the calculat ions, and one of our p r imary objects 
here is to deve lop an efficient ca lcu la t ion order. A t one extreme i t w o u l d 
be possible to consider a l l 5 m + 5 vectors as i terat ion variables and thus 
to have a process w i t h ( 5 m + 5) η var iables of i terat ion. It seems obvious 
that a more efficient method is to reduce the size of the i terative process 
by e l iminat ing as many of the variables as possible. I n pract ice, it is 
undes i rab le actual ly to e l iminate the var iables; instead the variables w i l l 
be d i v i d e d into two groups. T h e first group is the variables w h i c h w i l l 
be i terated and w i l l be ca l l ed the i terated or independent var iables; the 
second group w i l l be ca l l ed dependent variables. O n e equat ion must 
be used to define each dependent var iable , and these equations w i l l be 
ca l l ed the def ining equations. The rema in ing equations, equa l i n number 
to the independent variables, w i l l be ca l l ed the error equations. The 
i terat ion sequence w i l l then be to assume first a set of values for the inde­
pendent variables and then to solve the def ining equations for the de­
pendent variables. T h e error equations are then used to correct the 
independent variables, and the process is repeated. 

T h e number of independent variables shou ld general ly be as sma l l 
as possible. A lso , the def ining equations shou ld permi t s imple ca lcu la ­
t ion of the dependent variables, and the correct ion process itself shou ld 
be s imple a n d efficient. He r e the set of independent variables has been 
chosen to be as smal l as possible subject to the l imi ta t ion that the def ining 
equations r ema in l inear i n the dependent variables. T h e correct ion 
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126 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

a lgor i thm is also l inear a n d is the mul t i var iab le f o rm of the N e w t o n -
Raphson method. 

T h e set of independent var iables w h i c h satisfies these requirements 
is the vapor flow vector V , the l i q u i d phase composit ions, X 2 to X m , and 
the temperature vector T . T h e ca lcu la t ion sequence is, 

a. Va lues are assumed for ( V , X 2 , X 3 , . . X W , T ) . 
b. T h e l i q u i d flow vector L is ca lcu la ted us ing E q u a t i o n 1. 
c. E q u a t i o n 2 is used to calculate X 1 . 
d . E q u a t i o n 3 is used m times to calculate Y1^2,.. Ym. 
e. Equa t i ons 6 -10 are used to calculate the dependent var iables 

H, G, Λ, Γ, a n d K . A l l var iables have n o w been eva luated for the current 
set of independent variables. 

f. Cur r en t values for a l l var iables are subst i tuted into the error equa­
tions, w h i c h are Equat i ons 4 and 5. I f the equations are satisfied, the 
iterat ive process is terminated. Otherwise , the independent var iables 
must be corrected, and the ca lcu la t ion repeated f rom Step b. 

The Jacobian Correction Matrix 

T h e on ly undef ined step i n the ca lcu la t ion sequence proposed above 
is the correct ion of the independent var iables i n step f. A l inear correc­
t ion process is g i ven b y 

where C is the direct sum of the independent variables i n the order 
(V , X 2 , X 3 , . . X m , T ) , and D is the d i rect sum of the error vectors, def ined as 

T h e most r a p i d convergence of E q u a t i o n 11 to the solut ion is ob­
ta ined w h e n J is the Jacob ian matr ix , def ined as the matr ix i n w h i c h 
each element is the par t i a l der ivat ive of one of the errors w i t h respect 
to one of the i terat ion variables w i t h a l l other i terat ion var iables h e l d 
constant. Thus , an estimate of the effect of each change i n an i terat ion 
var iab le on each of the errors is i n c luded i n the correct ion. T h e d isad­
vantage i n us ing the Jacob ian matr ix is the large number of derivat ives 
needed, (mn + n ) 2 , and a s imple means of obta in ing these derivat ives is 
needed. W e have f ound that vector di f ferentiat ion of the matr ix equa­
tions g iven above does great ly s impl i fy the der ivat ion of the equations 
for ca lcu la t ion of the Jacob ian . 

B y vector di f ferentiat ion w e mean the operat ion of di f ferentiat ing 
one vector w i t h respect to a second vector. T h e result is a matr ix i n 
w h i c h each c o l u m n is the der ivat ive of the first vector w i t h respect to 

( J ) v { ( C ) v + 1 - (C)v} = - ( D ) v (11) 

Ek = AkYk - Γ * Κ * Χ * ; 1 < k < m 

= BL H + AVG + Q + Qf 

(12) 

(13) 
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8. B R U N O , Y A N O S i K , A N D T B E R N E Y Nonideal Mixtures 127 

one of the elements of the second vector. F o r example ( dL/dV ) is an η b y 
η matr ix i n w h i c h the j th co lumn is (dL/dVj), and the ij element is 
(dk/dv,). 

J c an now be def ined b y vector derivatives. F i r s t , however, i t is 
par t i t i oned into (m + l ) 2 submatrices, each of size η b y n . Subscr ipts 
are used to designate the submatrices. Thus , f rom the def ini t ion of the 
Jacob ian matr ix , w e obta in 

w ' ' * - 1 ( 1 4 ) 

J * = { ~ ; 2 < k <m (15) 

f^;k = m+l (16) 

Before proceed ing w i t h the eva luat ion of Equa t i ons 14-16, some use­
f u l relat ions among the variables w i l l be der i ved b y di f ferentiat ing the 
def ining equations (Equa t i ons 1-3 and 6-10) w i t h respect to the i terat ion 
variables. These results w i l l be used w h e n the error equations are 
dif ferentiated imp l i c i t l y . 

F r o m the overa l l mater ia l balance, E q u a t i o n 1, 

% = - B _ 1 A = - R (17) 

Because X 2 . . Xm are i terat ion var iables, 

I ljk; 2 < j, k < m (18) 

where 8jk = 0 i f / ̂  k and equals 1.0 i f / — k. F r o m E q u a t i o n 2 and 
the fact that X 1 is not an i terat ion var iable , 

g - = - î ; 2 < j < m (19) 

Di f ferent iat ing E q u a t i o n 3 w i t h respect to independent l i q u i d compo­
sitions. 

AY* 

y^u= ~ Y-'S-1 2 < h k < m (20) 

£ L = v-iR-i L; 2 < k < m (21) 
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128 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

F o r Y 1 , a different result is obta ined because of E q u a t i o n 19. 

T o der ive Equat i ons 20 and 21, i t must be remembered that the 
di f ferentiation is w i t h respect to Xk, ho ld ing V , T , and a l l other inde­
pendent l i q u i d composit ions constant. W i t h V constant, L must also be 
constant because of E q u a t i o n 17. 

E q u a t i o n 3 w i l l now be dif ferentiated w i t h respect to V, ho ld ing Τ 
a n d X 2 . . Xm constant. I n this case L is not constant, and dif ferentiation 
of the first t e rm B L X ' causes dif f iculty because L is a d iagona l matr ix 
and not a vector. Th i s can be resolved b y r ewr i t ing B L X ' as BXJL, and 
n o w L is a vector. Th i s spec ia l type of commutat i v i t y for the product 
of a d iagona l matr ix a n d a vector is used again i n the product A V Y ' and 
f requent ly i n the derivat ions w h i c h fo l low. T h e der ivat ive of E q u a t i o n 3 
by V gives, 

Pa r t i a l derivatives of the phys i ca l properties g iven by Equat i ons 
6-10 w i l l also be needed i n the derivat ions of the Jacob ian submatrices. 
However , the exact f o rm of Equat i ons 6-10 is not k n o w n and w i l l vary 
f rom prob l em to prob lem. T h e convent ion w i l l be adopted that any 
par t i a l der ivat ive invo l v ing a phys i ca l property is to be interpreted us ing 
the variables g iven as arguments i n Equat i ons 6-10. F o r example, 
( dG/dY 2 ) means the par t i a l der ivat ive of G w i t h respect to Y 2 ho ld ing 
Y 3 . . . Ym a n d Τ constant. A l l vector derivat ives of phys i ca l proper ty 
vectors w i l l be d iagona l matrices. Th i s is necessary because the phys i ca l 
propert ies i n any one stage are funct ions only of the composit ions and 
temperature i n that stage. 

The Jacobian Submatrices 

Seven different equations are needed to calculate the various sub-
matrices of J : 

1. T h e first group of submatrices is obta ined b y di f ferentiat ing the 
error vector w i t h respect to independent composit ions. T h e general 
equat ion is 

dV = Y-1 { R - 1 S7 Ε - Y?} ; ι < j < ™ 
(22) 

dXk " ~ dXk 
+ Y1 

K'X' 
- - dX" 

(23) 
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8. B R U N O , Y A N O s i K , A N D T i E R N E Y Nonideal Mixtures 129 

F o r 2 ^ j,k ^ m, Equa t i ons 18 a n d 20 are used to obta in 

- 2<j,k<m 

2. F o r / = 1 i n E q u a t i o n 23, Equat i ons 19 a n d 21 are used 

J u = A ^ R - i L - Y 1 Y^R-'L + P K 1 -

K 1 ^ 1 ^ ) ; 2 < k < m 

3. T h e derivatives of the mater ia l balance errors w i t h respect to 
vapor flows are evaluated: 

(24) 

dE' 
dV 

and then us ing E q u a t i o n 22 

Jyi = à1Y~l (Β^Χ'R ~ YO + Υ'Ύ-1 Σ (|γ̂ ) (y"1) ( R _ 1 X p S - Y 

1 < j < m 

Ρ) 

(26) 

4. T h e energy balance errors are next dif ferentiated w i t h respect to 
vapor flows. 

dE« 
• B i ^ i f i + iï|,(|)(f) < w dV 

U s i n g Equat i ons 17 a n d 22 

lm+i,i = - B H R + A G + A v f (J^j Y"1 (E-1XpE - Yp) (28) 

5. T h e derivat ives of the energy balances w i t h respect to compo­
sitions are, 

dEm+1 

~dXr 
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130 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

Then , us ing E q u a t i o n 20, a n d after some rearrangement. 

W = B L (J^ - A (Jf^j R - L (30) 

2 < k < m 

6. T h e derivatives of the mater ia l balance errors w i t h respect to Τ 
are next ca lculated. 

% - f a — I ' ( ^ ) - M ' ( ^ ) - S * ( S . > 
1 < j < m (31) 

7. F i n a l l y , the der ivat ive of the energy ba lance w i t h respect to Τ 
gives, 

^ ' - W , = BL(g) + Av(g) (32) 

Change of Iteration Variable 

T h e Jacob ian matr ix deve loped above is based u p o n a specific m o d e l 
of a staged system i n w h i c h the flow rates, the temperatures, and the 
phase composit ions are a l l u n k n o w n a n d must be determined. A var ia ­
t i on of this m o d e l w h i c h often occurs i n pract ice requires that a solut ion 
be f ound i n w h i c h one or more of the flows has a fixed value. It is re la­
t ive ly s imple to modi fy the i terat ion procedure and the Jacob ian matr ix 
for the case of fixed vapor flows b y subst i tut ing one of the elements of Q, 
the heat exchange vector, for each of the vapor flows w h i c h is to be fixed. 

T o interchange the variables Vi and qjy the f o l l ow ing procedure can 
be used. T h e Jacob ian matr ix is first modi f ied b y sett ing to zero the i t h 
•column of each of the submatrices J * * for k = 1 to m. T h e i th co lumn 
contains the effect of chang ing of Vi on each element of E; because q, does 
not enter into any of the mater ia l ba lance equations, this c o lumn be­
comes zero. T h e i t h c o lumn of Jm+ι,ι is set equa l to the ; th c o lumn of an 
η b y η ident i ty matr ix because q$ enters on ly the one energy balance 
equat ion. U p o n so lv ing for the correct ion vector [ ( C ) v+ i — ( C ) v ] the 
i th element is n o w the correct ion for q$. T h e correct ion to υτ is zero. 

Th i s procedure can on ly be used for fixed vapor flows. I f l i q u i d flows 
are to be fixed, a more compl i ca ted procedure is needed and w i l l not 
be deve loped here. F o r s imple countercurrent systems i t is usua l ly pos­
sible to fix produc t l i q u i d flows b y fixing certa in vapor flows. A n obvious 
modi f icat ion of the above procedure can be used to fix temperatures i f 
desired. 

Pu
bl

is
he

d 
on

 A
ug

us
t 1

, 1
97

4 
on

 h
ttp

://
pu

bs
.a

cs
.o

rg
 | 

do
i: 

10
.1

02
1/

ba
-1

97
2-

01
15

.c
h0

08



8. B R U N O , YANOsiK, A N D TiERNEY Nonideal Mixtures 131 

Initial Values for Iteration Variables 

A n important part of the i terat ion procedure is to select in i t i a l values 
for the i terat ion variables ( V,X2 . . . X m , T ) . T h e correct ion sequence 
g iven b y E q u a t i o n 11 w i l l converge for start ing values sufficiently close 
to the solut ion. The r e is no s imple w a y of k n o w i n g whether a g iven set 
of i n i t i a l values is w i t h i n this convergence range or not. E v e r y effort 
shou ld be made to make the i n i t i a l values as good as possible. The 
method w e have used is descr ibed here. 

T h e temperatures of the reboi ler and the condenser are first est imated 
us ing whatever in format ion is avai lable . T h e temperatures of the inter­
mediate stages are then obta ined b y l inear interpo lat ion between con­
denser temperature and reboi ler temperature. 

T h e in i t i a l vapor flows are then ca lcu la ted b y est imat ing the l i q u i d 
and vapor enthalpies a n d so lv ing s imultaneously E q u a t i o n 1, the overa l l 
mater ia l balance, and E q u a t i o n 4, the energy balance. T h e composit ions 
are u n k n o w n for the entha lpy ca lculat ion. T h e procedure we have used 
is to set a l l composit ions i n a l l stages equa l to 1/m; this is a rough 
approx imat ion. 

A f te r obta in ing V and L , the act iv i ty coefficients a n d fugacity ratios 
are ca lculated us ing 1/m as the average compos i t ion i n a l l stages. T h e n 
Equat i ons 3 and 5 are s imultaneously solved to give the l i q u i d phase 
composit ions. These composit ions for each stage are then summed and 
norma l i z ed to one. These serve as the first estimates for X 2 , . . X m . 

Modification of Correction Algorithm 

T h e requirement that a l l of the variables l ie w i t h i n reasonable 
phys i ca l bounds can be incorporated into the correct ion a lgor i thm. W e 
have done this b y speci fy ing that at a l l t imes the vapor and l i q u i d flows 
must be posit ive or zero; the phase composit ions must not be negative 
or greater than one; a n d the temperatures must l i e w i t h i n predetermined 
l imits . I f at any t ime dur ing the correct ion process these l imits are ex­
ceeded, the current i terat ion is terminated. I f i t is the first i terat ion, then 
a n ew set of i n i t i a l values w i l l be needed. I f i t is the second or a later 
i terat ion, then i t is assumed that the corrections made i n the prev ious 
i terat ion were too large, and the current i terat ion is repeated us ing one-
hal f the corrections pred ic ted i n the previous step. It may be necessary 
to repeat this process several t imes before a l l variables satisfy the g iven 
bounds. I f du r ing any i terat ion, more than 10 halv ings of the correct ion 
are needed, we have terminated calculat ions and assumed the process 
was d iverg ing . 
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Application to a Sample Problem 

T h e results obta ined i n the solut ion of a sample p rob l em are sum­
mar i z ed here to i l lustrate the app l i ca t ion of the method. A n extractive 
d is t i l la t ion p rob l em f rom O l i v e r (6 ) was used i n w h i c h methy lcyc lo -
hexane is separated f rom toluene by add ing phenol . T h e c o lumn contains 
11 stages ( i n c lud ing the reboi ler and condenser) and has a feed of 0.4 
moles/uni t t ime of methylcyc lohexane and 0.6 moles/uni t t ime of toluene 
to the four th stage f rom the reboi ler a n d 4.848 moles/uni t t ime of pheno l 
to the four th stage f rom the condenser. W e used the same phys i ca l p rop­
erty correlations as O l i ve r . T h e act iv i ty coefficients were obta ined f rom 
a mul t i component fo rm of the V a n L a a r E q u a t i o n (7 ) . 

Table I. Norms for Successive Iterations of Sample Problem 

Iteration Composition, ρ Energy Balance, σ 

1 2.9 2.8E4 
2 1.6 1.6E4 
3 1.5 7.2E4 
4 1.4 3.2E4 
5 1.2 9.8E3 
6 5.8E-1 7.5E3 
7 7.8E-2 1.5E3 
8 1.7E-3 8.1 
9 5.0E-6 2.0E-1 

Results for successive iterations of a t yp i ca l r u n are shown i n Tab l e I. 
The composi t ion no rm is defined as the E u c l i d e a n no rm of the composi t ion 
errors 

/ n m 2\ y2 

9 = (Σ Σ (ei3) ) (33) 
V = i y=i / 

and the energy balance no rm as 

Σ ( <Wi ) ) (34) 

Va lues for these norms are g i ven i n Tab l e I at each i terat ion. A t i terat ion 
9 the m a x i m u m error i n any e qu i l i b r i um equat ion is 2 χ 10" 6 , and the 
m a x i m u m energy balance error is 0.09 B t u / u n i t t ime. 

T h e tota l t ime requ i red for the n ine iterations i n Tab l e I was about 
4 m i n on an I B M 360/50 of w h i c h 1.5 m i n was execution t ime. T h e 
Jacob ian was ca lcu lated for each iterat ion. 

T h e results f rom some other runs are summar i zed i n Tab l e II. F o r 
each r u n the values of v± and u n were he ld constant b y mak ing qx and 
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8. B R U N O , Y A N O S i K , A N D T i E R N E Y Nonideal Mixtures 133 

<7u i terat ion variables. A U other heat duties, were set to zero. 
F o r each r u n i t is necessary to estimate the reboi ler and condenser tem­
peratures to in i t iate calculat ions. T h e start ing va lue method descr ibed 
prev ious ly was used to calculate a l l other start ing values for the i terat ion 
variables. Va lues of u n around 0.4 moles/uni t t ime are interest ing be­
cause u n is the vapor product and shou ld be most ly methylcyc lohexane. 

Discussion 

T h e last two iterations i n T a b l e I c lear ly indicate quadrat i c con­
vergence rates. Th i s is especial ly evident i n the compos i t ion no rm where 
the error is rough ly squar ing i n each i terat ion . . T h e energy ba lance n o r m 
for the last i terat ion does not decrease as m u c h as i t should , bu t this 
undoubted l y results f rom round-off errors i n the computer w h e n us ing 
single prec is ion ar i thmetic . T h e m a x i m u m energy balance error i n 
i terat ion 9 is 0.09 B t u / u n i t t ime, and the enthalpies w h i c h are be ing 
summed i n the energy balance equat ion are of the order of 50,000 B t u / 
un i t t ime. T h e fact that quadrat i c convergence is obta ined is strong 
evidence that the Jacob ian matr ix has been correct ly ca lcu la ted and that 
the der i ved equations are correct. It is un l ike l y that the norms cou ld 
decrease as they do i n the last two iterations i f the Jacob ian were incorrect. 

T h e first seven iterations i n Tab l e I show slow l inear convergence. 
The correct ion-halv ing procedure out l ined prev ious ly was used at least 
once i n iterations 2-6 . T h e other runs i n Tab l e I I behaved s imi lar ly . A l l 
took more than nine iterations, and for each case the norms w o u l d de­
crease s lowly (even occasional ly r i s ing for one i terat ion) un t i l the last 
two or three iterations w h e n they w o u l d dramat ica l l y decrease. T w o of 
the runs d i d not converge. 

The results i n Tab l e I I ind icate that for a reasonably w id e range 
of vapor flows and start ing condit ions the correct ion me thod proposed 

Table II. Results for Different Vapor Flows and Starting 
Conditions for Sample Problems 

Condenser Reboiler Number of 
Temp Vapor Flow Temp. Vapor Flow Iterations to 

hi Vu h Vl Converge 

210 .5 270 1.5 9a 

270 .8 330 1.5 10 
210 .8 275 1.0 17 
210 .1 275 1.5 Diverge 
220 .4 300 1.0 10 
210 .4 275 1.0 Diverge 

0 This is run reported in Table I. 
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134 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

here w i l l g ive a good solut ion for this p rob l em. The system s tud ied shou ld 
be a good test because i t is h i gh l y nonidea l . A n ind i ca t i on of this is that 
temperature and compos i t ion m a x i m a and m i n i m a were f ound for most 
problems w h e n these var iables were p lo t ted against stage number . 

M a n y variat ions of the correct ion method we have proposed can be 
used. A m o n g these are the use of the same Jacob ian for several iterations 
and the use of modi f ied N e w t o n methods such as Marquard t ' s me thod 
(S ) . W e have t r i ed Marquard t ' s method on some of these problems 
w i thout observ ing any signif icant improvement , but this is on ly a tentative 
evaluat ion. Improved methods for generat ing start ing condit ions w o u l d 
be he lp fu l . 

A compar ison of the method proposed i n this paper w i t h other meth­
ods is dif f icult because there are few pub l i shed solutions for non idea l 
d is t i l l a t ion problems. W e were unab le to find a complete ly so lved prob­
l em w i t h a l l mater ia l and energy balances satisfied. W e have demon­
strated that the Jacob ian matr ix gives r a p i d convergence i n the v i c in i t y 
of the solut ion, and this me thod might serve as a basis to evaluate other 
methods. 

Acknowledgment 

T h e authors w i s h to acknowledge the assistance of the Comput e r 
Cente r at the Un ive rs i t y of P i t t sburgh. 

List of Symbols 

Gene ra l : A lower case symbo l is a scalar. A n upper case symbo l is 
a c o lumn vector. A n upper case symbo l w i t h a superscr ipt is a c o l u m n 
vector fo rmed b y r emov ing the c o lumn ind i ca ted b y the superscr ipt 
f rom the matr ix w i t h the same name. U n d e r l i n e d uppe r case symbols 
are matrices. I f a s ymbo l is def ined as a vector then w h e n under l ined , 
i t represents a d iagona l matr ix w i t h the same elements as the vector. 
A matr ix w i t h a superscr ipt is a lways a d iagona l matr ix . 

A V a p o r d i s t r ibut ion mat r i x : au = — 1, α^ = f ract ion of total vapor 
l eav ing stage / w h i c h goes to stage i 

Β L i q u i d d i s t r ibut ion matr ix : bu = — 1, by = f ract ion of tota l l i q u i d 
l eav ing stage / w h i c h goes to stage i 

C T h e d i rec t sum of the independent variables, ( V,X2,... X m , T ) 
D T h e direct sum of the error vectors, ( E 1 , . . Em+1) 
Ε E r r o r matr ix , the co lumns are def ined b y Equa t i ons 12 and 13 
F F e e d matr ix : fa is to ta l feed of component / to stage i , mass per 

un i t t ime 
G V a p o r entha lpy vector; gi is specific entha lpy of vapor i n stage i, 

energy per un i t mass 
H L i q u i d entha lpy vector; hi is specific enthalpy of l i q u i d i n stage i, 

energy per un i t mass 
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8. B R U N O , Y A N O S I K , A N D T I E R N E Y Nonideal Mixtures 135 

I T h e ident i ty matr ix 
J T h e Jacob ian matr ix ; i t is par t i t i oned into ( ra + l ) 2 submatrices, 

each of size η b y n. ]kj is the submatr ix i n r ow k a n d co lumn ; of 
the par t i t i oned matr ix . 

L L i q u i d flow rate vector; l{ is total l i q u i d l eav ing stage i, mass per 
un i t t ime 

m N u m b e r of components 
η N u m b e r of e q u i l i b r i u m stages 
Q Hea t exchange vector; q{ is rate at w h i c h energy is added to stage 

i b y heat exchange, energy per un i t t ime 
Qf F e e d entha lpy vector; q t i is entha lpy of feed enter ing stage i, energy 

per un i t t ime 
R De f ined as B _ 1 A ; R 1 — A _ 1 B 
Τ Temperature vector; tt is temperature i n stage i 
U A vector each element of w h i c h is 1.0 
V V a p o r flow rate vector; t>< is the tota l vapor l eav ing stage i, mass 

per un i t t ime 
X L i q u i d compos i t ion matr ix ; xy is compos i t ion of component / i n 

l i q u i d i n stage i 
Y V a p o r compos i t ion matr ix ; is compos i t ion of component / i n 

vapor i n stage i 
Γ Ac t i v i t y coefficient matr ix for the l i q u i d phase; the ij e lement is the 

act iv i ty coefficient for component / i n stage i 
Sjcj E q u a l to zero w h e n k ^ /; equa l to 1.0 w h e n k — / 
Λ Ac t i v i t y coefficient matr ix for vapor phase; the ij e lement is act iv i ty 

coefficient for component ; i n stage i 
ν Subscr ipt used to indicate i terat ion number 
Ρ E u c l i d e a n n o r m of compos i t ion errors, E q u a t i o n 33 
σ E u c l i d e a n no rm of energy ba lance errors, E q u a t i o n 34 
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9 

Isobaric Vapor-Liquid Equilibrium in the 
Acetic Acid-Acetone System 

R. JOE BURKHEAD and J. THOMAS SCHRODT 

University of Kentucky, Lexington, Ky. 40506 

Isobaric vapor-liquid equilibrium data for the system acetic 
acid-acetone have been obtained at 760 and 500 mm Hg, 
using an Altsheler still Acetic acid associates in the liquid 
and vapor phases, and this is accounted for in evaluating 
modified activity coefficients for the components. This sys­
tem primarily shows small negative deviations of the coeffi­
cients with a maximum and a minimum appearing at high 
acetone mole fractions for both pressures. In evaluating the 
thermodynamic consistency of the data, the Herington test 
for isobaric data gave values of D — J of 5.4 and 7.6 at 760 
and 500 mm Hg, respectively. The Redlich-Kister integral 
area method with an estimate of the heat of mixing term 
gave areas of 0.023 and 0.025 at 760 and 500 mm Hg, 
respectively. 

/ C o n s i s t e n t v a p o r - l i q u i d e q u i l i b r i u m data are necessary to design a l l 
^ types of rect if icat ion devices. H o w e v e r , m a n y indus t r ia l ly impor tant 
mixtures are nonidea l , pa r t i cu la r ly i n the l i q u i d phase, a n d p red ic t ing their 
e q u i l i b r i u m propert ies f rom fundamenta l thermodynamics is not possible. 
Thus , the corre la t ing of exper imenta l x-y-t a n d x-y-P data has deve loped 
as an important b r anch of a p p l i e d thermodynamics . 

T h e nonideal i t ies o f e q u i l i b r i u m mixtures result f rom various com­
binat ions of molecu la r interactions; one such interact ion that has been 
recent ly s tudied is molecu la r association. Molecu le s of fatty acids such 
as acetic a c i d t yp i ca l l y fo rm dimers and , to a lesser extent, t r imers b y 
hydrogen b o n d i n g i n the vapor and l i q u i d states. F a i l u r e of the equ i ­
l i b r i u m data of b ina ry systems conta in ing acetic a c i d to meet established 
cr i ter ia of consistency based u p o n the G i b b s - D u h e m rela t ion has been 
observed b y R ius et al. (1), C a m p b e l l et al. (2), H e r i n g t o n ( 3 ) , and 
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9. B U R K H E A D A N D S C H R O D T Acetic Acid-Acetone System 137 

M a r e k (4). He r e we try to ob ta in x-y-t da ta for the acetic ac id-acetone 
system at 760 and 500 m m H g and to show h o w cons ider ing a c i d d imer i za -
t ion improves the results for thermodynamic consistency tests. 

Equilibrium Theory 

T h e l i q u i d phase act iv i ty coefficient of a component i n a L—V mixture 
is usua l ly g iven by 

T , L = Pf θ , ( D 

where 0* is the imper fect ion pressure correct ion factor and the absent 
vapor phase act iv i ty coefficient is taken as uni ty . I n systems conta in ing 
a d imer i z ing component E q u a t i o n 1 w i l l not g ive thermodynamica l l y 
consistent y/s. Cons ider for such a component i n a b inary mixture , the 
respective modi f ied vapor a n d l i q u i d e q u i l i b r i u m expressions, 

Κ = (2) 

a n d 

k = (3) 

where η and c represent true mole fractions a n d the subscripts m2 and <Z2, 
the monomer and d imer , respectively. 

F o r the pure component E q u a t i o n 2 is wr i t t en as 

K » = π » - W 
T) m ± o2 

As i n any two phase b inary system, consider ing the monomer and d imer 
as the two components, η„ι + ηα = 1 and em + ed = 1, w i l l a l l ow E q u a t i o n 
4 and the pure component f o rm of E q u a t i o n 3 to be r educed to 

_ V 1 + 42fQP o 2 - 1 , . 

and 

V 1 +4/c0 - 1 
2k ο 

(6) 
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138 EXTRACTIVE AND AZEOTROPIC DISTILLATION 

T h e act iv i ty coefficient for the monomer of the pure associat ing com­
ponent is g iven b y 

P o 2 TQ τη θ m (n\ 

Y - = p e — (7) 

a n d i n the presence of a nonassociat ing component b y 

Pï)m2 Θ,η2 Tm2 = Ρ m 3m2 
(8) 

C o m b i n i n g Equa t i ons 4, 5, 6, a n d 7 a n expression for the hypothe t i ca l 
saturat ion vapor pressure of the pure monomer is ob ta ined : 

jy Omko V 1 + 4Ko?o2 ~ 1 / 0 x 
i m = ΤΓ · — 7 = = = * W 

Y m A o V 1 + 4 k 0 - 1 

T h e sto ichiometr ic mole fractions of the associating component are 
g i ven b y 

yt = η72 + 2 η < ; 2 (10) 

a n d 

£m2 + 2 e d 2 /-,-,χ 
^2 = — j — r u t ; 

1 + ε<*2 

These g ive w i t h Equat i ons 2 and 3, respectively, 

„ V 1 + 4UL Ρ y 2 ( 2 - 2 / 2 ) ~ 1 / i o x 

η " 2 = 2 / 2 2 j f p y i ( 2 - y 0 ( 1 2 ) 

and 

V 1 + 4k x2 (2-x 2 ) - 1 , 1 Q N 
ε - 2 = *2 2k x, (2-x 2 ) ( 1 3 ) 

I f Equa t i ons 9, 12, and 13 are subst i tuted into E q u a t i o n 8, a modi f ied 
e q u i l i b r i u m re lat ion conta in ing vapor and l i q u i d associations factors Z 2 

a n d Γ 2 results: 

Ζ 2 Θ 2 2 / 2 Ρ = Γ 2 γ 2 ζ 2 Ρ ο 2 (14) 
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9. B U R K H E A D A N D S C H R O D T Acetic Acid-Acetone System 139 

where 

z = 1 + V 1 + 4K0 P „ 2 

1 + V 1 + 4 t f Ρ 2/2 (2-2/2) 

a n d 

= i + V T + ¥ . = ( 1 6 ) 

1 + V 1 + 4ifc z 2 (2-z 2 ) 

F o r a nonassociat ing component, B , i n the mixture , the true mo l e 
fractions are re lated to the sto ichiometr ic mole fractions b y 

* = r r V ( 1 7 ) 

a n d 

xi = T - r (18) 

These are comb ined w i t h Equa t i ons 2, 3, 10, and 11 to obta in equations 
for the true mole fractions of 1 i n the vapor a n d l i q u i d phases, respec­
t ive ly : 

„ 1 + *K P ( 2 - 2 / 2 ) - V 1 + AK Ρ y2 (2-y2) 
ηι = yi 2K P(2-y2y (19) 

a n d 

1 + 4fc(2-s 2) - V 1 + 4fc s 2 (2-χ 2 ) . . 
ε ι = X i ( 2 0 ) 

A modi f ied e q u i l i b r i u m re lat ion for component 1 is wr i t t en i n terms of 
Ζχ and Γ χ correct ion factors for the associat ion of A i n the vapor and 
l i q u i d phases, b y comb in ing Equat i ons 8 (wr i t t en for component 1 ) , 
19, and 20: 

Ζ ! θ ι » ι Ρ = r L T L X ! P o i (21) 

where 

z = 2 y2 + V 1 + 4K Ρ y2{2-y2)) 
(2-y2) (1 + V 1 + 4K Ρ y,(2-y,) ) 
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140 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

a n d 

2 (l-x2 + V 1 + 4fc x2{2-x2)) 
(23) 

(2-x2) (1 + V 1 + 4fc ζ 2 ( 2 - ζ 2 ) ) 

T h e preced ing derivat ions are g iven i n more deta i l b y M a r e k and 
Standart (5 ) and are app l i ed b y M a r e k (4) to several b inary systems. 
T h e terms θχ and 0 2 are evaluated f rom par t i a l m o l a l vo lume data or 
approx imated f rom general ized correlations. A c c o r d i n g to M a r e k and 
Standart , the products ΓΊγι and Τ2γ2 must satisfy a l l cr i ter ia of thermo­
dynamic consistency, as shou ld γ ι and y2 for nonassociat ing systems. 

T o evaluate the act iv i ty coefficients, IYy*, of a L - V system conta in ing 
an associating component, the on ly other data needed are the modi f i ed 
vapor phase association constants, K0 and K. These are a funct ion of tem­
perature and pressure, a n d for Κ they are also a funct ion of the non-
associat ing component. Va lues of Κ are scarce; however, they may be 
approx imated b y extrapolat ing K0 data to temperatures be low the norma l 
bo i l i ng po int of the associating component. 

Modified Redlich-Kister Test 

O n e method of eva luat ing the overa l l thermodynamic consistency of 
b inary , isobaric L - V e q u i l i b r i u m data is based on the equat ion 

T h e greater the heats of m i x ing a n d differences of bo i l i ng points of 
the components, the greater the va lue of the rhs integral . I n systems 
where this is true, this quant i ty is evaluated to test overa l l consistency. 

I f x-y-t data are ava i lab le at more than one pressure and i f the 
assumpt ion 

is va l i d , then AhM/R is determined as a funct ion of Χχ and of Τ b y ob­
ta in ing values of Xid In y 4 / d ( l / T ) over a range of Ρ (6 ) . These AhM/R 
values and E q u a t i o n 24 w i l l test for consistency. 

(24) 

(25) 

Pu
bl

is
he

d 
on

 A
ug

us
t 1

, 1
97

4 
on

 h
ttp

://
pu

bs
.a

cs
.o

rg
 | 

do
i: 

10
.1

02
1/

ba
-1

97
2-

01
15

.c
h0

09



9. B U R K H E A D A N D S C H R O D T Acetic Acid-Acetone System 141 

Experimental 

A n A l tshe ler s t i l l was used to obta in the x-y-t da ta at 760 and 500 
m m H g (see Reference 7 for a descr ipt ion of this s t i l l ) . A schematic 
d iagram of our apparatus is g iven i n F i g u r e 1. 

The pressure of the system was contro l led to w i t h i n ±0 .5 m m H g 
for each series by a Car tes ian d iver manostat connected to a posi t ive a i r 
leak, a v a c u u m p u m p , and a surge vo lume of 12 liters. A n absolute 
mercury-in-glass manometer w i t h a 0.1 m m s l id ing vernier was used to 
measure the pressure. Temperatures were moni tored via two copper-
constantan thermocouples; one was located just above the l i q u i d surface 
and the other just be l ow it. M a x i m u m différences of 0.4°C were detected, 
but a n average of the two readings was reported to 0.2°C. G l a c i a l acetic 
ac id and acetone, bo th meet ing A C S specifications, were used. 

T o beg in a r u n , the s t i l l was charged w i t h 500 m l of so lut ion a n d 
a l l owed to b o i l for 3 -4 hours; e qu i l i b r i um was assured b y a constant bo i l ­
i n g temperature for at least one hour. F o r the series at 500 m m H g , ice 
water was c i rcu la ted through the condenser to m i n i m i z e vapor losses. 
Samples were w i t h d r a w n at the system operat ing pressure, a n d the i r 
densities determined at 25 ± 0.1°C. T h e compos i t ion was ana lyzed b y 
this method because of the large difference i n densities of the two com­
ponents; measurements accurate to ±0 .2 mole % were recorded. 

Condenser 

Ice-Water 
Bath 

Variac 
Transformer 

Liquid Phase 
Sampling Flasks 

Drying Tube 

Surge Bottles 

rtr1 

Manostat 

_Air 
Leak 

Vacuum Absolute 
Water Pump Mercury 

Manometer Manometer 

-Vapor Phase Sampling Flask 

Figure 1. Schematic diagram of experimental apparatus 

Results and Discussion 

T h e x-y-t data for the acetic ac id-ace tone system at 760 and 500 m m 
H g are presented i n F i g u r e 2 a long w i t h the data of Yo rk and Ho lmes (8 ) 
at 760 m m H g . Va lues of the standard act iv i ty coefficients, y χ for acetone 
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142 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

120 r— ι 1 1 1 1 1 1 1 1 1 1 1 1 1 1 1 1 1 Γ 

Mole Fraction Acetone 

Figure 2. Isobaric equilibrium data of acetic acid-acetone 

a n d γ 2 for acetic ac id , were ca lcu la ted us ing : E q u a t i o n 1, smoothed data 
f rom F i g u r e 2, the An to ine vapor pressure equat ion for acetone ( 9 ) , 
exper imenta l vapor pressure data for acet ic a c i d (10, 11, 12), and a table 
of imper fec t ion pressure correct ion factors (13). These y's are presented 

0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1.0 
Mole Fraction Acetone in Liquid phase 

Figure 3. Activity coefficients of acetic acid-acetone at 760 mm Hg 
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9. B U R K H E A D A N D S C H R O D T Acetic Acid-Acetone System 143 

as a funct ion of Χχ i n F igures 3 and 4. B o t h sets of curves show posi t ive 
and negative deviat ions f rom idea l i ty and a m a x i m u m at Χχ = 0.24. Iso­
bar i c e qu i l i b r i um studies b y R ius et al. (1) of acetic a c i d a n d l ow mo­
lecular we ight a l coho l b inary solutions resul ted i n s imi lar ly shaped curves. 
F i r s t , the data seem to be inconsistent since the max ima at xx = 0.24 are 
not ba lanced b y m i n i m a at the same composi t ion. I n c lud ing the heat of 
mix ing term that is necessary for isobar ic data d i d not conf i rm consistency. 
T o inc lude the effect of the associat ion of the ac id , the modi f i ed act iv i ty 
coefficients, ΓΊγχ and Τ2γ2, were evaluated. 

0.25 j 1 1 1 1 1 1 1 1 1 1 1 1 1 1 — ι 1 1 1 1 1 

0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1.0 
Mole Fraction Acetone in Liquid Phase 

Figure 4. Activity coefficients of acetic acid-acetone at 500 mm Hg 

T o calculate Z2 a n d Ζχ appear ing i n Equa t i ons 14 and 21, f rom E q u a ­
tions 15 and 22, Marek ' s equat ion for K0 (4) 

- l o g K0{1>^0) = 10.4205 - (26) 

and exper imenta l values of K0 (14, 15) were p lo t ted as a funct ion of 
temperature and pressure. Dif ferences between the values of — l o g 
Ko(p̂ o) a n d the exper imenta l values of — l o g K0 at the same temperature 
were then p lo t ted as a funct ion of temperature a n d pressure, and isobars 
through the points were extrapolated to the equ i l i b r i um temperatures. 
A d d i t i o n of corresponding Δ log K0 and l o g K0(P-*0) f r om E q u a t i o n 26 
gave 

- l o g i f ο = 1.4040 log Ρ o2 - 1.8821 (27) 
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144 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

T o determine K, the association constant of acetic a c i d i n the mixture , 
the appropr iate isobars, 760 a n d 500 m m H g , were extrapolated to tem­
peratures be l ow the bo i l ing point . The equations obta ined for Κ were 

- l o g # ( 7 6 0 ) = 9.9905 + 0.00224* - % 2 ( 2 8> 

and 

- l o g # (5oo) = 10.0505 + 0.00209* - % g (29) 

T h e exper imental data used to determine these constants were scant, and 
their qua l i t y is debated regard ing their use for these determinations. 
F o r m u l a t i o n of Δ l og K0 vs. Τ at constant pressure as a l inear funct ion is 
not necessari ly correct and was done for lack of another method. Va lues of 
Z 2 a n d Ζχ, ca lcu la ted us ing Equa t i ons 15 a n d 23, were used i n Equat i ons 
14 a n d 21 to evaluate Γ 2 γ 2 and ΓΊγι. 

F igures 3 and 4 also show the curves of In ΓΊγι and In Γ 2 γ 2 vs. xi9 and 
the appearance of these curves improve immediate ly b y cons ider ing the 
associat ion i n ca lcu la t ing these modi f ied act iv i ty coefficients. These plots 
show two unusua l features—negat ive deviat ions i n the act iv i ty coefficients 
a n d a m a x i m u m - m i n i m u m set at h i gh mole f ract ion acetone. 

Negat ive deviat ions showed b y bo th sets of data— i .e., values of Γγ 
less than one—are character ist ic of electrolytes or of mixtures i n w h i c h 
association or compound format ion between the two components reduces 

0.20 r — ι — \ 1 — 1 — ι 1—1 1—1 1—1 1 — ι — ι 1 — ι — ι — 1 — r 

Mole Fraction Acetone in Liquid Phase 

Figure 5. Thermodynamic consistency plot for acetic acid-acetone system 
at 760 mm H g 
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9. B U R K H E A D A N D S C H R O D T Acetic Acid-Acetone System 145 

0.20 r — ι — ι — ι — ι — ι — ι — ι — ι — ι — ι — ι — ι — ι — ι — ι — ι — ι — ι — ι — 1 

_ 0 inL 1 1 1 1 1 1 1 1 — 1 — 1 — 1 — 1 — 1 — 1 — 1 — 1 — 1 — 1 — L — 1 

0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1.0 
Mole Fraction Acetone in Liquid Phase 

Figure 6. Thermodynamic consistency plot for acetic acid-acetone system 
at 500 mm H g 

the ir vo lat i l i ty . Thus , i t seems that there is association or attract ion be­
tween the acetic a c i d a n d acetone molecules i n the l i q u i d , besides the 
acetic a c i d d imer i za t ion . 

A m a x i m u m a n d m i n i m u m are observed i n the curves of In Τχγχ a n d 
In T2j2 for bo th sets of data. I n bo th data sets these occur at xx about 
equa l to 0.65. T h e values of Γ γ are s l ight ly greater at 760 m m H g than 
at 500 m m H g throughout the range of composit ions. N o other significant 
differences are noted between the two sets of curves. 

F r o m the plots of In ( Γ 2 γ 2 / Γ ι γ ι ) vs. Χχ, shown i n F igures 5 and 6 
for the two sets of data, values for the He r ing t on test calculat ions were 
determined. A c c o r d i n g to He r ing t on ( 3 ) , D — J must be less than 10 
if the data are consistent. A t 760 m m H g pressure, D is 33.6, a n d / is 28.2, 
g i v ing D - J = 5.4. A t 500 m m H g pressure, D = 36.4 a n d / = 28.8, 
g i v ing D — J= 7.6. Thus bo th sets of da ta seem to be thermodynamica l l y 
consistent based on this test. 

F r o m F igures 5 and 6, the R e d l i c h - K i s t e r test apparent ly w i l l not 
suffice for this system since the integrated areas of the curves are not 
zero. Re ta in ing E q u a t i o n 24, values of A r V V R T 2 were ca lcu lated us ing 
the procedure out l ined above. T h e results are presented i n Tab l e I, a long 
w i t h values of 

1 

j In (Γ , tt/Tx γ ι ) dxh 
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146 EXTRACTIVE AND AZEOTROPIC DISTILLATION 

Table I. Modified Redlich-Kister Consistency Test Results 

1 Γ @ χ ι = 0 

PT,mmHg I In ^ d x i / l ^ d T Δ A r e a 
J O l m J T @ X 1 = 1 H 1 

760 - 0 . 0 2 3 4 - 0 . 0 4 6 5 0.0231 
500 - 0.0244 - 0.0492 0.0248 

as de termined f rom F igures 5 and 6. A l t h o u g h the differences between 
these values seem rather large, s tudy ing the procedures used i n eva luat ing 
In ( Γ 2 γ 2 / Γ ι γ ι ) and AhM/R indicates that the difference between these 
values is w e l l w i t h i n the l imits of the exper imenta l a n d procedura l errors. 
O n e dif f iculty i n eva luat ing these quantit ies is the relat ive smallness of 
the deviat ions for this system as compared w i t h many other systems. 
Va lues of In ΓΊγι close to zero throughout the compos i t ion range cause 
s l ight errors i n the system parameters to be signif icant i n the area deter­
minat ions. P r imar i l y impor tant for isobar ic systems is the fact that the 
heat of m ix ing t e rm i n the equations de r i ved f rom the basic G i b b s - D u h e m 
re lat ionship cannot be i gnored and must be ca lcu la ted to ind ica te the 
data consistency. W i t h i n the l imits of exper imental error, the modi f i ed 
R e d l i c h - K i s t e r test indicates marg ina l consistency of our data. 
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List of Symbols 

D He r ing t on test parameter 
Ak31 heat of m i x i n g 
J He r ing t on test parameter 
Κ vapor phase association e qu i l i b r i um constant 
k l i q u i d phase association e q u i l i b r i u m constant 
Ρ total pressure 
R gas constant 
Τ absolute temperature 
t temperature 
χ s to ichiometr ic l i q u i d mole fractions 
y s to ichiometr ic vapor mole fractions 
Ζ vapor phase association constant 
Γ l i q u i d phase association constant 
γ ac t iv i ty coefficient 
c t rue mo le f ract ion i n l i q u i d 
η t rue mole f ract ion i n vapor 
θ imper fect ion pressure correct ion factor 
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Superscripts 

L l i q u i d phase 
V vapor phase 

Subscripts 

d d imer 
m monomer 
ο pure component 
1 nonassociat ing component 
2 associating component 
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10 

Separation of Water, Methyl Ethyl Ketone, 
and Tetrahydrofuran Mixtures 

HUGH M. LYBARGER and HOWARD L. GREENE 

Department of Chemical Engineering, The University of Akron, 
Akron, Ohio 44304 

Ternary vapor-liquid equilibrium data for the system 
water-methyl ethyl ketone-tetrahydrofuran were deter­
mined with a vapor recirculating equilibrium still of the 
type used by Hipkin and Myers. All experimental points 
were checked for thermodynamic consistency using the test 
proposed by McDermott and Ellis. Calculated liquid phase 
activity coefficients were correlated over the range of solvent 
concentrations using regression analysis. These results indi­
cate a low boiling valley between the binary azeotropes of 
water-tetrahydrofuran and water-methyl ethyl ketone, but 
no ternary azeotrope was found. A solvent purification 
scheme, aided by development of a modified Thiele-Geddes 
computer program, was designed to separate the ternary 
mixture into pure components. The resulting system re­
quires use of three ordinary distillation columns and extrac­
tive distillation, using dimethylformamide as the solvent. 

' ^ e f r a h y d r o f u r a n ( T H F ) a n d me thy l e thy l ketone ( M E K ) are c o m -
m o n l y used as solvents for h i g h molecu la r we igh t p o l y v i n y l ch lor ide 

resins i n topcoat ing and adhesive applicat ions. B lends are used to c o m ­
bine the l o w cost of m e t h y l e thy l ketone w i t h the h igher solvency a n d 
greater vo la t i l i ty of tetrahydrofuran. Because of the large amount of 
T H F used, its re la t ively h i g h cost, and air po l lu t ion considerations, re­
covery is no rma l ly necessary. 

T h e solvent vapor m a y be recovered i n commerc ia l ly avai lable act i­
va ted carbon adsorpt ion units. W h e n the v a p o r - a i r mixture is passed 
th rough a b e d of act ivated carbon, solvent vapors are adsorbed w h i l e 
the s t r ipped air passes through. Pe r iod i c regeneration of the act ivated 
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10. L Y B A R G E R A N D G R E E N E Separation of Mixtures 149 

carbon w i t h l ow pressure steam, however, general ly contaminates the 
solvents w i t h a large amount of water, increas ing greatly the dif f iculty of 
subsequent separations. 

Th i s s tudy was undertaken to obta in the necessary v a p o r - l i q u i d 
e q u i l i b r i u m data and to determine the d is t i l la t ion requirements for 
recover ing solvent for reuse f rom the so lvent -water mixture obta ined 
f rom adsorber regeneration. Prev ious b inary v a p o r - l i q u i d e q u i l i b r i u m 
data (2, 3) ind ica ted two b inary azeotropes ( w a t e r - T H F and w a t e r -
M E K ) and a two phase reg ion ( w a t e r - M E K ) . T h e ternary system was 
thus expected to be h i gh l y nonidea l . 

Results of this s tudy have been used to design a solvent recovery 
system capable of separat ing each solvent into its o r i g ina l pure state. If 
separat ion of the T H F - M E K mixture is unnecessary or i f pu r i t y require­
ments are less demanding , the proposed system cou ld be appropr ia te ly 
s impl i f ied. 

Experimental 

A vapor-rec i rcu lat ing e q u i l i b r i u m st i l l s imi lar to that descr ibed by 
H i p k i n a n d Mye r s ( 1 ) was used to determine v a p o r - l i q u i d e q u i l i b r i u m 
data for the system, w a t e r - M E K - T H F . I n this s t i l l shown schemat ica l ly 
i n F i g u r e 1, a rec i rcu la t ing vapor is cont inuously contacted w i t h a static 
l i q u i d sample. T h e v a p o r - l i q u i d system is enclosed b y a jacket where 

KEY 
1 Vacuum Pump 
2 Manometer 
3 Mtrcury Traps 
4 Jacket Condenser 
5 Sample Condenser 
β Thermocouples 
7 Thermistors 
8 Jacket Heater 
9 Reboiler 
IΟ Jacket 
I I Contactor Body 
12 Contactor Throat 
13 Contactor Sample 

Valve 
14 Vapor Sample 

Volve 
15 Needle Valves 
16 Nitrogen Tank 

Figure 1. Schematic diagram of the equilibrium still 
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150 EXTRACTIVE AND AZEOTROPIC DISTILLATION 

T a b l e I. L i q u i d Phase 

Run y water. ΎΜΕΚ, YTHF. XMEK, 
No. mole fr. mole fr. mole fr. mole fr. mole fr. 

1 .288 .181 .532 .561 .166 
3 .217 .289 .494 .486 .237 
4 .256 .177 .566 .866 .039 
5 .257 .209 .534 .506 .181 
6 .275 .388 .337 .377 .399 
7 .236 .223 .541 .460 .211 
8 .199 .102 .699 .322 .124 
9 - .226 .178 .596 .697 .092 

10 .297 .478 .225 .375 .486 
11 .244 .216 .540 .508 .194 
12 .226 .058 .717 .585 .046 
13 .234 .162 .604 .869 .037 
14 .267 .327 .407 .379 .342 
15 .314 .299 .387 .507 .267 
16 .250 .182 .568 .507 .169 
17 .247 .174 .580 .438 .181 
18 .121 .039 .841 .071 .062 
19 .103 .278 .619 .043 .409 
20 .230 .619 .152 .110 .787 
21 .163 .123 .714 .118 .197 
22 .248 .477 .275 .184 .607 
23 .311 .599 .090 .281 .665 
24 .269 .291 .440 .438 .287 
25 .244 .304 .452 .289 .374 
26 .215 .040 .746 .296 .051 
27 .181 .350 .474 .501 .279 
28 .206 .284 .510 .169 .409 
2 9 " .262 .284 .453 .594 .208 

.862 .064 
30 .165 .436 .399 .093 .587 
31 .201 .149 .650 .189 .213 
32 .095 .523 .383 .034 .678 
33 .219 .006 .775 .596 .005 
34 .134 .000 .866 .091 .000 
35 .153 .000 .847 .121 .000 
36 .221 .000 .779 .424 .000 
37 .211 .000 .790 .661 .000 
38 .160 .018 .822 .131 .029 
39 .141 .031 .828 .093 .048 
40 .144 .059 .796 .113 .092 
4 1 * .293 .366 .342 .502 .315 

.892 .064 
42° .353 .370 .277 .469 .383 

.914 .058 
43 .197 .071 .732 .177 .103 
4 4 " .318 .447 .235 .518 .368 

.862 .101 
a Two-phase run. 
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10. L Y B A R G E R A N D G R E E N E Separation of Mixtures 

A c t i v i t y Coefficients 

XTHF y water 

mole fr. 

.273 2.021 

.276 1.710 

.094 1.343 

.313 2.065 

.224 2.497 

.329 1.925 

.553 2.577 

.212 1.267 

.140 2.608 

.298 1.846 

.369 1.598 

.095 1.088 

.279 2.463 

.226 2.157 

.324 1.876 

.381 2.143 

.867 7.289 

.548 8.396 

.103 5.933 

.686 5.455 

.209 4.274 

.054 3.385 

.275 2.188 

.338 2.994 

.653 3.101 

.220 1.244 

.422 4.588 

.197 

.074 

.321 5.872 

.598 4.179 

.288 8.089 

.399 1.558 

.909 6.745 

.879 5.455 

.577 2.321 

.339 1.375 

.840 5.186 

.859 6.412 

.796 5.343 

.184 

.044 

.149 

.028 

.721 4.738 

.113 

.037 

fMEK y THF Temp. fMEK 

°C. 

1.722 1.946 64.7 
1.891 1.752 65.3 
8.008 6.582 61.6 
1.878 1.738 64.0 
1.379 1.362 67.9 
1.612 1.587 65.8 
1.352 1.306 63.5 
3.058 2.794 64.9 
1.353 1.421 68.8 
1.723 1.777 65.3 
2.045 2.005 63.6 
7.152 6.462 64.2 
1.375 1.343 67.4 
1.611 1.570 67.5 
1.661 1.706 65.5 
1.476 1.483 65.5 
1.057 1.022 62.9 
0.980 1.041 67.4 
0.962 1.182 72.2 
0.989 1.035 64.8 
1.050 1.136 69.6 
1.167 1.407 70.5 
1.481 1.492 67.0 
1.186 1.242 67.1 
1.318 1.204 62.9 
1.791 1.968 67.7 
1.060 1.173 65.7 

67.4 

1.020 1.099 68.8 
1.108 1.086 64.7 
0.966 1.086 71.5 
1.845 2.038 63.1 
0.000 1.052 61.4 
0.000 1.022 62.7 
0.000 1.465 62.0 
0.000 2.467 62.7 
1.054 1.025 63.1 
1.087 1.010 63.1 
1.065 1.036 63.5 

68.3 

68.8 

1.162 1.063 63.1 
70.3 
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152 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

hydrocarbon vapor is ma in ta ined at the bo i l i ng temperature of the l i q u i d 
sample i n the contactor. T h e s t i l l is thoroughly insulated so that the 
l i q u i d and vapor i n the contactor are ma in ta ined at ad iabat ic condit ions. 

S tandard i zed procedures for obta in ing e q u i l i b r i u m and for sampl ing 
the resultant vapor and l i q u i d , as out l ined b y Lyba rge r (7 ) , were fo l ­
l owed . A l l v a p o r - l i q u i d e q u i l i b r i u m data were obta ined at a constant 
pressure of 730 m m of mercury w h i c h was achieved by app l y ing v a c u u m 
or n i t rogen pressure to the s t i l l ( d epend ing on atmospher ic pressure) 
u n t i l the des ired di f ferential was obta ined. Af ter the vapor was rec i rcu­
lated, a constant pressure cou ld be ma in ta ined i n the s t i l l w i thout further 
adjustments. 

A l l l i q u i d and vapor samples were ana lyzed on a V a r i a n Ae rog raph 
M o d e l 202-1B therma l conduct i v i t y gas chromatograph. A 12-foot co lumn 
packed w i t h Porapak Q , w h i c h gave a c lean separat ion for water, was 
used, bu t i t caused the peaks for me thy l e thy l ketone and tetrahydrofuran 
to be s l ight ly merged. 

T h e chromatograph was ca l ibra ted us ing 11 solvent blends of k n o w n 
composit ions. A r e a correct ion factors were determined f rom the standard 
samples, re la t ing we ight f ract ion to area fract ion. A l l samples were 
ana lyzed twice , and the results were averaged. Ca l i b ra t i on of the chro­
matograph w i t h k n o w n w a t e r - M E K - T H F samples ind ica ted accurate 
determinat ion to w i t h i n ±0.002-0.005 mole fract ion, depend ing on 
composi t ion. 

Results and Discussion 

Vapor—Liquid Equilibrium Data. For ty - four pairs of v a p o r - l i q u i d 
e q u i l i b r i u m data were de termined for the ternary system; l i q u i d compo­
sitions i n the single and two-phase regions were studied. Results of these 
runs are summar i zed i n Tab l e I a long w i t h the l i q u i d phase act iv i ty 
coefficients and bo i l i ng points obta ined at a pressure of 730 m m of mer­
cury . Tabu la t ed composit ions are averages of two analyses for each 
sample. Ca l cu l a t ed l i q u i d phase act iv i ty coefficients are based on Raoult 's 
and Dal ton 's laws : 

Pi = Piji = tiPiXi (1) 

assuming vapor phase ideal i ty . 

T h e vapor—l iquid e q u i l i b r i u m data for the single-phase runs are 
g raph ica l l y shown i n F i g u r e 2 where the two-phase reg ion at 60 °C is 
also p lot ted to indicate the extent of pa r t i a l m isc ib i l i t y at the bo i l i ng 
point . A l ine connects each pa i r of v a p o r - l i q u i d e qu i l i b r i um compos i ­
tions. 

Tempera ture results for the v a p o r - l i q u i d e q u i l i b r i u m data indicate 
a l o w bo i l i ng va l l ey connect ing the b inary azeotropes of w a t e r — M E K 
(66.2 mole % M E K , no rma l bo i l i ng po int 73.4°C) and w a t e r - T H F 
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10. L Y B A R G E R A N D G R E E N E Separation of Mixtures 153 

Water KEY 

0.00 0.10 0.20 0.30 0.40 0.50 0.60 0.70 0.80 030 100 
THF MEK 

Figure 2. Ternary vapor-liquid equilibrium data for the one-phase region at 
730 mm mercury absolute pressure with the solubility envelope for 60° C 

(81.7 mole % T H F , no rma l bo i l i ng po in t 64.0°C) . T h e dashed l ine 
shown i n F i g u r e 2 indicates the approx imate locat ion of this val ley. 

Results for the two-phase runs are p lo t ted i n F i g u r e 3 a long w i t h 
the so lub i l i ty envelope at 60 °C. A l t h o u g h the e q u i l i b r i u m s t i l l was not 
des igned for two-phase operat ion, i t was possible to obta in the necessary 
data for this solvent system since the vapor i n e q u i l i b r i u m w i t h the two-
phase l i q u i d was always single-phase w h e n condensed. Several two-phase 
samples were ana lyzed after coo l ing h a d occurred , account ing for the fact 
that the ends of the l i q u i d - l i q u i d tielines i n this reg ion do not qu i te 
extend to the so lub i l i t y curve. E q u i l i b r i u m vapor composit ions corre­
spond ing to the l i q u i d composit ions are also p lo t ted i n F i g u r e 3 and, 
except for R u n 42 w h i c h exper ienced severe b u m p i n g d u r i n g bo i l ing , 
fa l l a long an almost straight l ine. 

F o r a ternary system the compos i t ion of vapor i n e q u i l i b r i u m w i t h 
a heterogeneous l i q u i d mix ture can be re lated to the l i q u i d composit ions 
b y two relat ionships (5 ) . F i r s t , the same vapor composi t ion w i l l result 
f rom any l i q u i d composi t ion on a g iven l i q u i d - l i q u i d t ie l ine. Second, a 
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154 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

smooth curve can be d r a w n through the vapor composit ions i n equ i ­
l i b r i u m w i t h heterogeneous l i q u i d composit ions. Th i s curve extends 
f rom the vapor i n e q u i l i b r i u m w i t h the b inary heterogeneous azeotrope 
to vapor i n e q u i l i b r i u m w i t h the homogeneous l i q u i d where the compo­
sitions of the two l i q u i d phases become co inc ident ( the p la i t p o in t ) . 
W i t h these two relat ionships, one can .closely approx imate the compos i ­
t ion of vapor i n e q u i l i b r i u m w i t h a g iven two-phase l i q u i d f r om F i g u r e 3. 

W o t t r 

0.00 0.10 0.20 0.30 0.40 0.50 O60 0.70 030 0.90 1.00 

THF MEK 

Figure 3. Ternary vapor-liquid equilibrium data for the two-phase region at 
730 mm mercury absolute pressure with the solubility envelope for 60° C 

Thermodynamic Consistency. T h e test deve loped by M c D e r m o t t 
and E l l i s (6 ) was used to determine the the rmodynamic consistency of 
the v a p o r - l i q u i d e q u i l i b r i u m data. Th i s test involves ca lculat ion of the 
dev iat ion, ( D c d ) , be tween pairs of points (c, d) as def ined be l ow : 

η 
Dcd = Σ (xic + xid) (log y id - log yic) (2) 

i=l 
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10. L Y B A R G E R A N D G R E E N E Separation of Mioctures 155 

Th i s dev iat ion is der i ved f rom the iso thermal - i sobar ic f o rm of the G i b b s -
D u h e m equat ion a n d can be app l i ed to isobar ic e q u i l i b r i u m data b y 
m i n i m i z i n g the compos i t ion and temperature differences between pairs 
of points. Th i s was done b y choosing data paths through the ternary 
e q u i l i b r i u m d iag ram so that differences i n compos i t ion and temperature 
between pairs of points were m in im i z ed . A po int was considered to be 
inconsistent i f i t dev iated more than 0.02 w i t h bo th of its neighbors. 
Th i s dev ia t ion was chosen since i t approached the approx imate l im i t of 
the dev ia t ion caused b y ana ly t i ca l inaccuracy . Runs 1, 4, 5, 13, 15, 23, 
27, and 28 were determined to be inconsistent on this basis. 

Correlation of Liquid Phase Activity Coefficients. F o r act iv i ty co­
efficients to be used i n d is t i l la t ion calculat ions, they are no rma l l y repre­
sented as a funct ion of composi t ion. H e r e a mul t ip l e regression computer 
p rog ram was used to determine the coefficients for an equat ion of the 
fo rm 

lny.i = α 0 + a&i + a2x2 + a 3 X 3 + a 4 X i 2 + a&2
2 + (3) 

aaXz2 + α 7Χ&2 + a&ixz + a&2xz 

where xl9 x2, and xs are the l i q u i d mole fractions of water, me thy l e thy l 
ketone, a n d tetrahydrofuran, respectively. 

Te rms were deleted f rom the regression equat ion u n t i l an equat ion 
conta in ing on ly terms hav ing a confidence leve l of greater than 8 0 % to 
improve fit ( i n terms of sum of squares error ) was obta ined. Coefficients 
(α/s) for the resul t ing s impl i f ied equations are summar i zed i n Tab l e I I 
w i t h an estimate of fit. 

Table II. Regression Analysis Coefficients Used in Equation 3 

an a i a en a5 

Wate r (1) 

(R = 0.996) 2.2301 - 4 . 5 0 4 1 2.4778 — 

M E K (2) 

(R = 0.983) - 0 . 0 4 2 6 — 2.0063 - 0.1641 

T H F (3) 

(R = 0.997) - 0 . 0 0 1 7 — 2.0828 0.1995 
a All a{'8 not listed above were determined to be zero. 

F o r mixtures conta in ing more than 0.95 mole f ract ion of either water or 
M E K , respective ac t iv i ty coefficients for water or M E K are recommended 
to be chosen as 1.0 rather than the va lue pred i c t ed b y the regression 
equations since insufficient data i n these regions cause act iv i ty coefficients 
to deviate somewhat f rom the r equ i r ed t e rm ina l va lue of uni ty . 
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156 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

THF 
WATER 

f ~ ~ ® 

20 Plates 

th Feed 5 

L / D « 9 

© 

15 Plates 

th Feed 5 

L/D* 3 

WATER MEK 

IV 

15 Plats» 

Feed β*1 

L / D » 3 

Figure 4. Schematic diagram of solvent separation scheme 

Ternary Separation By Distillation. T o des ign a recovery system, 
a start ing compos i t ion of 85 mole % water , 7.5 mole % tetrahydrofuran, 
and 7.5 mo le % me thy l e thy l ketone was chosen. Th i s assumes 1.5 pounds 
of steam per p o u n d of solvent are used for regenerat ion and a b l e n d of 
equa l amounts of the solvents for the p o l y v i n y l ch lor ide processing. 

F i g u r e 2 shows b y the relat ive l ength of the connect ing Unes that 
i n the reg ion of water - r i ch l i q u i d mixtures rect i f icat ion to p roduce vapors 
r i c h i n T H F is easi ly obta ined. Howeve r , the existence of a m i n i m u m 
bo i l i ng va l ley extending across the d iag ram f rom the T H F - w a t e r b inary 
azeotrope to the M E K - w a t e r b inary azeotrope makes i t imposs ib le to 
remove a l l water f r om the overhead b y a single d is t i l la t ion. T h e best 
that can be done i n the in i t i a l d is t i l la t ion is an overhead product i n the 
l ow bo i l i n g va l ley and a bot tom product of substant ia l ly pure water. 

Several alternatives exist to treat further the overhead stream. A 
second d is t i l la t ion, us ing the overhead f rom the in i t i a l d is t i l la t ion as feed, 
w o u l d y i e l d an overhead close to the T H F - w a t e r b inary azeotrope and 
a bo t tom i n the reg ion of the M E K - w a t e r b inary azeotrope. These two 
streams c o u l d then be d r i ed b y remov ing water p h y s i c a l l y — b y mo lecu lar 
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10. L Y B A R G E R A N D G R E E N E Separation of Mixtures 157 

sieve or c a l c ium ch lor ide treatment, etc.—to y i e l d re lat ive ly pure T H F 
a n d M E K . 

A second alternative, us ing on ly d is t i l l a t i on methods, is considered 
here. Th i s method, shown schemat ica l ly i n F i g u r e 4, involves treatment 
of the overhead f rom the first c o l u m n (compos i t i on i n the l ow bo i l i ng 
va l l ey ) b y add ing to i t sufficient d r y T H F to b r ing the new feed com­
pos i t ion across the l ow bo i l i n g val ley. D i s t i l l a t i on of this new feed y ie lds 
the T H F - w a t e r azeotrope as overhead and a bot tom consist ing of d r y 
M E K or an M E K - T H F mixture . Th i s T H F - w a t e r azeotrope may then 
be d r i ed by extractive d is t i l la t ion w i t h d imethy l fo rmamide , as has been 
prev ious ly discussed (4). T h e bot tom product , as an M E K - T H F mix­
ture, is easi ly pur i f i ed by a n add i t i ona l d is t i l la t ion, but w i t h regulat ion 
of feed composi t ion i n the prev ious co lumn, this stream may be made 
to approach pure M E K , ehminat ing the need for this subsequent dis­
t i l la t ion. F i n a l l y , a sma l l c o l u m n used to separate the solvent, d imethy l ­
formamide ( D M F ) , f rom the water is necessary to complete the separa­
t ion scheme. 

Multicomponent Computer Methods for Sizing Required Columns. 
A modi f ied Th i e l e -Geddes method, p rogrammed for an I B M 370-155, 
was used to per form the calculat ions needed to size each requ i red co l ­
u m n . Expe r imen ta l act iv i ty coefficient data were used to a l l ow for non-
idea l l i q u i d phase behav ior w h i l e energy balances, us ing est imated 
entha lpy data, were used to correct for non-constant mo l a l overflow. T h e 
The ta M e t h o d was used for convergence, and a l l p late efficiencies were 
assumed to be 1 0 0 % . ( See Reference 7 for add i t i ona l ca lcu la t iona l details 
a n d a program l is t ing. ) 

Table III. Column Specifications 

Stream No. 1 2 3 4 5 6 7 8 9 10 

Flow Rate 
(moles/hr) 100 20.0 80.0 34.3 26.8 7.5 21.6 15.2 5.2 10.0 

Composition 
(mole fraction) 

THF .075 .374 .635 .799 .016 .999 
MEK .075 .369 .002 .215 .011 .984 — — — — 

H20 .850 .258 .998 .150 .190 — — .660 .999 .001 
DMF .340 .001 .999 

Column Specification and Flowsheet. A schematic d i ag ram of the 
solvent separat ion scheme and the results of the computer analysis for 
each c o l u m n are shown i n F i g u r e 4 and Tab l e III , respectively. F e e d 
plate locations are g iven w i t h respect to the bot tom of each co lumn. P late 
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158 EXTRACTIVE AND AZEOTROPIC DISTILLATION 

requirements for columns III and IV, which contain dimethylformamide, 
are based on an extension of a previous design analysis by Shah and 
Greene (4). 
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11 

Prediction of Vapor Composition in 
Isobaric Vapor-Liquid Systems Containing 
Salts at Saturation 

D. JAQUES and W. F. FURTER 

Department of Applied Chemistry, Royal Melbourne Institute of Technology, 
Melbourne, Victoria, Australia, and Department of Chemical Engineering, 
Royal Military College of Canada, Kingston, Ontario, Canada 

A method is described for calculating equilibrium vapor 
compositions from boiling point vs. liquid composition data 
in ternary systems composed of two liquid components and 
a salt added to saturation. The procedure is tested on the 
ethanol-water system containing each of a wide range of 
inorganic salts at saturation. The results suggest that good 
quality Τ-Π-x data will yield y values of comparable 
accuracy. 

*T*o obta in vapor—liquid e q u i l i b r i u m data for b ina ry systems, i t is n o w 
w e l l established that under cer ta in circumstances i t can be more 

accurate and less t ime consuming to measure the b o i l i n g point , the tota l 
pressure, a n d the l i q u i d composi t ion a n d then use the G i b b s - D u h e m 
rela t ionship to pred ic t vapor compos i t ion ( I ) rather than to measure it . 
T h e disadvantage is that there is no w a y of check ing the the rmodynamic 
consistency of the exper imenta l data. 

F o r systems composed of two l iqu ids a n d a salt at saturation, this 
procedure is especial ly attractive because there are considerable experi­
menta l difficulties i n ob ta in ing accurate x - t / - T - I I data and the process 
is more t ime consuming than i n the absence of salts. 

A procedure is presented w h i c h is based u p o n B a r k e r s me thod (2) 
for ca lcu la t ing vapor composit ions f rom the k n o w n temperature de­
pendence of the vapor pressure of the pure constituents, w i t h suitable 
modif icat ion for the presence of salt, and f rom the dependence of the 
b o i l i n g po in t of the mix ture w i t h composi t ion of the e q u i l i b r i u m l i q u i d 
phase. 

159 
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160 EXTRACTIVE AND AZEOTROPIC DISTILLATION 

Procedure 

A computer p rog ram is used w h i c h min imizes 2 ( Π - Π 0 ) 2 where the 
tota l pressure is g iven b y : 

n c = x p ' m + ( ΐ - χ ) ρ ' 2 γ , (1) 

U s i n g ρ Ί and p ' 2 instead of the saturat ion vapor pressures of the pure 
l i q u i d components al lows for the presence of salt. F o r salt-saturated 
systems i t is proposed to base the act iv i ty coefficients on a s tandard state 
of each l i q u i d component saturated w i t h salt. T h e act iv i ty coefficients 
are re lated to the l i q u i d compos i t ion b y us ing the two-constant W i l s o n 
equat ion (3 ) except for systems w h i c h show a reg ion of immisc ib i l i t y 
w h e n the three-constant f o rm is necessary. O n e advantage of the W i l s o n 
equat ion over other semi -empir i ca l approx imat ions for integrat ing the 
G i b b s - D u h e m equat ion is that i t has a degree o f bu i l t - i n temperature 
dependence for the l iqu id-phase ac t i v i ty coefficients. The two-constant 
f o rm gives: 

m η - -W-AM-*)) + (i-x) { - ^ - ïT^fb)} <*> 

in y, - - H i - Α * , - - j , ^ } (2b) 

W h e n the best values of A 2 i and A 1 2 have been found , the vapor compo­
si t ion is ca l cu la ted : 

ln(l-y) = Ζη((1-χ)ρ' 2/Π) - ( £ 2 2 - V 2 ) ( I I - p ' 2 ) / R T - ln(l-A12x) 

_ j(l-x) A12 _ xA21 ) <3> 
X \ 1-A12x 1-A21 (l-x)f 

T h e term invo l v ing the m ix e d second v i r i a l coefficients was not used 
because of the uncertainties i n the values of the second v i r i a l coefficients 
of the pure components. 

Application 

The method descr ibed above is app l i ed to the e thano l -water system 
w h i c h has been saturated i n turn w i t h each of a w ide range of inorganic 
salts. The vapor pressure of water saturated w i t h salts over a tempera­
ture range is avai lable for many salts (4). F o r e thanol these data are 
unavai lab le , and a correct ion to the saturation vapor pressure is app l i ed 
by m u l t i p l y i n g b y the rat io of the vapor pressure of ethanol saturated 
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11. J A Q U E S A N D F U R T E R Prediction of Vapor Composition 161 

w i t h salt to the vapor pressure of pure ethanol at the salt so lut ion bo i l i n g 
point. Th i s rat io, c, is assumed to be independent of temperature. 
Interpo lat ing l i terature data y i e lded the r equ i r ed values of the mo lar 
vo lumes of the two l i qu ids (5 ) at the appropr ia te temperatures and the 
second v i r i a l coefficients of water ( β ) and ethanol (7 ) . A n example of 
the fit is shown i n Tab l e I. 

Table I. Calculated Vapor Compositions from Fit of Isobaric Data 
Ethanol—Water—Saturated Ammonium Chloride (14) 

X y Τ Τ—χ fit G*/RT-x fit 
(y-y») (y-yc) 

.034 .495 93.8 .000 .003 

.074 .595 87.2 - . 0 1 2 - . 0 0 7 

.124 .646 84.2 - . 0 0 7 .000 

.170 .674 82.5 - . 0 0 5 .004 

.284 .696 81.7 - . 0 0 1 .009 

.446 .720 80.8 - . 0 0 3 .005 

.633 .752 79.4 - . 0 1 9 - . 0 1 6 

.759 .807 78.5 - . 0 1 2 - . 0 1 4 

.858 .869 77.7 - . 0 0 6 - . 0 1 1 

.938 .936 77.9 .001 - . 0 0 3 

Sample dev ia t ion .0098 .0098 

A s an alternative, these data were also fitted to W i l s o n s free energy 
equat ion : 

( ? E / R T = -x ln(l-A21(l-x)) - (l-x) ln{\-Al2x) (4) 

a n d the vapor compos i t ion was aga in ca lcu lated by us ing E q u a t i o n 3. A 
d irect compar ison can be made by examin ing the sample dev iat ion of 
the vapor compos i t ion f rom bo th fittings. Tab l e I I presents the two sets 
of sample deviat ions based upon vapor composit ions. T h e values of σπ 
and σοΕ/κτ ind icate that some of the data are of dubious accuracy— i .e . , 
l o w consistency and/or h i g h exper imenta l scatter. G r a p h i c a l smoothing 
of the observed Ύ-χ data w o u l d have r educed the values of the sample 
deviat ions by r emov ing the exper imenta l scatter component, but i t was 
considered desirable to use the r aw data. 

T h e va l i d i t y of the Ύ-χ est imation for the e thano l -water b inary 
w i thout salt was checked us ing three sets of l i terature data. T h e results 
are i n c luded i n Tab l e II, and O t s u k i s data (S ) are shown i n F i g u r e 1. 
Ca l cu l a t ed and exper imenta l y-values agree satisfactorily. 

A d d i t i o n of a salt i n many cases results i n a cons iderably w id e r bo i l i ng 
range, a n d this w o u l d affect the heat of m i x ing t e rm and l ead to a poorer 
fit of the data. Howeve r , this is un l i ke l y to be an impor tant factor because 

Pu
bl

is
he

d 
on

 A
ug

us
t 1

, 1
97

4 
on

 h
ttp

://
pu

bs
.a

cs
.o

rg
 | 

do
i: 

10
.1

02
1/

ba
-1

97
2-

01
15

.c
h0

11



162 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

i t has been shown (9 ) that a good fit is obta ined w i t h isobar ic da ta for 
the methano l -an iso le system w h i c h has a 64 °C bo i l i n g range. C o m p a r i n g 
the two sets o f results i n Tab l e I I indicates that the GE/KT-x fit is gen­
eral ly superior, bu t for the better da ta as ind ica ted b y sma l l sample 
deviat ions of pressure and free energy, the differences are smal l . Th i s 
conc lus ion is not unexpected. However , i f the fo l l ow ing equat ion 

In y = Ζ τφρΊ/Π ) - ( B u - V O f f l - p ' O / R T - ln(l-A2l{l-x)) 

ttl-x)Al2 xA21 ) <5> 
+ U X ) \ l-A12x l-A21(l-x)f 

is used to calculate the vapor compos i t ion instead of E q u a t i o n 3, i n every 
case except for b a r i u m nitrate the opposite is true. Th i s effect is not 
marg ina l , a n d an explanat ion is offered be low. 

Table II. Comparison of the T - * Fit and the G^/RT-x Fit Using 
the Wilson Equation 

Salt σΠ «y <sGERT Reference 

— 4.88 .0079 6.45 .0082 8 
— 6.24 .0068 4.48 .0064 12 
— 9.69 .0045 6.34 .0059 18 

N H 4 C I 13.66 .0098 5.84 .0098 U 
t N a C l 18.82 .0119 11.79 .0054 14 
t N a B r 27.42 .0471 60.27 .0375 15 
t N a N 0 3 30.06 .0260 31.75 .0187 u 
t K C l 31.40 .0301 28.74 .0200 U 

K B r 28.09 .0109 10.72 .0150 15 
K I 19.48 .0234 14.08 .0098 15 
K 2 S 0 4 3.95 .0118 6.23 .0082 U 
C a ( N 0 3 ) 2 33.69 .0078 28.12 .0096 11 
B a ( N 0 3 ) 2 20.20 .0152 15.45 .0130 u 
C u C l 10.31 .0092 7.54 .0096 η 
H g C l 2 5.10 .0138 3.55 .0119 π 
H g B r 2 8.40 .0273 17.47 .0261 η 
H g l 2 13.69 .0142 13.98 .0146 u 
L i C l " 6.07 .0062 12.54 .0056 16 

t N a C l » 20.96 .0184 14.64 .0143 17 
t N a 2 S 0 4

 6 23.95 .0264 19.63 .0132 18 
t K C l » 22.90 .0180 10.14 .0088 17 

Κ Ι " 3.65 .0058 4.00 .0045 16 
B a C l 2

d 11.42 .0110 4.34 .0085 U 
K N 0 3

e 4.94 .0099 7.70 .0078 19 
( N H 4 ) 2 S ( V 24.9 .0358 35.3 .0320 14 

a Data of limited range: x = 0.3-1.0. 
6 Data of limited range: x = 0-0.8. 
c Data of limited range: x = 0.2-1.0. 
d Data of limited range: x = 0-0.6. 
e Partially miscible systems-use of three constant Wilson equation, 
t See text. 
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11. J A Q U E S A N D F U R T E R Prediction of Vapor Composition 163 

χ 

Figure 1. Comparison of the experimentally de­
termined vapor compositions for the ethanol-water 

system (8) with two constant Wilson T -x fit 

Observed Ο 

Calculated 

A n interest ing anomaly occurred for the seven systems marked w i t h 
a dagger i n Tab l e II. T h e o r i g ina l computer p rogram w h i c h was based 
upon first order l inear i zat ion of the no rma l equations fa i led to find a 
so lut ion for the G V R T - x fit for these systems. A second prog ram used 
a more power fu l technique w h i c h used a new approach to var iab le 
metr ic a lgor i thms (10). Because the two constants i n the W i l s o n equa­
t ion cannot be greater than uni ty , a constraint is p laced upon the p lane 
where a solut ion is sought. T o free the p rog ram f rom this constraint, 
A 2 i was rep laced by 1-A 2 and A12 b y 1-B 2. Th i s p rogram found a so lu­
t ion, but it d i d not represent a true m i n i m u m . The solut ion occurred at 
a wal l— i .e . , where A 2 i = 1, and analysis showed that this was the 
lowest po int of the A 2 i - A i 2 p lane. A n a l y z i n g the r ema in ing systems of 
Tab l e I I showed that a genuine min imum— i . e . , a least va lue where the 
first derivatives of the object funct ion van i sh—was f ound i n a l l of these 
cases. 

The two systems conta in ing potass ium nitrate and a m m o n i u m sul ­
fate each have a reg ion of pa r t i a l misc ib i l i t y . A d d i n g a th i r d constant to 
the W i l s o n equat ion al lows corre lat ion of such systems. T h e results are 
shown i n Tab l e I I and F i gu r e 2. ( T h e broken l ine of F i g u r e 2 is a feature 
of systems w h i c h show mater ia l instabi l i ty . A graph of molar free energy 
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164 E X T R A C T I V E A N D A Z E O T R O P I C D I S T I L L A T I O N 

of m i x ing as a funct ion of l i q u i d mole f ract ion shows a convex upwards 
por t i on where a reg ion of pa r t i a l m i sc ib i l i t y exists (20). T h e v a p o r -
l i q u i d e q u i l i b r i u m curve should , of course, b e hor i zonta l i n the reg ion of 
two l i q u i d phases, bu t the f o rm of the equat ion must give a cont inuous 
curve and hence cannot pred ic t a hor i zonta l l ine, w h i c h w o u l d amount to 
a reg ion of d iscont inui ty i n the equat ion. ) 

T h e two-constant W i l s o n equat ion was chosen as the corre lat ing 
equat ion rather than the three-constant R e d l i c h - K i s t e r equat ion (21) for 
two reasons. In a majority of the systems the sample dev ia t ion of vapor 
compos i t ion was smaller, and i n cer ta in cases the R e d l i c h - K i s t e r equat ion 
erroneously pred ic ted phase separation. F i g u r e 3 shows such an example. 

Tab l e I I I gives a complete l is t ing of m , c, c, A21, A i 2 , and C values 
w h i c h a l l ow us to estimate the vapor composit ions of e thano l -water mix­
tures conta in ing a w id e range of inorganic salts. 

Discussion 

Dif ferent object functions ( Π, y, In 72/71, etc. ) have been used for 
many years; w h e n discrepancies have arisen, at least one author (22) 

2 LAYERS H 

.1 .2 .3 .4 .5 
X 

.6 .7 .8 .9 

Figure 2. Comparison of the experimentally de­
termined vapor compositions for the ethanol-water-
saturated potassium nitrate system (19) with the 

three constant Wilson T -x fit 

Observed Ο 

Calculated 
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11. J A Q U E S A N D F U R T E R Prediction of Vapor Composition 165 

.1 .2 .3 .4 .5 .6 .7 .8 .9 
X 

Figure 3. Comparison of experimentally deter­
mined vapor compositions for the ethanol-water-
saturated potassium sulfate system (14) with (a) 
two constant Wilson T-x fit and (b) three constant 

Redlich-Kister T-x fit 

Observed Ο 

Calculated (a) (b) 

has at t r ibuted them to errors i n data. Ac tua l l y , there are three possible 
sources of error: 

1. T h e W i l s o n equat ion is an imper fect mode l . I n the isobar ic case 
the effect of neg lect ing the temperature dependence of A 2 i and A12 and 
i n us ing the G ibbs—Duhem equat ion, w h i c h was der i ved for constant 
temperature and pressure, a d d to the inherent imperfect ion. 

2. A l l the exper imenta l da ta are subject to error, and i n the salt 
effect field an adequate est imat ion of exper imenta l errors is rare ly made. 
F o r example, w i thout do ing a statist ical treatment of the error i n the 
measur ing of temperature, a s imple est imat ion of r andom exper imenta l 
error based upon the g raph ica l smoothing of b o i l i n g po in t - compos i t i on 
data for eight systems conta in ing water, methano l or ethanol , and an 
acetate salt at saturat ion [ taken f rom the l i terature ( 23 ) ] suggested an 
overa l l average error of ± 0 . 9 ° C on the bo i l i ng points. 

3. T h e who le procedure, w i t h or w i thout salts, may not be based 
upon sound stat ist ical pr inc ip les . Rather than us ing var ious object func­
tions, i t appears better to use a re l iable statist ical t echnique such as the 
method of m a x i m u m l ike l ihood (24) or the Bayes ian approach (25), 
both of w h i c h take into account the errors i n a l l exper imenta l observa­
tions i n a log ica l ly justif iable fashion. T h e var ious discrepancies and 
anomalies noted i n the present wo rk w o u l d be moderated by us ing either 
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Table III. Constants for the Τ—χ Fit Using the Wilson Equation 

Salt m const. ε A M A I 2 C Refere 

— — — — .8140 .1325 — 8 
— — — — .7899 .1813 — 12 
— — ' — — .8526 .0848 — 13 

NH4CI .9294 - . 0 0 3 2 1.013 .8829 .4154 — U 
N a C l .9935 .1109 1.019 .9476 .3692 — 14 
N a B r .9174 .0776 0.912 .9138 .5005 — 15 
N a N 0 3 .8853 - . 0 7 0 4 1.020 .9420 .5592 — 14 
K C 1 .9547 - . 0 0 3 7 1.000 .9198 .4314 — 14 
K B r .9572 .0360 0.983 .9214 .2744 — 15 
K I .9383 .0719 0.886 .8433 .4000 — 15 
K 2 S 0 4 .9962 .0105 1.023 .9188 .0802 — U 
C a ( N O , ) 2 1.0712 .9368 0.747 .8531 .0090 — 11 
B a ( N 0 3 ) 2 1 0 1.027 .8208 .1780 — 11 
C u C l 1 0 1.042 .8486 .0565 — 14 
H g C l 2 1 0 .892 .8314 .0791 — 14 
H g B r 2 1 0 .965 .8428 .1263 — 14 
H g l 2 1 0 1.010 .8267 .1095 — 14 
L i C l .9659 .9199 .492 .7926 .5457 — 16 
N a C l .9935 .1109 1.019 .9332 .3308 — 17 
N a 2 S 0 4 1.019 .0969 1.000 .9349 .1633 — 18 
K C 1 .9640 .0235 1.000 .9307 .3226 — 17 
K I .9383 .0719 .975 .9275 .3285 — 16 
B a C l 2 .9906 .0348 1 .9170 .2142 — 11 
K N 0 3 .8570 - . 2 2 5 0 1.000 .7515 - . 3 9 0 8 2.959 19 
( N H 4 ) 2 S 0 4 .9731 .0487 1.011 .9409 .0449 1.250 14 

estimate w i t h the on ly sources of error be ing i n the observations and i n 
the phenomeno log ica l mode l . 

Conclusions 

A method has been deve loped for ca lcu la t ing e qu i l i b r i um vapor 
composit ions, based on bo i l i n g po int vs. l i q u i d compos i t ion data, for 
systems saturated w i t h a salt. S u c h ternary systems i n effect have been 
treated as binaries (26) i n w h i c h the s tandard state of each of the two 
l i q u i d components is that of be ing saturated w i t h salt instead of be ing pure 
and w i t h the pure-component vapor pressures be ing so adjusted. F o r 
example, i n the e thano l -wate r -sa l t ternary systems tested, they have 
been considered as binaries composed of water saturated w i t h salt as 
one component and ethanol saturated w i t h salt as the other component. 
In the test ing to w h i c h i t has been subjected so far, the method seems 
encouraging. 
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Lest of Symbols 

Subscr ipts : 

1 = ethanol 
2 = water 
c = ca lcu la ted va lue 

A21, A12, C = emp i r i ca l constants i n W i l s o n equat ion 
A,B = emp i r i ca l constants for use w i t h F l e t che r s subrout ine 
Bu = second v i r i a l coefficient of component i 
GE = excess free energy of m ix ing 
In = natura l l ogar i thm 
log = logar i thm to the base 10 
m, const. = emp i r i ca l constants i n the equat ion : 

l og p'2 = τη log p ° 2 — const, 
p'i = vapor pressure of component i saturated w i t h salt 
R = gas constant 
Τ = absolute temperature 
Vi = molar vo lume of component i 
x = mole f ract ion of ethanol i n the l i q u i d phase, ca lculated on 

a salt-free basis 
y = mole f ract ion of ethanol i n the vapor phase 
7i = act iv i ty coefficient of component i 
e = rat io of vapor pressure of ethanol saturated w i t h salt to 

the vapor pressure of pure ethanol at the salt so lut ion 
bo i l i ng po int 

Π = total pressure 
σσΒ/κτ = sample dev iat ion of the excess free energy i n E q u a t i o n 4 
σν = sample dev iat ion of the vapor compos i t ion corresponding 

to E q u a t i o n 4 
σπ = sample dev iat ion of the tota l pressure i n E q u a t i o n 1 
σν = sample dev iat ion of the vapor compos i t ion corresponding 

to E q u a t i o n 1 
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paraffin 20 
selectivity and 27 

ADP 
- A D P L L E 91 
simplified calculations by 

subprogram 68 
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Circulation rate 17 
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activity 17,124,140 
dilution activity 49 
distribution 64 
fugacity 97 
imperfection-pressure 2 
liquid phase activity 3,150,151 
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for the entrainers, n-pentane, 

benzene, and diethyl ether 87 
of extractive with azeotropic 
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Law, Raoult's 18,101 
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Pressure (Continued) 
hypothetical saturation vapor . . 138 
vapor 110 

Process 
demulsifying, dehydrating 114 
design 16,106 
Great Canadian Oil Sands, Ltd. 

(GCOS) process 118 
of separation 2 

modifications 29 
Product, top 5,12, 86 

A D P / A D P L L E , azeotropic 
distillation 65 

ternary azeotropic distillation... 68, 72 
Propane 33 

separation of propylene— 16 
Propylene 33 

propane, separation of 16 
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Raoult's Law 18,101,152 
Rate 

circulation 17 
solvent circulation 24 

Reboiler temperature 131 
Recirculation still, Othmer 43 
Recovery 

alternate solvent 32 
1,3-butadiene 33 
column, solvent 10,11 
ethanol 7 
and recycle step 37 
system, heat 30 

Recycle step, recovery and 38 
Redlich-Kister 

equation 164 
test, modified 140 

Regression analysis 155 
Relation, modified equilibrium . . . 139 
Relationship, Gibbs-Duhem 146 
Requirements, equilibrium stage . . 28 
Reverse fractionation 28 
Runs, two-phase 153 

S 
Salt 35,159 

concentration, molal 40 
dissolved 37 
effect 35 

chemistry of the 40 
magnitude of 41 

on vapor-liquid equilibrium . 40 
free 39 
molecules, undissociated 41 
as separating agents, extractive 

distillation using dissolved . 40 
Saturation 159 

concentration 39 
vapor pressure, hypothetical . . . 138 

Scheibel method, non-hydrocarbon 
mixtures: the 47 

Screening 
of extractive distillation solvents 46 
solvents through G L C 58 

Section, solvent knockback 37 
Selection criteria, solvent 18 
Selectivity 18,47 

and activity coefficients 27 
Separating agent 37 

C4 hydrocarbon 33 
extractive distillation using dis­

solved salts as 40 
Separation 91 

acetone-methanol 48 
ease of 40, 46 
factor 17,59 
of propylene-propane 16 
solvent 156 
system, equilibrium 122 

Silt 108 
Simplified calculations by sub­

program ADP 68 
Sludge, oil-wet 115 
Solubility 113 
Solute concentration, effect of 

solvent and 50 
Solution theory of electrolytes . . . . 40 
Solutions, ideal 47 
Solvent 35,47,114 

circulation rate 24 
concentration 19 
cooler 17 
effect, mixed 52 
ethylene glycol as the extractive 

distillation 2 
evaluating 19 
extractive distillation 58 
through G L C , screening 58 
hydrogen bonding 21 
knockback section 37 
loading 24 
polar 20 

Solvent recovery column 10,11,32 
screening of extractive distilla­

tion 46 
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separation 156 
and solute concentration, effect 

of 50 
volatility 22 

Stage requirements, equilibrium . . 28 
Step, recovery, and recycle 38 
Still, Othmer recirculation 43 
Stripping trays 11 
Submatrices, Jacobian 128 
Subprogram 

ADP, simplified calculations by . 68 
A D P P L E 69 

System 
acetic acid-acetone 136 
aqueous 41 
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equilibrium separation 122 
ethanol-water 97,160 
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System (Continued) 
isobaric vapor-liquid 159 
multicomponent 17,93 
paraffin-olefin 19 
ternary 103 

Τ 
Temperature . . . .7, 54, 94,110,125,161 

denser 131 
operating 24 
reboiler 131 

Ternary 
azeotropic distillation program . 69 
mixtures 96 
separation by distillation 156 
system 103 

Test 
consistency 146 
modified Redlich Kister 140 

Tetrahydrofuran 148 
Theory 

of Debye, electrostatic 42 
of electrolytes, solution 40 

T H F - M E K mixture 149 
Three-phase equilibria 66 

relative volatilities for 67 
Top bitumen layer 120 
Top product 5,12, 86 
Transport 119 
Tray-to-tray 70,71 
Trays, stripping 11 
Two 

liquid equation, non-random . . . 93 
phase runs 153 

U 

Undissociated salt molecules 41 
UNIVAC 1108 computer 4 
Use of the automated feature 69 

Utility costs 26 
phase 2 

composition 97 

van der Waal forces 42 
van Laar equation 95,132 
Vapor 

composition 41,159 
enthalpies for liquid and 4 
flows 129 

relative distributions between 
the separable liquid and 2 

-liquid equilibria 35,67,148 
and liquid associations factors . . 138 
pressure 110 

equations 3 
hypothetical saturation 138 

Variable, iteration 127 
Vector differentiation 126 
Venture analysis 24 
Viscosity 108 
V L E data 96 
Volatilities 17, 40,47, 89,104,145 

through G L C , infinite dilution 
relative 59 

profiles 7 
solvent 22 

W 
Water 
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and simple alcohols, mixtures of 93 
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